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CHAPTER |

INTRODUCTION

. It consists of importance and

reasons for research, research obje SCor arch, contribution of research

Control st ' Wi ural decisions of control system,
including what to co i the variable \s e best set of form control
loop. Although t . Atissues, t : \- Cif | e in most case made
in a fashion, base o i e gh \”\ ut considering the details

The general procedure are selection the

controlled variable selection the measurement,
airing the controlled mantotlated varia he best control configurations and
R e e b

selection of controller type.

The process_-had ~ good : sason came from selection
appropriate the : he eontrol configuration
o
of chemical plant. AY |

In thisp; r prop

y conffo is used for screening
and paring with manipulated variable.

|
. i
controlled varia

Ethyl Benzefeﬁocess is widely us because it is a realistically complex

syste re, this sign ntw control structures of

Ethyl Benzene process using nevg-plantwde control structure design pr*ﬁdure to

9 ﬁﬂﬁﬁﬂﬁﬁﬂﬂﬂﬂﬂﬂﬁﬂﬁf

structu res.



1.2 Objective of present research

The objectives of this research are:

1. To simulate Ethyl benzene process both steady state and dynamics condition by

using HYSYS simulator.
2. To design plantwide contr ene process using Fixture point

theorem (Wongsri, 2008). \

1.3 Scopes of resea
The scope of this r
1. The simulator in

2. Description and zen CESS s ained from William L. Luyben

A\
(2002).

3. To provide the vi uctures of Ethyl benzene

process.

1.4 Expecte -_ 1 r

T Y
The expected F it L ‘
B ] Ayt

¥

This research provides the appropriate controlled« variables and good

efficacious de&gn& ol structure by usings plantwide control structure design

“f umwamw 113
QW’Tﬂ’ﬁﬁ‘immﬂ’l’mmﬁﬂ

Procedure plans of this research are:
1. Study of general plantwide control structure design procedure.

2. Study of ethyl benzene process and concerned information.



3. Simulations of ethyl benzene process at steady state and dynamic.
4. Screening key process variables for fixture point analysis

5. Pairing manipulated variable with control variables of ethyl benzene process

8. Conclude thethe/
1.6 Research /

This thesis matter i

Chapter | objectives, scopes,

Chapter I ) plantwide control structure
f'.'t"'“ “‘elI od of selection set of controlled
variableSm—m——————
iy .
Chapter IlI oUrpe “'.'E"',"i W .mn | structure design procedure

| selection appropriate
_— -

\7 AX J

Chapter v e process (EB) by using
}|

. theory in chapter 3. i

Chapter V ‘t presents control structure alternatives.

AW PNITHEIT
q ﬂmﬁmum NYIA

Appendix B: Parameter Tuning

Appendix C: Data of fixture point analysis



CHAPTER I
LITERATURE REVIEW
A. Plantwide control desig dure /
2.1 Heuristics- Approach Bas /i

e

2.1.1 Hierarchi gecompo |t|on based on proeess structure

design starts at a crude

The hierarchy gi -«H

representation and get
Level 1: B
Level 2: Inpu
Level 3: R
Level 4: Gengra

Level 5:

Fisher et al. (1988 e tf erarchy whe performing controllability
analysis, and Ponton and Laing his hierarchy, (e.g. level 2 to level
5) could also be used for co

Ng and Stephanopoulos (1998b) propose-to-use-a-sim ar hierarchy for control
structure desl &f_ NG J d Stephanopoulos
(1998b)’s hierar is that | nary .[i; lysis and that levels 4
and 5 are replac e by more detailed structures. At each step t o

an earlier step is tr‘qﬁd to this level and new objectives are identified. The focus is

LR AUk e

| these methods have in pmmon that at eﬂstep level), a keyﬁnt is to

A RIAITIRINTINGTHRY”

objectives identified at
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2.1.2 Hierarchical decomposition based on control objectives

The hierarchy based on control objectives is sometime called the tiered

procedure. This bottom-up procedure focuses on the task that the controller has to

perform. Normally one starts by s -i e plant, which mainly involves placing
inventory (mass and energy) co -1."-: S /

Price et al. (199 Yon the idea th ed by Buckley (1964) and

introduce a tiered fram mework is div Jinto four different tasks:

IV.
Their pa i u int y : erform a large number of
simulations with differ. o5 ntrollers (P or Pl), and tunings on a simple

Jd rec Cl of unreacted reactant. The

configurations are rankedl basgd-or iniegrate te error of the product composition

for steps in the disturbance. =-=-e:-:-=-; . they propose some guidelines for
- L
selecting the though-put maniputator-and in ols (1) Prefer internal flows as

’[hrough-put manipulator. (2) The thoug out manipulator and ir ventory controls should
i
-"’ the though-put
controllers). Th

ryh e s not ﬁ

apply their ideas on the Tennessee Eas

al.1994). ¢ o o/

%cu1ﬂ gﬂmm Eljhnrkif m EJ.I(IQf)]njoints out that

plant is often run at full capacitg corresponding t&constraints in one ﬁ:;several

ARSI L IEL VR

a though-put manipulator.

be self-cons|

propagation th end on composition

n problem (Price et
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Luyben et al. (1997) point out three limitations of the approach of Buckley. First,
he did not explicitly discuss energy management. Second, he did not look at recycles.
Third, he placed emphasis on inventory control before quality control. Their plantwide

control design procedure is listed below:

1. Establish control objectiv
2. Determine the

independent valves.

ﬂm by counting the number of

c& heats of reactions and to

3. Establish en control, fi

prevent propagation of thermal disturbances. .
4. Set productionsréte Fhe production rate can enly be increased by increasing
NN
the reaction rate®inthe ggactor. Onefrecommendatio o u e input to separation
section. - 3
o AR .
5. Product g and safety‘control, C nd the usual ‘pair close’
rule. v ’
6. Inventory gontrol. Fi 2 flow in allfiguid re bs. They state that all liquid
levels and gas pressure _be;ﬂﬂ?dl e
} 3
7. Check component | .J(ﬁ erth Jht be necessary to go back
to item 4). M!’E e

8. Unit operations co _, L g '
9. Use remaining con --- f
dynamic controllability.— == &

Om to optimize economics or improve

g™

They g

process, the Teﬁssee 8 D ceiaa
Step 3 es before determining the throughput mani tor, since the reactor

is typically the hearﬁf& process and the method for heat removal are intrinsically part
of th cn .gr (o] i?l@gﬂijﬁcl&ﬂv%gest to set a
flowr. c loops; estins o} | allinventories, but this may

not be necessary in all case; e.qg. E’may be optimal Het the pressure roah(}hinskey

AIRNIEIE AT IR T R EL.

economics.

-
2 ) ‘1-‘ acetate monomer



McAvoy (1999) presents a method where the control objectives are divided into
two categories: variables that ‘must’ be controlled, and product flow and quality. His
approach is to identify the set of inputs that minimizes valve movements. This is first

solved for the ‘must’ variables, then for product rate and quality. The optimization

problem is simplified by using a li ‘ state model. He gives no guidance into

how to identify the controlled val

\\"'
2.1.3 Hierarchical decompositio -0' O] 3

ual *“""i system as high-pass

ontrol system as low pass

filters for disturbances.and i X: > ‘s:',:.-\
[ . S | ity ontre
AN

\ esigned to be order of
magnitude higher thaf | gouency \

ance tem then the two loops

stages:
. @ N
ade oo 5);
¥ el
J&a pect those associated with quality and
production rate
3. Production rate and.¢@

4. Higher laye

The decompasilion in stages 1-3 is based on speed-of-th siwlle stage 1 the idea is

to locally ‘v_-{ t ‘ erally are a large
number of alternme configu ened uﬁ simple controllability
tools, such as the RGA. One problem of selecting outputs based on a controllability
analysis is that one‘@d up with the outputs.that are easy to control, rather than the

AR

probl rm

YRR SR TR

(1999) continue this work and place a greater attention on feasibility in face of
constraints and on robust optimality (self-optimizing control). Zheng and Mahajannam

(1999) propose to use minimum surge capacity as a dynamic cost.



2.2 Mathematical-Approach Base

A chemical plant may have thousands of measurement and control loops. There are

some methods that use structural information about the plant as a basis for control

structure design. Based on sets of inp easurements are classified as viable or

non-viable. Although the structu V
usually provide little informatior

The tasks of co i S jon of controlled variables, (2)

sting, they are not quantitative and

( hts about the structure of the

selection of manipulate ele of | "‘nts and (4) selection of

Morari et al ( 2nd Postlethwaite (1996) and Skogestad (2000)
propose to base i as d on considering the overall
operational objectiv d ‘g!' \- ed as a scalar cost function

which should be ' ' ‘ofloperational constraints.
L

ea of s -1 optimizing control propose to

select the best set of ¢ Y.var — as ninimizing the loss. Skogestad et al

(2000) attempt to synthe3|s 3 F.ESEEET’_- ) ing control structure (self-optimizing

control), their main objective is' r “ra -g,w: e thek objectives into process control

objectives. In-other words, they want to find a function ¢ (controlied variables) of the

\é to the optimal

process var'
adjustments of tﬂma o | tinm)onditions. This means
he function c(u,d)at the setpoint C., ugh the use of the

manipulated variabﬁsﬂ for various distuwces d, it follows uniquely that the

p“”ﬂ B INBYrINE N

ogestad (2000) gives fo#r requirements that a controlled varla e_should

A WIANTLaL. 1123981 ﬂ d

It should be easy to measure and control accurately.

that by keepin

3. lts value should be sensitive to changes in the manipulated variables.



4. For cases with two or more controlled variables, the selected variables
should not be closely correlated.
Yi and Luyben (1995) have studied unconstrained problems, and some of their

ideas are related to self-optimizing control. However, Luyben propose to select

is-thesis osal was ethyl benzene from ethylene

drocarbon which important in

e production of styrene, a

common used plastics
The process featu | ,7 equif I"t The ethylene and benzene

feed stocks are produced i

the use of catalytic and thermal

cracking and reforming. The p 0cess d lescri and data of Ethyl Benzene process is

obtained from chapte h.a simply version of the real
process of the Teal process : S Process equig 2l mi IStry trimmed down to

"lu
make the si columns and two

U

L) ‘W’EWI?W gINT

Reactloﬂ1 Benzene (B) + Ethylene — > Ethyl Benzene(EB)

recycle streams.

0 mmmm JJ #IANLNAY

The first reaction is;

Reaction 2: Ethyl Benzene(EB) + Ethylene(E) —  Diethyl Benzene(DEB)



10

To suppress this reaction, the large excess benzene is used so that the ethylene
concentration is small. The excess benzene results in the recycle stream of process.
The ratio fed of benzene to ethylene to the reaction section is about 2.5. Despite the

large benzene excess, there is a significant

mount of diethyl benzene produced in the

Reaction 3: Diethyl Benze 2 Ethyl Benzene(EB)

The kine thre are given below. These

W

parameters are ields.

The re. @mmm-mm...-m.m.............. )i series. Fresh
benzene feed v 3 5‘ etor (R1), which
operates at 160 = - lt and 9 bar. The exothermic heat of reaction L:j emoved by
generating low- preisure steam. The ethylene undergoes almost complete conversion in
the fir tr arefedtoa
secorﬁiu Ef@ﬂ ﬂﬂj w E]:TT] i;ﬂuent from

the second reactor is about 55 mol"l/gbenzene 35mol% ethyl benzene and 10 1%

AN TSN I NNNLINY

bar. Recycle benzene goes overhead and the EB/DEB mixture goes out the bottom. The

column has a reflux ratio of 0.9, consumes 15.8 MW in the reboiler and is 3.7m in
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diameter. The specifications on the stream leaving C1 are 0.1 mol% EB in the distillate
and 0.1mol% benzene in the bottom.
The bottom is fed to a second distillation column (C2) that produces distillate

ostly DEB, which is recycled back to the

product of high purity EB and bottoms wi

165°C, SO low pressure

column are 0.1mol%EB in the

]

dF

AU ININTNGINS
ARIAINTUNNINGAY



CHAPTER III

THEORY

3.1 Plantwide Control Structure [ ~1 /

Plantwide process-control involves

nd strategies required to

control an entire chemica

olant-consisting of erconnected unit operations. A

control engineers is typice g ‘ s flc eef containing several recycles
streams, energy.integration a na if >nt unit ration (distillation columns, heat-
exchanger, reacto ess, one must devise
the necessary logic, he plant safety and

achieve its designobjec

3.1.1 Basic
Buckley (1964) we e idea .'4. separating plantwide problem
into two parts: materia ct quality control. He suggested
looking first at the flow of ma aua f /stem. A logical arrangement of level
and pressure ontrol 008 ate of liquid and gas process
streams. The.d ;wm__._..m__u.____,, by setting up this

o
X ﬁ‘ lishing the product

“hydraulic” contio
quality control IoBby riaﬁ.
Jim Douglaf ) has devised a ‘Jerchlcal approach to the conceptual

ﬂﬁm?ﬂ ) AP 1 e

cap|tal d energy. This leads to th%two Douglas doctrmes

ARV ATSAIRTINGA Y

The first idea implies that need tight control of stream composition exiting the
process to avoid losses of reactants and products. The second rests on the principle

that yield is worth more than energy.
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Jim Downs (1992) pointed out the importance of looking at the chemical
component balances around the entire plant and checking to see that the control
structure handles these component balances effectively. He must ensure that all

components (reactants, products and mert have a way to leave or be consumed within

the process.
Stephanopoulos SIS of a control system for a
chemical plant. He asked: variables easured in order to monitor

anipulated for effective

completely the operation o h \lhich i inputshould b

control? How measureme t e pai n\n \_: ipulations to form the control
structure. He noted -_\ s “multi-objective” and there is
a need for a systematic and org , proach w ‘ ! 'I dentify all necessary control

of the design problem

and take into accg jonre ar the p

Luyben ( ¢ W ave bee eloped as a result of number

of case studies of mag polemis: ——al
1. Eéc Cl ps should be flow controlled. This is to

prevent the s owhf | effect. ..,-a ;

—— i
feed=stream-ca { be flow controlled unless there is

= ..NJL..#J'

essentially complete

bec

any imbalance in the ratios of reactants is

2. A fresh reactant

fone of the reactants. This law
s A+ B — products. In
5 AtBoM+C
ow cﬂrolled into the system

ommodated by a shift

in the arﬁ@ﬁ of the two producteﬁy and D) that are generated. An excess

ahrelwaiiyien) 1ol

If the final product from Ig-process comes o&the top of a dlst|llatlwolumn

9 W'] AN SN LT ELT N EL

Changes in feed flowrate or feed composition have less of dynamic effect on
distillate composition than they do on bottoms composition if the feed is

saturated vapor: bottom is less affected than distillate. If our primary goal is
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to achieve tight product quality control, the basic column design should

consider the dynamic implications of feed thermal conditions.

Bob Richardson suggested the heuristic that the largest stream should be

selected to control the liquid level in itiis called Richardson rule.

3.1.2 Step of pla cedure

ontrol design procedure

satisfies the two fu n engineering 1 nciples, namely the overall

ives for the process.
ct quallty specifications,

product grades demang eter,- tions, and the range of
"3
il

safe operating conditions.

Step 2: Determine c';;e;-si’
Count the number of or ';i}_ 2. This is the number of degrees of
freedom for centrol, i 1e numbé e contrelled to setpoint. The
valves mustibedegitimate (flow though a liquid-filled-line-ean-beiegulated by only one

control valve). fhe sometimes be made to
improve dynamiﬁrfor anc

oice in t@location.
Step 3: Estd‘//ﬁnergy managemenutem

They use the term energy nﬁnagement to desﬂe two functions: ( 1Wy must

9 Eﬂﬂ%‘lﬂ ﬁfﬁmm‘?ﬁﬂ 8.

the process by other unit operations. (2) If heat integration does occur between process

streams, then the second function of energy management is provide a control system
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that prevents the propagation of thermal disturbances and ensures the exothermic

reactor heat is dissipated and not recycled.

Step 4: Set production rate

Establish the variables tha - the productivity of the reactor and

Throughput changes ca 2" achie altering, either directly or

indirectly, conditions i or. btain-hi ction rates must increase

reasons, in the casgif™ i : el i ariable, such as the

concentration of i ifi adctant, = fle { initia atalyst to the reactor,

afety, operational, and

lities for economic and operational

reasons, Hence they should r‘.;.._. ....-;

T TR

relationships between. the centrolled ;l-p: ani ariables feature small time

d_variables such that the dynamic

constants and e steady-state gains. It sho Id be noted that

establishing th als ;{F e control structure,
is a fundamen

i tﬂji ere co rosign procedure and
Buckley’s procedure.
level, i | l I 3 I I | i | j

a flow in every recycle Io&p and then select the best manipulated v&jﬁbles to

ARTARAIUUBAINYIAL.

This is a simple and effective way to prevent potentially large changes in recycle flows
that can occur if all flows in the recycle loop are controlled by levels. Gas recycle loops
are normally set circulation rate, as limited by compressor capacity, to achieve

maximum yields (Douglas doctrine). An inventory variable should typically be controlled
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with the manipulated variables that have the largest effect on it within that unit

(Richardson rule).

Step 7: Check component balances

Identify how chemical com r, leave, and generated or consumed in

the process. !

What are the m gverall component balances
for all chemical spe isfied yat s They don’t want reactant
components to leave i streams because.of 1 e ield loss and the desired

product purity specificadi |_to the use of two methods:

N\\x- eed flow. Product and ine
\"‘1 . Product and inert
\\

consuming the

N

component all m \ . systems inert are moved

rge rate is adjusted to
hat

n economic balance is

Establish the co SS ate each of the individual unit
operations.
Many effective contr een established over the years for
individual chemical units (S -' ole, a tubular reactor usually
requires contrelof inlet temperature. High-temperature endothermic reactions typically

! -
have a control 5§ sL ying energy to the

:ﬁs reqt oam control temperature.
Oxygen conce ion in the stack gas from a furnace is contrelled to prevent excess

fuel usage. Liquid s‘fvﬂfeed flow to an absWr is controlled as some ratio to the gas

fee"ﬂ‘UEJ’JVIEWﬁWEﬂﬂ‘i

Step 9: Optimize econom/cgor improve dynam/c controllability

W'mﬁmﬁfl] URTIVYTAL.

additional degrees of freedom involving control valves that have not been used and

reactor. Crysta

setpoints in some controllers that can be adjusted. These can be utilized either to
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optimize steady-state economic process performance (e.g., minimize energy,

maximize selectivity) or to improve dynamic response.

Truls Larsson and Skogestad (2000) presented 8 steps of plantwide control

selection of controlled variables control objéciives) i step1. The procedure is divided
in two main parts: 7 3 /

I: Top-down analysis (ste ,ir operational objectives and

step 5-8), starting with the stabilizing

N

control layer.
Step 1:
Step 2:
Step 3:
Step 4:

Step 5:

6a. Decentrali -,==-;--'-i-' loop

Definition oi*,cﬂiona/ objectives an@l.cbnstraints (step1)

control System. ou i s" obvious, "thi p is fi ently overlooked.

Preferably, the operational objectivd‘ should be combﬁd into a scalar cost Wtion J

normally be formulated as constraints.

Selection of manipulated variables and degree of freedom analysis (Step2)
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They start with the number of dynamic or control degrees of freedom, N (m
here denotes manipulated), which is equal to the number of manipulated variables. The
number of manipulated variables Nm is usually easily obtained by process insight as the

number of independent variables that can be manipulated by external means (typically,

the number of adjustable valves adjustable electrical and mechanical

variables). Note that the origin: S are always extensive variables.
Next, they identi f freedom, that is, the degrees

of freedom that affect 5t J . s, the cost depends on the

- . o —
steady-state only, and I\ als of steady-state degrees of freedom N

To obtain the number of s ‘ e de e of freed n they need to subtract fromN

- N, =7 Ber of ma ut) variabli no steady-state effect

(or more generall jlect an C ! 1 e are “extra” manipulated
variables used to im : yilamic “re S ). tra bypass on a heat
exchanger

N

- N,,= The / 2ed to be controlled, but which
have no steady-st " more enerally, no effect on > cost). Typically, these
are liquid levels in holg ks and ‘+ : \

73
Nt N NG
- r -

The optimizatio _' .subjectit aints, and at the optimum many of

these are usually “active”. T e number == (unconstrained) degrees of freedom

A e Al e | e -

L) nstrained degrees

of freedom that Esele ) m
-optimizing control (steps 3)

Self—optlmlzvfgmtrol (Skogestad, 2000) is achieved if a constant setpoint

AR INUNS RN

operation (these are the primary cor‘\‘olled variables y =C)

il RSSO TINE IR Y

Step 3.1 Definition of optimal operation (cost and constraints)
Step 3.2 Determine degrees of freedom for optimization

Step 3.3 Identification of important disturbance
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Step 3.4 Optimization (nominally and with disturbances)
Step 3.5 Identification of candidate controlled variables
Step 3.6 Evaluation of loss for alternative combinations of controlled variables

(loss imposed by keeping constant setpoints when there are disturbances or

implementation errors)

Step 3.7 Evaluation

°

°
t the implementation error is
° e manipulated variables
ale “\ the optimum (J as a

°

e of freedom, the selected

0 be set at the inlet to plant, with
outflows used for level control. They hay y rule: Identify the main bottleneck
in the plant by eptim on with Jegree of freedom. Set the

roduction rate i —
p " 7:"“‘

Regu/at@ayer (step L:,I

The main ob ctive of regulatory control layer is to stabilize the plant. Usually it
consi in lo tr variables for
stabllﬁ ueg @m‘ ym w gﬁlﬁ ﬁ/ be used as
degre freedom by the layers above

Y WA FRHURRINEARY-

p roperties

® The variable is easy to measure
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® The variable is easy to control using one of the available manipulated
variables (the manipulated variable should have a “direct” fast and strong

effect on it)

® [or stabilization: The unstable mode should be detected “quickly” by the

measurement (compt ( le, the pole vectors for a more detailed

® For local distu a on: Is located “close” downstream
rtial control analysis for a

more
The “unstable” nventory in each unit. This

he inventory of individual

-

includes both the ov

components.

L4 1\ unit is stabilized by

L4 e) is controlled in selected
units, (floating), for example, to
minimize

® For both g the inventory of individual

components may*n sually, this involves controlling a

composition, or a e f"“ er s temperature. For example, in a
. 7 r T e .

disfillatic enfused to stabilize its

S

p )

Supervism control (step6 @

They purpos the supervisor control Iayer is to keep the (primary) controlled

e ORIy IMOR I8 (s (111003 et

the flrsmtructural issue is deC|d|ng on whether to used decentralized or multivariable

TSR Y TR AL

control is preferred for interacting processes and for process with changes in active

constraint.
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Optimization (step7)
The purpose of the optimization is to identify the active constraints and

recomputed optimal setpoints C, for controlled variables.
ructure, it may be necessary to
ng no Mc simulation of critical parts

The bo S the ure design procedure

Validation (step8)
After having determi 7

validate the structure, fo

3.2 New Plantwide

based on heuristi _ [ sight... ase studies are given
in the book. Luybe i . % and used the plantwide process
control commu dure is not given explicitly.
Their case study d C u colle uristic law but need the
designer's process e insight ), pa | Vs. Skogestad (2004)
thematical analysis. First,
the dynamic and stead g e e identified. Then the set of primary
controlled variables are determ ney bas y are the active constraints and the
variables that must be mainatained 6 ac f;\, ‘mini sonomic loss when disturbances

occur. Then. th selected based on

the optimizat E(-
and CVs are Ene era ! supervisory control (loop
or

ISO or constraint handling for MPC), and optimization layers. Several

-Iected sets of MVs

enhancement f

analysistools utili se_ste vector an CLDG, linear
and ﬁ g ization. E%m gw cﬂj lled variables

should ke precedence dvdmynin? Normally the plant would have a large number of

OF tap S ra Rk IV tak (Il bR I

handle the disturbances is not discussed. Third, he placed
This paper, we presented our plantwide control structure design procedure

based on heuristics and mathematical analysis. In our procedure, the precedence of
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control variables is established. The major disturbances are directed or managed
explicitly to achieve the minimal interaction between loops by using the extended
(thermal) disturbance propagation method (Wongsri, 1990) to cover the material

disturbances. The purposed plantwide control structure design procedure for selection

the best set of control structure is intuitive, simp straightforward.
Normally, plantwid I esign consider decision about plant
control structures in p &ructure design is complex:

dpuLs it. Howev | € as it own properties.

The whole is gr ' _ ts. The e properties (or behavior) of a

system as a whole ter e | ship of the components
comprising the lesign st de th both parts and system.
Our steps L re: \

2. Selection rolled vz ab =..§ mainta 1#‘-- ct quality and to satisfy

ai he selected CVs are ranked
3. Selection of manipulatedvariables ments via.DOF analysis.

5. Seleetior

6. Compgwg control structt g oy checking the.@nponent balance.

7. Selection of controller type: single loops or MPC

AMHNEEN NS

The control objectives ard‘production goawnd process cons@s. The

RIBSINIRUANT IR

limits, and environmental issues. This step should readily gives the list of some important

controlled variables.
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Step 2: Selection of controlled variables to maintain product quality and to
satisfy safety operational and environmental constrains. The selected CVs are ranked

using the Fixture Point theorem.

The variables that set the i  are added to the list of the controlled

variables listed in Step 1. Y 8 ) v t in recycle systems), and all

The order of the controlle i is established according to
their sensitivity to the impertal out loads. The mo: sturbed variable is given highest
4-\

priority in assig . ) ated variak . ating manipulation to less

important contro 7 S at is ‘_- \ \

disturbance pra € ninin alyzed ho ges in each of the

the input loads most

hat the response or the
process variables > i \ 1& manipulated and the

The criteria used in thi - 1AE of the variables caused
by changes in selected - ""4 o of the variable and its down

stream variables, (3) the natlife—of the va c_whether it is associated with the

A ZI

‘disturbance absorber’
The ‘€onfrol structures that we developed-to-satisfy-the.¢diitrol objectives are

established inofde

Step 3: @

Step 4: Ener{yﬂﬁagement via heat éichianger networks.

ﬂ bbb b P b b e

ep 6: Completing Contr? structure deS|gn by checking the (“oyponent

ARIDININNEAY

Step 8: Validation via rigorous dynamic simulation.

1
ction of manipulated variables and measure n] nts via DOF analysis.
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3.3 Steady-State Gain

The availability of accurate steady-state gains for a multivariable process

facilitates significantly the contro ign procedure. The steady-state gains
provide the zero frequen aracteris tem. This piece of information
enables the initial scree . and selecti anipulated and/ or controlled
variables, variable idate control structures
(Grosdidier et al.,
"*4; plant tests (although it
eriously different from those
ating program (Buckley et al.,

eady- state gains through a

i data from a dynamic

open loop type of test. A specific
rturo t| %‘ troduced in one of the
manipulated variables. amal manipulated variables are held constant. The

rating program is con ables changes are recorded. The

steady-state gain between tpeyr@}rg .
- )

calculated as- il

and the j manipulated variable is

S g —Ac/Am i—12 }1 J (3.2)

where g, is the jj element of the gain matrix and A)gl is the cﬂnge in the / controlled
vanable because of‘hﬂ‘n change in the/ manlipulated variable.

Ei ay j ﬁ ﬂ every candidate
controlﬁructur ere m is the number of manipulated variables. For controlled

variable selection, this procedure lfldeal because |mowdes gains for alﬁgntrolled

RAANN IR ANZ) AL

handled by expressing the gains of all the plant transfer functions in dimensionless form.
The gains with engineering units are divided by transmitter spans and multiplied by

valve gains. The method for scaling on the steady-state gains are elucidated below.
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3.4 Scaling

Scaling is very important in practical applications as it makes model analysis

system. To do this, decisie e made neexpeciedimagnitudes of disturbance and
reference changes, on lowe N of each inp isignal, and on the allowed
deviation of each in "- ‘scaled) linear model of the

\\\l— in their unscaled units. A

| @’% :E\ W o, T i

pec or allowed change. For

(3.3)

(3.4)
where:
-
= U
-5
The 3{ e, sen by thinking of
the maximum vﬁ one ¢ on of lime. The variables y,é
and f arein same units, so the same scaling factor shotld be applied to each.

Two alterna’nves ar&

R INE N T

ince a major objective of cq‘\trol is to mlnlmlzﬂe control error, we r@usually

Qﬁﬁﬁe‘ﬁﬁ’?fﬁ”ﬂﬁm’?ﬂﬂﬂﬂ EJ

y=y/&., r=rlé.,, e=€elé_



CHAPTER IV

ETHYL BENZENE PROCESS

In the Ethyl benzene pr (pure), fresh feed benzene

(pure) mixed with the ycled benzene and nitrogen as inert (Figure 4.1A)

0.C nt \ "-\;o\-\\ cactor (CSTR) in series
: ctor is
\\‘&\

enzene and diethyl

This reacta
two reactor. Main G
Benzene(B

Otherwise, there are fu

benzene;
Ethyl benzeng (I o be ne (DEB) (4.2)
Diethyl be A . benzene (EB) (4.3)

B/Inert

| —— .. > High purity EB
B 99.77%

|

i

:'ﬂ"r--"

ﬁFgure 4. 1A‘|@yl benzene proces

VITW Eﬂﬂi

The klr‘qc equations used for these three reactions are given below. These parameters

are selected to give typical reactlonionversatlons an
AR A3 AN YA Y
R, = C.C,y(2.778x10"e "™ (4.5)

R C C (041 6)e—‘IS,OOO/ RT (46)

DEB
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Where reaction rate are in kg-mol/sec/m3, concentration of benzene Cg, ethylene C,,
ethyl benzene C; and diethyl benzene Cy; are in kg-mol/m3, activation energies are in
cal/g-mol and temperature are in Kelvin.

To suppress this reaction, the large excess benzene is used so that the ethylene

section.

" 3y . .
The rea 00 m’) in series. Fresh

benzene feed a st reactor (R1), which

operates at 160 act|on is removed by

generating low ymplete conversion in
the first reactor. Th e DEB stream are fed to a
second reactor (R2), osition of the effluent from

the second reactor yl benzene and 10 mol%

diethyl benzene. , j_,l_, _,J_, '

The reactor effluent is r-«--‘?-!‘-:::
A

bar. Recycle benzene Werhead and the £ e goes.out the bottom. The

tillation column (C1), operating at 4.5

column has-a reflux ratio of 0.9, consumes 15.8 MW in the- 57-_ er and is 3.7m in
i)
diameter. ;k.‘: mol% EB in the distillate

and 0.1mol% benzene in the bottom. —

The bottomi fed to a second dlstlllatlon column (C2) that produces distillate

LU E 11 1w 101 3 b

of 3.7 nd consumes 9.8 MW of ?ergy in the reb0|ler The reflux drum tem erature is

4 WIASTITH RTINS
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4.1.1 Steady-state modeling

The model of the ethyl benzene process used in this paper is a version of the
model developed by Luyben (2002).A flowsheet of the Hysys model show in Figure

4.1B. The flowsheet streams data show in table 4.3. The equipment designs follow from

The Peng-Robinson (PR) e i ate is selected for the property estimation
5 th arbons over a wide range of

conditions and is gen Co rochemical applications.

AULININTNEINS
ARIANTAUNNIINGIAY
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Table 4.1 Equipment data of ethyl benzene process

Unit Specification
RX (Reactor):

5.5637
8.306
200

Benzene column:
24
13

8.201
35
66

Ethyl benzene
30

8.128
30
27

4.1.3 Degree of freed:

Table 4.2 Typica ~80Me process units

S |
it g B
Process unit f_ !

Each external e"ﬁi strea T

¥

Splitter n-1 split fractions (n is the number of exit streams)

AUy Iamingng
AARAD TNARAANLN A Y

excluding heat exchangers

Note a = Add 1 degree of freedom for each extra pressure that is set (need an extra
valve, compressor, or pump), e.g., in flash tank, gas phase reactor, or column.
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4.1.4 Manipulated

Number symb SLOS0\ m ble variables

1 V1

'-! V4 ~EaClo eruent vaive ;_H

> o0 WD

901 Benzene column condenser heat duty

ﬂ'IJEF’J TRINEINg

Ethyl bgnzene column bottom valve

Qﬁﬂﬁﬂﬂmﬁﬂﬂﬁﬁﬂﬁﬁﬂ

Ethyl benzene column condenser heat duty

13 Qr2 Ethyl benzene column reboiler heat duty



Table 4.3 Stream table for the nominal operating point for t
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Name Btot FFE D1 B1 vlin v2in FFB

Vapour Fraction 0.0000 1.0000 l:f’ “l\ \\\ 0.0000 0.0000 1.0000 0.0000 0.0000
Temperature (°C) 86.10 50.85 ) "I/ﬁ"l E m‘ 107.20 211.80 51.69 * 49.92 * 49.96
Pressure (kPa) 1000.00 1000.00 000. 'jllfﬁqg @ &\ 7.40 442.80 1100 * 1100 * 1000.00
Total Molar Flow (kgmole/h) 1614.00 630.60 16 ﬁ l j E— ﬁ‘ﬁ%@& 989.90 766.50 630.60 623.90 623.90
Mass Flow (kg/h) 1.26E+05 | 1.77E+04 A4E+ "F m 05 k E +04 | 861E+04 | 1.77E+04 | 4.87E+04 | 4.87E+04
Heat Flow(kJ/h) 9.34E+07 | 3.35E+07 7.9 ﬂ ‘ ME wn& ﬁ\ 6.03E+07 | 1.57E+07 | 3.35E+07 | 3.29E+07 | 3.29E+07
Viole Fracton N AN

Ethylene 0.0000 1.0000 09 : * 0.0000 0.0000 1.0000 0.0000 0.0000
Benzene 0.9985 0.0000 0.9975 0.0007 0.0000 1.0000 1.0000
Ethyl benzene) 0.0004 0.0000 0.0007 0.7797 0.0000 0.0000 0.0000
Diethyl benzene 0.0000 ,___. 999 !t‘ 0.2197 0.0000 0.0000 0.0000
Nitrogen 0.0011 = 00000 0.0000 0.0000 0.0000 0.0000
Molar Flow (kgmole/h)

Ethylene 0.0000 | 6306000 0.0000 630.6000 0.0000 0.0000
Benzene 1611.5790 0.0000 0.0608 0.0608 0.5366 0.0000 623.9000 623.9000
Ethyl benzene) 0.6456 0.0000 375.4236 0.0611 598.3062 375.4236 0.6929 597.6401 0.0000 0.0000 0.0000
Diethyl benzene 0.0000 0000 12;8 152.6389 168.3 124.8170 0.0000 168.4001 0.0000 0.0000 0.0000
Nitrogen 1.7754 00 5114 0. 6.89 55114 .7818 0.0000 0.0000 0.0000 0.0000

i m| | |
31

ARIAN TN NI INGINY




Table 4.3 (Continued) Stream table for the nominal operati

-

et!l&wcess (Luyben 2002)
-AJ
TEE——

32

Name plout recyclel 821 - p20u veout v7out inert1 vap1 v11in

Vapour Fraction 0.0000 0.0000 0 T{M 0.0000 0.1689 1.0000 1.0000 1.0000
Temperature (°C) 107.70 86.10 | 217.60 136.90 50.17 157.20 50.49 *
Pressure (kPa) 1159.00 1000.00 860.40 100.0 * 1000.00 1000.00 1200 *
Total Molar Flow (kgmole/h) 989.90 1614.00 152.70 613.80 4.77 4.05 4.77
Mass Flow (kg/h) 7.73E+04 1.26E+05 6.56E+04 1.34E+02 2.24E+02 1.34E+02
Heat Flow(kJ/h) 6.04E+07 9.34E+07 1.31E+06 9.70E+06 3.27E+03 2.40E+05 3.27E+03
Mole Fraction

Ethylene 0.0000 0.0000 0.0000 0.0000 0.0000 0.2054 0.0000
Benzene 0.9975 0.9985 0.0000 0.0009 0.0000 0.4608 0.0000
Ethyl benzene) 0.0007 0.0004 0.0004 0.9736 0.0000 0.0480 0.0000
Diethyl benzene 0.0000 0.0000 0.2197 0.9996 0.9996 0.0256 0.0000 0.0055 0.0000
Nitrogen 0.0018 0.001|1-* 8:0000 0.0000 1.0000 0.2804 1.0000
Molar Flow (kgmole/h)

Ethylene 0.0000 0.0000" ©:0000 0.0000 0.0000 0.8313 0.0000
Benzene 987.4253 | 1611.5790 0.5366 0.0000 0.0000 0.5524 0.0000 1.8649 0.0000
Ethyl benzene) 0.6929 0.6456 597.6401 597.5957 0.0611 0.0611 0.0611 597.5957 0.0000 0.1943 0.0000
Diethyl benzene 0.0000 15.7133 152.638:9 152.6389 15.7133 0.0000 0.0223 0.0000
Nitrogen 1.7818 00 0.0000 4.7660 1.1348 4.7660

ﬂ [ |
32
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Table 4.3 (Continued) Stream table for the nominal operati eth }cess (Luyben 2002)
T ——
Name v12out vap2 2out vent v8out vQout
Vapour Fraction 1.0000 1.0000 1 I (! 1.0000 1.0000 0.0000
Temperature (°C) 153.90 169.60 5 67. 107.20 105.60 107.70
Pressure (kPa) 600.0 * 860.40 0.4 * | 000 3 40 250.0 * 1000.00
Total Molar Flow (kgmole/h) 4.05 417 .95 ; - d| 0 10.48 10.48 989.90
Mass Flow (kg/h) 2.24E+02 2.66E+02 27E 501 7 02 02 5.63E+02 7.73E+04
Heat Flow(kJ/h) 2.40E+05 2.44E+05 03 E 97E+05 4.97E+05 6.04E+07
. FIEEE
Mole Fraction . " -
. il
Ethylene 0.2054 0.0011 0.0000 .00 :. 4 0 0.0009 0.0009 0.0000
Benzene 0.4608 0.5309 0.000 00008~ 0. 0.5123 0.5123 0.9975
Ethyl benzene) 0.0480 0.1025 0.0 ¢ '=-‘ - .338 0.0001 0.0001 0.0007
e, ———
Diethyl benzene 0.0055 0.0103 0.0000 | 0 T .0953 0.0000 0.0000 0.0000
Nitrogen 0.2804 0.355 : 0.4 0.4867 0.0018
9 i, 1

Molar Flow (kgmole/h)

Ethylene 0.8313 0.0041 0.0094 0.0000
Benzene 1.8649 22128 | = | 0.0000 4 689 5.3689 987.4253
Ethyl benzene) 0.1943 0.4272 0.0000 0.0000 0.4272 598.3062 .0010 0.0010 0.6929
Diethyl benzene 0.0223 0.0429 "oﬁ. 0.0000 004290 168.3951 0.0000 0.0000 0.0000

F i - e
Nitrogen 1.1348 k 1.4805 2.9{30 9 1.7818
|

U

ARIAN TN NI INGINY
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Table 4.3 (Continued) Stream table for the nominal ope ating pointfo the ethyl benzene process (Luyben 2002)

Name

Q1

Qc1

Heat Flow (kJ/n) 4.674e+007 *

* specified by Luyben (2002)

7.115e+007 * ﬁ;‘y ‘! h e+007 *

7/

Qr2

wk2

3.530e+007 *

3.478e+004 *

ﬂ‘lJEJ’JVIEWI‘iWEJ"Iﬂ’i
QW']ﬁ\iﬂ‘iﬂJ!JWl’mEl'lﬁﬂ
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CHAPTER V

CONTROL STRUCTURE ALTERNATIVES

This chapter is to present | I L es of energy integrated process.
Moreover, the three desi Sso compared between three

structures on rigorous dynamic.simulal ISi ial software HYSYS version
(wide level and Unit level.

5.1 New Planwide Contr
N

Plantwide objective i '> c \\: ct quality and minimum

economic loss. Unit operati iectives typ equipment constrains, safety

Ethyl benzene process:

Plantwidgegectives "
The goalswoiblantwic 18.626.0 kgmole/h with
0.9977 purity and minimum 1o stimum value operation follow by

Araujo et al. (2006) for

fpatdneninena....

control equipment constrains.

ammnmummmaﬂ

) Product quality: ethyl benzene purity 2 99.77 %

¥
inimum utility usage in normal operating p, 4

(3) Process constrains:
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1. The reactor temperature should be around 160°C. This is an optimization
decision to have better reaction rate

2. The recycle diethyl benzene temperature should not exceed 222 C to
avoid kinetic consider, adiabatically operation

benzene.

Step 2: Selectiol

es to.maintain.product quality and to satisfy
safety operational a

nstrains. select
Fixture Point theorem.

[ [\ s are ranked using the

The variabl ey
liquid levels (except i |

els a
¥ 1

1 CC \ variables list. They are all
? .k | ‘ \
9 “h

benzene processes ha

orn “snowball effect”. Ethyl
iquid recycles, a few contaminates in
benzene recycle stream and di |

to snowball effect.

Unit level:
The reactor

Othgrmic reaction. The
-
reactor can oper

result in a vessel
meltdown. The temperature and pres

ould be con 1J-
!

Apply the F|xture Point Theorem to select the appropriated controlled variables. The

most dist

OISO et

y using input
variables Cmnge (change one percenteEe of manlpulated variable).

q RAANAINUNIINEIA L.

R actor 1 stream and outlet stream V4, which are mostly affected.



Table 5.1 IAE summation results of flow variable

37

Rank Flow variables Symbol of position Sum IAE
on flowsheet
1 Effluent Reactor 1 strean - :I,JI; 4 R1out 1.8207
2 Effluent V4 stream. ) - I"F""Zf ’;cf- 1.6022
3 Bottom stream of Benzene Colum B 0.3724
4 Recycle Ben K 0.3492
5 | Freshfeed /A{f “\ E&\ 0.3361
6 Distillation ﬂ ﬁ ﬁ\%\\\\ 0.3243
7 | Freshfeed e Il l ﬂf \ \ 0.2763
8 Distillation strez I ! M "l,:i\\ “ 0.2291
9 Bottom stre : '.L ‘\\ 0.0414
Table 5.2 IAE summation'res
bol of position
Rank Temperatur jariables Sum IAE
e on flowsheet
1| Distilatign _ﬁﬁ%ﬁ 0.4197
2 .hr 0.3293
3 Effluen (o} 0.2420
4 Effluent ~ stream 0.2260

Bottom streguﬁ Benzene Column ‘J

QStlllatlon stream of E-Benzene Column | D2

I eed e

esh feed'ben

ol



Table 5.3 IAE summation results of pressure variable
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Symbol of position
Rank Pressure variables Sum IAE
on flowsheet
1 Distillation stream of Benzene Column D1 2.1129
2 Effluent V4 stream out 2.1076
3 Bottom stream o n 2.1070
4 Distillation s e zene Colum 0.9567
5 Bottom st E Column . 0.9552
6 Recycle E 0.5296
7 Effluent R ri _ ; 0.5198
8 | Fresh feed cifiyle ok \ 0.4967
9 Fresh f enzen i 5 0.4964
Table 5.4 and ur how “ ummatio f Tray temperature for
benzene column from Fixture  Point: i gl a priate controlled of Tray
temperature. The temperat Tra _- ’:‘ olum appropriate controlled
variables for all designed control ,:b.EE.u ighest sensitive.
Figure 5.2 shows the te ; ‘ ( benzene column (this value is the
LN
slope value of Tray t ] steady state value. The
appropriate con 7 -int method versus
the steady state =
Table 5.4 IAE summation emperatr@deviation for benzene
column f—n &
Tray :I%g ¢ IRE] ﬁrq Sum IAE
: 10' I I19d 0.5516
2 0.6016 8 2.8504 14 £6,6190 20 006323
m 0 .385 M 721 521
q 4 1.7092 10 1.6816 16 0.6398 22 0.5157
5 11777 11 1.0814 17 0.6157 23 0.5122
6 2.3202 12 0.7089 18 0.5814 24 0.5106
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Figure 5.2 “nperature gradient for benzene column from steady state value

4 WA G4 SURBIINYIA .

nzene column from Fixture Point method to find an appropriate controlled of Tray
temperature. The temperature Tray 8 Ethyl benzene column is the appropriate controlled

variables for all designed control structure because it is highest sensitive. Although the Tray
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26 Ethyl benzene column has a high sensitive, which meant we should to control
temperature at this tray to prove production rate.

Figure 5.5 shows the temperature gradient for Ethyl benzene column (this value is

Table 5.5 IAE sur

y of Tray Eth@ature deviation for Ethyl
benzene column

Tray | Sum IA / “;/ f El‘k \\\\ Tray | Sum IAE
B 27/ 00 e T
2 0.2146 l[,ﬁ ﬂ\.k\\\i 6 0.2625

3 0.208 l ‘ H\E\M 27 0.2585

f o7 0 NN

N

N

4 0.1955 “p 28 0.2324
5 0.1789 ﬂ ? < di\\ 29 0.2061
6 0.1655 5. l 30 0.1957
7 0.1905 o714 | 02078

ne Column

Deviation of E-Benze:

|| el
-]

- |AE Summation Result of Tray Temperature

=2
2
=2
Lo

i
;T ——
I
T | &
(|

-2

q ATUMIINYIREY

Figure 5.3 IAE summation result of Tray Ethyl benzene temperature deviation for Ethyl

benzene column
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Norminal temperature and composition profiles
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Figure 5.4 Temperai state value

Step 3: Selection

¢ téd variables and \ rements via DOF analysis
,
We use Ethyl be ntrol struc of Buyben(2002) as base case control

structure (CS0), has 9 steady-state salsOf! dom .\ id levels that need to be

controlled. Totally, we have 18 degr r ntro cture design.

For designed control structul CS1), de >d control structure Il (CS2), there are

L
i

as the base case, Ofis VALIO

The control d e rees of freedom for each control structures are shown in Table 5.6

AULININTNEINS
ARIANTAUNNIINGIAY

-
‘ e of freedom same
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Table 5.6 The control degree of freedom for each control structures

Position CS0 CS1 CSs2 CS3
FFE fresh feed valve i X X X X
FFB fresh feed valve X X X
Reactor 1(R1) liquid effluen X X
Reactor 2(R2) liquid efflue li‘ﬁ:lrlu;h_- X X
Reactor 1 cooling d X X
Condenser duty of B X X
Reboiler duty of Ber:z X X
Distillate valve of Benze X X
Bottom valve of Be X X
Condenser duty of Et X X
Reboiler duty of Ethyl be X X
Distillate valve of Ethyl s X X
Bottom valve of Ethyl benzene ir'ri{'f‘: ‘:—" X X

e
Reflux value of Ethyl benzene 'ﬁ; e H.f

Reflux value of Ethyl benzene Column e X

Degree of freedom’ o 14
1
|

Step 4: Energy r‘amement via heat exchanger networks.

ﬂ%ﬂ%%&lﬂ@%ﬂ?ﬂi
PUNGA ATERHATIRHR Y

Selection of control configuration use heuristic process knowledge. The criteria for
selectlng an adjustable variable include: causal relationship between the valve and

controlled variable, automated valve to influence the selected flow, fast speed of response,
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ability to compensate for large disturbances and ability to adjust the manipulated variable

rapid and with little upset to the reminder of the plant.

For reactor: There are two reactor (CSTR) exothermic reactions. The reactors have

no external heat transfer. They operate adiabatically, and the required low temperature. The

Reactor 1 has cooling water to re . The inert streams in two reactors

remove some heat to enviro ust be controlled; it can level

directly or via flow control.

and-alone manipulated

nd bottom product valve.

In CS3 desig control temperature Ethyl

benzene column tray.

Step 6: Compl ! ) the component balance.

counted for: There are

benzene, ethylene, ethyl be hylbel and nitrogen(inert). The composition
#

of two fresh feed are ethylene ane _::;’f;,a'.-n- vith-B e recycle stream. Nitrogen is feed to

reactor, almost nitrogen relea J‘r,‘,u o) '.F-l-*- juct ethyl benzene, side product

1,2—diethy|benzn il ave in benzene recovery
f;f am leave in ethyl

i - —
Ausananingins

In thls research, all controller‘ype is single-inputssingle-output loop. {There are

RN TR HR VTN B

vquch are tuned using rela controllers are Pls. Proportional only level

column, distillater

benzene column, th

controllers are used and their parameters are heuristic valves. All control valves are half-

open at nominal operating condition.
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Step 8: Validation via rigorous dynamic simulation.
Using software HYSYS to evaluate performance for ethyl benzene process of all

designed control structures and compare with base case control structure (Luyben, 2002) at

dynamic simulation

Wongsri(2009) to design

control structures for e \}\\\\\\ ecomposed into level:

Plantwide level an ) structure 0, €S1,CS2 and CS3) the
same loops are used . \\
Plantwide level :
i ) control the' make up be
\

e flow rate

Unit level
Reactor
- Valve V1 is ipule 3 sh feed flow rate
- Valve V2 is manipu 5..;--'!------“- or 1 level
-Cooling duty-is'r %T’*ﬁ«. om reaction

-Valv3ism s evel |

v

ok BanINeIng

-Heat duty of condenser (qc1) is mampulated to control the benzene column

q m RANIUURIINYIA Y-

y temperature

-Valve V5 is manipulated to control the benzene column reboiler level.

-Valve V9 is manipulated to control the benzene column condenser level.
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Ethyl benzene column unit:
-Heat duty of condenser (gc2) is manipulated to control the ethyl benzene
column pressure

-Heat duty of reboiler (qr2) is manipulated to control the ethyl benzene

column Tray temperature
-Valve V6 is manip > nzene column reboiler level.
-Valve V7 is.mai te l“benzene column condenser

level.

5.2.1 Base

All of refer m

We considered able ' - ent Reactor 1 stream has
highest disturbance. For valve V3 to control reactor

1 flow outlet.

5.2.3 Design of control stru
Further design in d level control is applied to
Reactor 2 invenitg = CS2 control structure, we-h: jed-valve 4 to control level

reactor 2

524 DeS|gn of c ntrol structure (CS3)

RS

value. We md reflux flow to control ethwzne column Tray 26 temperature in control

Qﬂﬂﬂﬂﬂ‘immﬂ’l’mﬁﬂﬂﬂ
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Figure 5.7 Designed control structur IICSZfﬂt | benzene process
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5.3 Dynamic Simulation Results

To illustrate the dynamic behaviors of base case control structure by Luben (2002)

and all design control structure using new design procedure of Wongsri (2002), two types of

(1) Change in olar flow ratex10% of

FFE fre g-mole/hr at 50 min

to 150 mi rat 150 min to 250

min

e
L L4\
(2) Change in fri [% Ure:b p change of temperature +10% of FFE
i }\
fresh fee ; ¢ & 0 BOEAC 3 1in to 150 min and from

56.86 °C to {@ ’_

(3) Changein fresh‘feed emperature by hange of temperature+x10% of FFB

y o
fresh feed benzeneffom 49.92 “C.to. 50 min to 150 min and from

54.9120 AL
-
A |

5.3.1 Chang material h feed IJ-'
d

control structures (base case control structure (CS0), design control structure |

ﬁﬁ'ﬁfﬁ“ﬁ“ﬁi%%’w Y19

Dynam|c response chan e in fresh feed molar flow rate by step change of

QTR rinede.

150 min to 250 min

lar flow rate for all
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Figure 5.10 Dynamic response of control structure (CS0, CS1,CS2 and CS3) process by

step change of molar flow ratex10% of FFE fresh feed ethylene
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Effluent Temperature reactor1(R1)
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Effluent molar flow reactor2(R2)
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Effluent temperature reactor 2 (R2)
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Molar flow recycle benzene(Btot)
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Temperature recycle benzene(Btot)
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Molar flow distillate benzene column(D1)
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Temperature distillate benzene column(D1)
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Molar flow bottom benzene column(B1)
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Temperature bottom benzene column(B1)
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Molar flow distillate ethyl benzene column(D2)
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Temperature distillate ethyl benzene column(D2)
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Molar flow bottom ethyl benzene column(B2)
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5.3.2 Change in fresh feed temperature by step change of temperature £10% of FFE
fresh feed ethylene for all control structures (base case control structure (CS0), design
control structure | (CS1) to designed control structure Il (CS3)

Dynamic response change in fresh feed temperature by step change of temperature
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Effluent molar flow reactor1(R1)
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Effluent Temperature reactor1(R1)
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Effluent molar flow reactor2(R2)
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Molar flow recycle benzene(Btot)
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Molar flow bottom benzene column(B1)
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Molar flow distillate ethyl benzene column(D2)
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Temperature distillate ethyl benzene column(D2)
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Molar flow bottom ethyl benzene column(B2)
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Temperature distillate benzene column(D1)

150.0

140.0

135.0

Erfperature ()

107.3[C)

01 - Temperature ()
o o oy
o —_ o]
o ha [n3]
[mm] (] [mm]

§4.00

0.0000 200.0 400 - La@0 !0 4000 G00.0
Minutes T — o  Minutes

150.0 Wy - — —_—

(

.
[
m
o

107.3(C]

01 - Termperature (C)

[{u] iy —_
=] =} I
o m o
= o o

0.0000 2000 iiﬂ* r 0 2001 4000 BO0.0
Pliry

Figure 5.14 (Continued) Dynamic resg onse of —7 cture (CS0, CS1, CS2 and

CS3)process by step change of & —je--'-!!- 3 fresh feed benzene

Y

ﬂ'lJEJ’JVIEWIﬁWEJ’]ﬂ‘i
Qﬁﬂaﬂﬂimmﬂﬂﬂmaﬂ



88

Molar flow bottom benzene column(B1)

o
o
I
fm]
)

5 864.0

mo

767.8 [kamole/h)| 2 7092 g

TE67.9 [kamale/h)

B1 - Molar Flow (kgmolesh)
o ~1 ~1
I ~a 0
oo ) [ o)
) ) )

376.0

0.0000 2000 400 D L ______..-n» 0 400.0 600.0

Minutes e =  Minutes

TEE.3 [kgmolesh)

@ - - =3
) =1 - B
= = = =
[=1 =1 [=] [=1

1 - Molar Flow (kgmaledh)

™ 5600

0.0000 200.0 Ii “ , 00000 600.0
Minite 2 |
| A ” o s | h
L —

Y

¥

AULININTNEINS
ARIAINTUNNINGAY




89

Temperature bottom benzene column(B1)
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Molar flow bottom ethyl benzene column(B2)
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Temperature bottom ethyl benzene column(B2)
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CHAPTER VI

CONCLUSION AND RECOMENDATION

6.1 Conclusion

In this research has discussed contr sign for the HDA process,
using the design proced Wongsri (2008). The process variables should be control

are selected by the “Fix base on the selection of

“'==..
controlled variable tha jidis ances pr jate to plantwide, previously using

heuristic approag

k Ty
The news€ontrol'str design us : atical analysis included heuristic is
e, N ' N
simple, straightforward and intui the ( -*-,.;“ ariables helps process

engineer to design the be uctur \andle disturbances.

6.2 Recommendations

gl "
This research proves i S the 0d o e Fixture Point theorem to ethyl
benzene process 7 ethyl benzene process,
applied Skog %f'_ 0 d{ gy, compare two

strategies. '!!
fl ¥
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APPENDIX A

TUNING OF CONTROL STRUCTURES

A.1 Tuning Controllers

Notice throughout ntrollers such as P, PI, and
PID controllers. The ' ) ntrol performance can be
improved by the of derivative has some

significant draw

2.

3. O important to careful
tuning method.

4, plant. If high performance

A.2 Tuning Flow, Level and-Pressure

bl -

, -
The dyna # stants for moving

control valves agma urned with a small integral or
jI

reset time constant. A value of 7, = 0.3 minutes work in most controllers. The value of

controller gain ShOLﬁ Berkept modest becaudeflow measurement signal are sometime

TGt ITEL T GE o

Kc= O“is often used. Derivative action should not be used.

AR INIRIURIINLIA Y-

This provides the maximum amount of flow smoothing. Proportional control means there
will be steady state offset (the level will not be returned to its setpoint value). However,

maintaining a liquid level at a certain value is often not necessary when the liquid
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capacity is simply being used as surge volume. So the recommended tuning of a level
controlleris K = 2.
Most pressure controllers can be fairly easily tuned. The process time constant

is estimated by dividing the gas volume of the system by the volumetric flowrate of gas

KC:28ndT|:1 ute

A.3 Relay- Fee%

The relay-feedbaclg test | ' that serv 3 quick and simple method for

identifying the amie' p Sters” design a feedback

controller. The resu ultimate frequency. This

information is u reasonable controller

tuning constants.

The method consists of fierel on-off relay in the feedback loop. The

L

only parameter that must b ‘n'_‘:—tl_-;il the h e relay, h. This height is typically

5 to 10 % of thelcontroller output scale. The loop starts to oscillate,around the setpoint
-

able (PV) signal crosses

with the contfoller

ARIAINTN UAAINYIAY

The period of the output PV curve is the ultimate period, R, from these two

the setpoint. FigﬁAﬂ 0 om a typ ra-' | relay-feedback test.

parameters controller tuning constants can be calculated for Pl and PID controllers,
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using a variety of tuning methods proposed in the literature that require only the ultimate

gain and the ultimate frequency, e.g. Ziegler-Nichols, Tyreus-Luyben.

APV 0

= &S‘ab ,

i 'Jihfllﬁ"‘ B s
ATl Ir lﬁ‘\'\
gy = ff s \l‘\‘} s

The test has many positive feat AV its widespread use in real plants as
well in simulation studies:
1. Only one para rhas 1 ified (relay height).
) e
compared to the
“‘-'“. driven away from the
(] il
|
il setpoint. "

4. 'i'le formation obtained |sd§(y accurate in the frequency range that

AU HIMHNTRHINT......

detected by a ‘hange to asymn&c pulses in the ulated

Qﬁﬂﬂ@ﬁﬁﬂm‘lﬂﬂﬂﬂﬂﬂﬂ

These entire features make relay-feedback testing a useful identification tool.

Knowing the ultimate gain, K, and the ultimate period, R, permits us to calculate



102

controller settings. There are several methods that require only these two parameters.

The Ziegler-Nichols tuning equations for a PI controller are:

These tuning constants are frequ many chemical engineering
applications. The Tyreus

with increased ro

(A.3)

A.4 Inclusion o

Any real i has/mar V. Measurement and actuator lags always
exist. In simulations s 'a f the unit models. Much more
aggressive tuning is o ) is possible in the real plant.
Thus the predictions of dyna nic_performan n be overly optimistic. This is poor
engineering. A conse

Realisticdynamic simulations r equir e that wi e explicitlyv ir :'-‘H |agS and/or dead

| L)
times in all t Fr_ ai J ect Product quality
Or process cons t. 'li

d

Table A1 summarlzes some recommended lags to include in several different

“HUEINYNTNYING

Table ﬂl Typical measurement Iags

- - v/
Qiﬁl Iﬁ\ﬂfl igllaliq i'melo?a;(ﬁl IaEI
(minutes)
q Temperature Liquid 2 0.5 First-order lags
Gas 3 1 First-order lags
Composition Chromatograph 1 3to 10 Deadtime




Table B.1 Tuning parameters for the reference controlstruc

Controller Controlled variables Action PV Range
controller

FC1 Fresh ethylene feed flowrate Reverse 0-1260 kgmole/hr
LCR1 Reactor 1 liquid level Reverse 0-100 %
TCR1 Temperature control of Reactor 1 Direct 100-200 °C
LCR1 Reactor 2 liquid level Reverse 0-100 %

FC2 Reactor 2 effluent feed flowrate Reverse 0-3540 kgmole/hr
PCA1 Condenser pressure in benzene column Direct 300-600 kPa
TC1 Temperature at tray 8 in benzene colu - Qrt— | Reverse 150-200 °C
LC12 Condenser liquid level in benzene colu - Direct 0-100 %
LC11 Reboiler liquid level in benzene column !!l Direct 0-100 %
PC2 Condenser pressure in ethyl benzene columh Qc2 2.0 10.0 - Direct 100-300 kPa
TC2 Temperature at tray 8 in ethyl benz Fa lwReverse 150-250 °C
LC22 Condenser liquid level in ethyl b E.C I - Direct 0-100 %
LC21 Reboiler liquid level in ethyl benme column V6 2.0 - ) - Direct 0-100 %

ARIAN TN INGINY
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Table B.2 Tuning parameters for the reference control stru

Controller Controlled variables Action PV Range
controller
FC1 Fresh ethylene feed flowrate Reverse 0-1260 kgmole/hr
LCR1 Reactor 1 liquid level Reverse 0-100 %
TCR1 Temperature control of Reactor 1 Direct 100-200 °C
FC-R1 Reactor 1 effluent feed flowrate Reverse 0-3240 kgmole/hr
FC2 Reactor 2 effluent feed flowrate Reverse 0-3540 kgmole/hr
PC1 Condenser pressure in benzene column Direct 300-600 kPa
TC1 Temperature at tray 8 in benzene column - Reverse 150-200 °C
LC12 Condenser liquid level in benzene column - Direct 0-100 %
LC11 Reboiler liquid level in benzene column Direct 0-100 %
PC2 Condenser pressure in ethyl benzene ¢ n. [ Direct 100-300 kPa
TC2 Temperature at tray 8 in ethyl benzene ¢ Reverse 150-250 °C
LC22 Condenser liquid level in ethyl benzene cl o Direct 0-100 %
LC21 Reboiler liquid level in ethyl benzene colunﬁ; - Direct 0-100 %

ﬂ‘UEJ’JVIEWﬁWEJ’]ﬂ‘i
QW']@NT]‘EQJ UANINYA Y
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Controller Controlled variables Action PV Range
controller
FC1 Fresh ethylene feed flowrate Reverse 0-1260 kgmole/hr
LCR1 Reactor 1 liquid level Reverse 0-100 %
TCR1 Temperature control of Reactor 1 Direct 100-200 °C
FC-R1 Reactor 1 effluent feed flowrate Reverse 0-3240 kgmole/hr
LC-R2 Reactor 1 liquid level Reverse 0-100 %
PCA1 Condenser pressure in benzene column Direct 300-600 kPa
TCA Temperature at tray 8 in benzene column Reverse 150-200 °C
LC12 Condenser liquid level in benzene column Direct 0-100 %
LC11 Reboiler liquid level in benzene colum r [ Direct 0-100 %
PC2 Condenser pressure in ethyl benzene Direct 100-300 kPa
TC2 Temperature at tray 8 in ethyl benzene o " Reverse 150-250 °C
LC22 Condenser liquid level in ethyl benzene Com Direct 0-100 %
LC21 Reboiler liquid level in ethyl benzene column Direct 0-100 %

ﬂ‘UEJ’JVIEWﬁWEJ’]ﬂ‘i
QW']@NT]‘EQJ UANINYA Y
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Table B.4 Tuning parameters for the control structure Il

Controller Controlled variables Action PV Range
controller
FC1 Fresh ethylene feed flowrate Reverse 0-1260 kgmole/hr
LCR1 Reactor 1 liquid level l Reverse 0-100 %
TCR1 Temperature control of Reactor 1 ' mﬁ Direct 100-200 °C
LCR1 Reactor 2 liquid level , ﬂ& '_l\‘\. - Reverse 0-100 %
FC2 Reactor 2 effluent feed flowrate { i,.:_“ . ‘ \ - Reverse 0-3540 kgmole/hr
PCA1 Condenser pressure in benzene column _d . - Direct 300-600 kPa
TCA Temperature at tray 8 in benzene column - Reverse 150-200 °C
LC12 Condenser liquid level in benzene column Direct 0-100 %
LC11 Reboiler liquid level in benzene colum ! . Direct 0-100 %
PC2 Condenser pressure in ethyl benzene ¢ Direct 100-300 kPa
TC2 Temperature at tray 8 in ethyl benzene o Reverse 150-250 °C
LC22 Condenser liquid level in ethyl benzene COE - Direct 0-100 %
LC21 Reboiler liquid level in ethyl benzene column s V6 2-0“! - - Direct 0-100 %
TC2 Temperature at tray 26 in ben ; #=|"Direct 150-250 °C

U
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Table C.1 IAE result of temperature of ethyl benzene

Wl o A Y
222 W‘\\\\b
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Temperature variable V1 V2 V3 Qc1 Qr1 Qc2 Qr2 Summation
of process stream IAE

B1 00377 | 0.0058 | 0.0081 A ; 1“"0‘ )467 | 0.0004 | 0.0668 | 0.0058 | 0.0069 0.2075
B2 00191 | 0.0027 | 0.0010 00 00231 | 00021 | 00477 | 0.0027 | 0.0599 0.2185
D1 00729 | 00101 | 0.0194 | 0.0106 0217 | 0.0985 | 00007 | 0.1519 | 0.0101 | 00135 0.4197
D2 00195 | 00035 | 0.0020 | 0.0115 050 | 0.0239 | 00018 | 00268 | 00035 | 00664 0.2015
Btot 00598 | 00188 | 0.0121 0075 00005 | 01110 | 00188 |  0.0093 0.3293
recyclet 0.0598 | 0.0188 | 0.0121 0 i o 05 i 05t 1 e 4 074 ;. 0.0005 | 0.1110 | 0.0188 | 0.0093 0.3293
FFB 0.0001 | 0.0000 |  0.0000 0.0000 | 0.0000 | 0.0000 | 0.0000 0.0002
FFE 0.0016 | 0.0003 |  0.0001 0.0000 | 0.0007 | 0.0003 | 0.0000 0.0042
inert1 0.0003 | 0.0000 |  0.0000 0.0000 | 0.0001 | 0.0000 | 0.0000 0.0008
inert2 00004 | 00001 | 0.0001 | 0.0004) 401000 |  0.0000 o.ooﬂ_..l' 0.0001 | 0.0005 | 0.0000 | 0.0008 | 0.0001 | 0.0001 0.0027
vap1 00634 |  0.0097 202 g ra)o 6 .00 5 0.0250 | 0.0097 | 0.0037 0.2420
vap2 0.0466 |  0.0070 0002 1 .00 0.002 0.0090 | 0.0070 | 0.0098 0.1706

QW']@N‘]?QJ UAIINYAY
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Table C.1 (Continued) IAE result of temperature of ethyl benzene

Temperature variable V1 V2 V3 V

of process stream “TAE val
plout 0.0000 0.0000 0.0000 0.0000 L4 )
v9out 0.0000 0.0000 0.0000 0. 0] .00 00
R1out 0.0634 0.0097 0.0202 0.0174 %06 -

v3out 0.0631 0.0097 0.0201 0.0 0 0.0(ﬁlj-lj 4
R2out 0.0192 0.0027 0.0010 0.0025 b J:.- 9
vdout 0.0472 0.0077 0.0081 0.007

Recycle2 0.0192 0.0027 0.0010 0.0025

v6out 0.0192 0.0027 0.0010 0.0025

p2out 0.0192 0.0027 0.0010 0.0025

vbout 0.0172 0.0034 0.0055

v7out 0.0009 0.0006 0.0010

ARIAN TN NI INGINY
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Qc1 Qr1 Qc2 Qr2 Summation
IAE
000 0.0000 0.0000 0.0000 0.0000 0.4199
0. 0.0000 0.0000 0.0000 0.0000 0.4200
836 0.0004 0.0250 0.0097 0.0037 0.2420
0.0003 0.0249 0.0097 0.0039 0.2424
0232 0.0021 0.0475 0.0027 0.0599 0.2187
0.01 520 0.0004 0.0680 0.0077 0.0081 0.2260
08 0.0232 0.0021 0.0475 0.0027 0.0599 0.2187
.0081 0.0232 0.0021 0.0475 0.0027 0.0599 0.2187
0.0232 0.0021 0.0475 0.0027 0.0600 0.2189
] 0.0020 0.0240 0.0034 0.0549 0.1930
0.0003 0.0275 0.0006 0.0087 0.0622

AU ININTNGINS
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Table C.2 |AE result of pressure of ethyl benzene § _/J'
——

nipulate v
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Pressure variable of V1 V2 V3 ﬂ/’?‘l ﬁ \\ Qc1 Qr1 Qc2 Qr2 Summation
process stream ﬂlfﬁ @‘\“ IAE

B1 0.3486 0.0062 0.0341 0.0115 WJFIME FJ \%‘L 4248 | 0.0030 0.9984 0.0436 0.0537 2.1070
B2 0.0845 0.0029 0.0043 0.0 E ' 0.0018+ E\h%& 0.0093 0.2121 0.0119 0.2637 0.9552
D1 0.3488 0.0107 0.0343 ﬂ‘r ﬁOA[O - . 0.0030 0.9984 0.0435 0.0537 2.1129
D2 0.0846 0.0037 0.0043 ( ﬁ 0.0 0.0093 0.2120 0.0119 0.2633 0.9567
Btot 0.1926 0.0201 0.0186 .-‘-t @011 1 0.0004 0.0828 0.0343 0.0057 0.5296
recyclel 0.1926 0.0201 0.0186 0.0004 0.0828 0.0343 0.0057 0.5296
FFB 0.1926 0.0000 0.0186 0.0004 0.0828 0.0343 0.0057 0.4964
FFE 0.1926 0.0003 0.0186 0.1322 0.0004 0.0828 0.0343 0.0057 0.4967
inert1 0.1926 0.0001 0.0186 0.0004 0.0828 0.0343 0.0057 0.5095
inert2 0.2324 0.0001 0.0774 | 0.3 . 10.0030 0.5245 0.0366 0.0620 1.6814
vap1 0.1926 0.0104 0.0186 0.0004 0.0828 0.0343 0.0057 0.5198
vap2 0.2324 0.0074 0.0774 0.0030 0.5245 0.0366 0.0620 1.6888
plout 0.1022 0.0000 0.0258 0.0017 0.6507 0.0082 0.0248 0.5437
v9out 0.1022 0.0000 0.0258 0.0167‘ 0.0029 0.0032 0.0141 0.0980 0.1662 0.0017 0.6507 0.0082 0.0248 0.9399
R1out 0.1926 0.0104 6 2 ﬂOﬁ 011 .0039, 13 0.0828 0.0343 0.0057 0.5198
v3out 0.2324 0.0104 74 9 . 17 8 03 6 0.5245 0.0366 0.0620 1.6917

L
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Table C.2 (Continued) IAE result of pressure of ethyl benzene

110

¥ ui LN
Pressure variable of V1 V2 V3 V a/ﬁ;f‘l &fﬂ?\h ) Qc1 Qr1 Qc2 Qr2 Summation
process stream ll / f E IAE
R2out 0.2324 0.0029 0.0774 0.0030 0.5245 0.0366 0.0620 1.6843
vdout 0.3481 0.0082 0.0341 0.0030 0.9979 0.0433 0.0536 2.1076
Recycle2 0.2324 0.0029 0.0774 0.0030 0.5245 0.0366 0.0620 1.6843
v6out 0.2324 0.0029 0.0774 0.0030 0.5245 0.0366 0.0620 1.6843
p2out 0.1778 0.0029 0.0519 0.0045 0.2844 0.0231 0.1157 1.2352
vbout 0.0847 0.0036 0.0042 0.0093 0.2122 0.0118 0.2629 0.9552
v7out 0.0000 0.0007 0.0000 0.0000 0.0000 0.0000 0.0000 0.0007
vent-C1 0.3488 0.0107 0.0343 0.1439 0.4253 0.0030 0.9984 0.0435 0.0537 2.1129
ﬂ L
e/
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Table C.3 |AE result of molar flow of ethyl benzene

111

nipul

Molar flow variable of V1 V2 V3 V Q Qc1 Qr1 Qc2 Qr2 Summation
process stream =TAE valu IAE

B1 0.0572 0.0063 0.0021 0.0058 .0 016 i 705 | 0.0004 0.1826 0.0063 0.0079 0.3724
B2 0.0042 0.0009 0.0017 0. 00 .0004+ 13 0. 0.0001 0.0150 0.0009 0.0021 0.0414
D1 0.0221 0.0016 0.0053 0.0035 0 !iﬁ()QS - 346 0.0004 0.1316 0.0016 0.0052 0.2291
D2 0.0265 0.0032 0.0004 0.0 4 0.0009} o 0. 0.0032 0.0848 0.0032 0.0727 0.3243
Btot 0.1132 0.0225 0.0168 0.0187 .0 r | :- 1 0557 0.0004 0.0805 0.0225 0.0038 0.3492
recyclel 0.1132 0.0225 0.0168 0.0187 0.0009 m:’:‘ 0.01 557 0.0004 0.0805 0.0225 0.0038 0.3492
FFB 0.1217 0.0213 0.0116 0.0152 005&4‘ _E = 02 0.0824 0.0002 0.0525 0.0213 0.0038 0.3361
FFE 0.1011 0.0174 0.0095 0.0124 0.0004 1% - .0026 0.0669 0.0002 0.0430 0.0174 0.0031 0.2763
inert1 0.0003 0.0001 0.0000 0.0000 0.0060 ~ __‘ :" 0.0002 0.0000 0.0001 0.0001 0.0000 0.0009
inert2 0.0004 0.0001 0.0001 ]0.0000 0.0008 0.0001 0.0001 0.0026
vap1 0.0001 0.0000 0.0001 0.0000 0.0002 0.0000 0.0000 0.0009
vap2 0.0001 0.0000 0.0001 .00 0.0000 0.0008 0.0000 0.0000 0.0019
plout 0.0016 0.0003 0.0002 0@ 0.0001 0.0006 0.0g - 0.0000 0.0003 0.0003 0.0003 0.2291
vOout 0.0016 0.0003 0.0002 0.0009‘ 0.0001 0.0001 0.0001 0.0006 0.0012 0.0000 0.0003 0.0003 0.0003 0.2291
R1out 0.0911 0.0548 1 3 ﬂ1ﬁ 185 .0 11 0.6985 0.0548 0.0646 1.8207
v3out 0.0911 0.0548 1 3 . 19 5 .03 1 0.6985 0.0548 0.0646 1.8207

L
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Table C.3 (Continued) IAE result of molar flow of ethyl benzene

112

Molar flow variable of V1 V2 V3
process stream

R2out 0.0042 0.0009 0.0017
vdout 0.0949 0.0382 0.0608
Recycle2 0.0042 0.0009 0.0017
véout 0.0042 0.0009 0.0017
p2out 0.0042 0.0009 0.0017
v5out 0.0572 0.0063 0.0021
v7out 0.0265 0.0032 0.0004
vent-C1 0.0010 0.0001 0.0001

ﬂ'lJEJ’JVI

aw%ﬂswn

Qc1 Qr1 Qc2 Qr2 Summation
IAE
0.0001 0.0150 0.0009 0.0021 0.0414
0.0014 1.0000 0.0382 0.0303 1.6022
0.0001 0.0150 0.0009 0.0021 0.0414
0.0001 0.0150 0.0009 0.0021 0.0414
0.0001 0.0150 0.0009 0.0021 0.0414
0.0004 0.1826 0.0063 0.0079 0.3724
0.0032 0.0848 0.0032 0.0727 0.3243
0.0005 0.0011 0.0000 0.0037 0.0001 0.0001 0.0070
s
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Table C.4 IAE result of tray temperature deviation of benzene§ _

113

V1 V2 V3 ﬁ/ﬁ‘lﬁ Qr1 Qc2 Qr2 Summation
Tray temperature
WYV DN

24 0.3266 0.0047 0.0037 0.0015 W‘rfmi F \‘E& 0.0003 0.1003 0.0047 0.0057 0.5106
23 0.3266 0.0049 0.0038 0.08 ﬁj’ 0.0002+ E\ 0.0003 0.1002 0.0049 0.0059 0.5122
22 0.3265 0.0054 0.0041 ﬁ‘r %01 0.0003 0.0997 0.0054 0.0063 0.5157
21 0.3265 0.0062 0.0046 ( 0.0 0.0004 0.0987 0.0062 0.0071 0.5218
20 0.3264 0.0077 0.0055 .L-;-t @007 1 0.0005 0.0962 0.0077 0.0083 0.5323
19 0.3263 0.0100 0.0069 0.0007 0.0914 0.0100 0.0102 0.5516
18 0.3262 0.0130 0.0088 0.0008 0.0832 0.0130 0.0129 0.5814
17 0.3262 0.0165 0.0110 0.0165 0.0844 0.0010 0.0710 0.0165 0.0158 0.6157
16 0.3261 0.0191 0.0129 0.0011 0.0570 0.0191 0.0180 0.6398
15 0.3261 0.0197 0.0136 | 0.09 . 10.0011 0.0454 0.0197 0.0187 0.6411
14 0.3260 0.0183 0.0133 i 0.0010 0.0400 0.0183 0.0176 0.6190
13 0.3260 0.0154 0.0124 0.0009 0.0428 0.0154 0.0151 0.5810
12 0.3259 0.0235 0.0188 0.0014 0.0256 0.0235 0.0231 0.7089
" 0.3259 0.0382 0.0308 0.0023 0.1298 0.0382 0.0374 1.0814
10 0.3258 0.0600 0. 0.3235 0.0600 0.0579 1.6816
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A
£ NN

V1 V2 V3 Qr1 Qc2 Qr2 Summation
Tray temperature
vyl ~
' [ v, % x

9 0.3258 0.0818 0.0679 0.4866 wrfﬂgf ‘II!I \.:}; ;‘b 0.5980 0.0818 0.0763 2.3856
8 0.3259 0.0885 0.0751 0.6 ﬁj’m‘ Eh‘ fi‘-&& 0.8676 0.0885 0.0795 2.8504
7 0.3261 0.0743 0.0645 "\ 1.0000 0.0743 0.0648 2.7985
6 0.3263 0.0509 0.0450 0.9349 0.0509 0.0438 2.3202
5 0.3264 0.0185 0.0170 0.4743 0.0185 0.0167 14777
4 0.3265 0.0310 0.0280 0.7262 0.0310 0.0270 1.7092
3 0.3265 0.0117 0.0110 0.2617 0.0117 0.0111 0.8060
2 0.3265 0.0082 0.0082 0.0073 0.0573 0.1279 0.0082 0.0084 0.6016
1 0.3265 0.0065 0.0073 2 0.0506 0.0703 0.0065 0.0073 0.5130
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ﬂ i ’? ‘I ﬁ \\ Qc1 Qr1 Qc2 Qr2 Summation
Tray temperature
ﬂifﬁ @m&x
30 0.0171 0.0033 0.0030 0.0096 J- @ 0.0013 0.0236 0.0033 0.0804 0.1957
29 0.0149 0.0036 0.0045 0.0 ( , .OO* - Ehh\ 0.0010 0.0179 0.0036 0.0963 0.2061
28 0.0122 0.0038 0.0061 . j r 1 ? - %JEL 0127 0.0012 0.0184 0.0038 0.1093 0.2324
27 0.0096 0.0038 0.0072 ) 0.0014 0.0240 0.0038 0.1153 0.2585
26 0.0078 0.0036 0.0077 0.0014 0.0269 0.0036 0.1139 0.2625
25 0.0068 0.0034 0.0076 0.0014 0.0260 0.0034 0.1079 0.2476
24 0.0062 0.0031 0.0073 0.0159 0.0058 0.0013 0.0226 0.0031 0.1009 0.2259
23 0.0060 0.0029 0.0069 0.0144 . r I 10.0044 0.0056 0.0013 0.0186 0.0029 0.0945 0.2078
22 0.0060 0.0027 0.0066 0.0013 0.0149 0.0027 0.0898 0.1949
21 0.0058 0.0026 0.0064 {250 | 00057 10.0013 0.0121 0.0026 0.0864 0.1859
20 0.0057 0.0025 0.0063 - - 1."'; " 0.0013 0.0101 0.0025 0.0843 0.1795
19 0.0055 0.0024 0.0064 - 0.0014 0.0089 0.0024 0.0830 0.1755
18 0.0052 0.0023 0.0064 0.0014 0.0083 0.0023 0.0823 0.1729
17 0.0048 0.0023 0.0065 0.01 'IOi 0.0286 0.0017 0.0159 0.0025 0.0045 0.0014 0.0081 0.0023 0.0820 0.1716
16 0.0044 0.0023 7 ) i 41 0. 0.0084 0.0023 0.0819 0.1713
15 0.0040 0.0022 .0069 0.0086 0.0 0.0089 0.0022 0.0820 0.1714
14 0.0036 0.0021 -oﬂ'o 0.0033 0.0015 0.0096 0.0021 0.0822 0.1723
¢ o o/
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Table C.5 (Continued) IAE result of tray temperature deviation of

V1 V2 V3
Tray temperatu re
13 00031 | 00021 | 00072 | 00112 0 s 1
12 00026 | 00021 | 00074 | 0. 0 .00
11 00024 | 00021 | 00077 | 00115 & o. oo1stf
10 0.0024 | 00020 | 00079 | 0.0 1 o.oaﬂd;..- ¥
9 0.0079 | 0.0013 | 0.0090 | 0.0126 058 |+ diddsh -
8 0.0080 | 0.0011 | 0.0080 | 0.011 09612 e
7 0.0020 | 0.0014 | 0.0055 | 0.0086 +
6 0.0076 | 0.0020 | 0.0034 | 0.0058 ~
5 00132 | 00023 | 00021 | 00040 | O 4 J 7
4 00164 | 00025 | 0.0015
3 00179 | 00026 | 0.0012
2 0.0186 | 00027 | 0.0011
1 00190 | 00027 | 00010 | 0. 0.0122

val

62
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——
(- Qc1 Qr1 Qc2 Qr2 Summation
IAE
033 | 00015 | 0.0105 | 00021 | 0.0824 0.1741
0. 00015 | 00115 | 00021 | 0.0828 0.1762
035 | 00017 | 0.0127 | 00021 | 0.0830 0.1792
00017 | 00139 | 00020 | 0.0835 0.1824
0108 | 0.0024 | 00355 | 00013 | 0.0993 0.2611
0.0 101 | 0.0026 | 00366 | 00011 | 0.1003 0.2632
03 0.0034 | 00021 | 00146 | 0.0014 | 0.0892 0.1905
0027 | 00097 | 00018 | 00113 | 00020 | 0.0770 0.1655
00163 | 00018 | 0.0288 | 00023 | 0.0687 0.1789
0.0019 | 00388 | 00025 | 0.0642 0.1955
5 0.0020 | 00438 | 00026 | 0.0619 0.2081
0.0021 | 00461 | 00027 | 0.0607 0.2146
0.0080 |  0.02 0.0021 | 00472 | 00027 | 0.0602 0.2170
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