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CHAPTER 1

INTRODUCTION

This chapter is an introduction of this research. It consists of importance

and reasons for the research, research ob'ectlves scopes of the research, contribu-

Nowadays, the tendency of energyg demands is rapidly increasing. With

high fuel pmceﬂnuhﬂ '% %ﬁf‘mp‘j wgﬂeﬂ ﬁead the importance

of developing sy ems to use energy more efﬁc1ently is apparent. One of the major
oro QT NRAR RGP SR v
determings to a large extent the net energy consumption of the process. Tremen-
dous efforts have been expanded to establish a series of systematic approaches
toward conserving energy and also minimizing losses in the process industries.
Moreover, industries are very competitive both in quality and cost of production.
Therefore, the production process should have high quality and high efficiency.
The process should always operate under the design condition, use little energy,

low waste production and meet the required specification of the products.



In general, most industrial processes contain a complex flowsheet with sev-
eral recycle streams, heat integration, and many different unit operations. The
economic can be improved by introducing recycle streams and energy integration
into process. However, the recycle streams and energy integration introduce a
feedback of material and energy among units upstream and downstream. They

also interconnect separate unit operati nd create a path for disturbance prop-

agation. Therefore, strategi ﬂ trol are required to operate an
entire plant safety and achi i i ﬁs. Essentially, the plantwide

control problem is how

need to operate an entire pro-
cess and achieve its d is quite large and complex.
There are a combinat " of pos " hol and alternative strategies

o the process.

ow-temperature separator

| < )i

(LTS), vapor-liquid sepa, %J rbg expa e , reboiled absorber and heat

4 asl

exchanger network, which enfgg;ip}em v of this plant is the interactions of the
HEN with the expander part. g_‘éi@ ?A ficient heat integration in the HEN,
which is used to pre=edol the feed to the LTS, is of maj jot importance in the design

P A
of turbo-expander plants (TEPs) process will be used to study

and design heat exch ger networks and control stra€tures in the process with

R I SN T

In this w k the main objective is to de%n heat exchalager networks and
controlaLWf} @;l@ ﬂ ilﬂ% gda%qllatwrﬁ’% a:nger networks
will be désigned using disturbance load propagation method (Wongsri, 1990) and
the plantwide control structure will be designed using Luyben heuristic design
method (1999) and fixture point theorem (Wongsri, 2008). The performance of
the heat exchanger network design and their control structures are evaluated via

simulation using HYSY'S.



1.2 Research Objectives

The objectives of this work are listed below:

1. To design heat exchanger networks (HEN) of the natural gas turbo-expander
plant (TEP) using disturbance load propagation method (Wongsri, 1990).

2. To design control structure -integrated natural gas expander plant

using plantwide contr 998).

3. To assess perform tructures for a HEN- inte-

grated natural

1.3 Scopes

1. Simulation of the natural-gas turbe ander plant (TEP) operating under
i
ethane-recovery mode is pétt by using a commercial process simulator

- HYSYS.

- e —
= =
LY

._, pander plant is obtained

|

2. Description and-dat

from U. Akman™a d Alp Er S. Konukman 20057

3. Plantwiﬂ%r”s@c%eﬂf%ﬁl%i%é}ﬂ Tintural gas expander

plant are %sgned using Luygen s heurlstlcs method.

4. Tﬂ ﬁrﬂe@ ﬂ:lﬂlg‘;i ﬁu'vu m’lg mﬂqtatﬂs in the nat-

ural gas expander plant are designed.

1.4 Contributions of the Research

The contributions of this work are as follows:



The new heat exchanger network and control structures of the natural

gas turbo-expander plant are designed and compared with the work given by U.

Akman and Alp Er S. Konukman.

1.5 Research Procedures

theory.

3. Design heat exchanges gas expander plant.

4. Design disturbangé load 1eat exchanger networks.
& f « Jay .
5. Simulate the steady state of the na gas expander plant.

6. Design control structure of atural gas expander plant.

7. Simulate the dy amic of the natural gas expan iderplant with heat exchanger

8. Evaluate the dynaE;uc performance of the de51gned control structures.

o s i U ANLNINYINT
W*‘fmmm YRIANYIAY

1.6 Research Contents

10.

o

This thesis is divided into six chapters:

Chapter I is an introduction to this research. This chapter consists of
importance and reasons for research, research objectives, scopes of research, con-

tributions of research and research procedures.



Chapter II reviews the work carried out on heat exchanger networks

design, heat integrated processes and plantwide control design.

Chapter III covers some background information of heat exchanger net-
work design, disturbance transfer technique plantwide (Wongsri, 1990) and theory

concerning with plantwide control.

Chapter V d{ ‘ ig 1 of plantwidescontrol structures and dy-

Chapter VI p sarch and makes the rec-

ommendations for fut
This is follow by:
References
Appendix A T '\:"

1 o
) it
Appendix B: Pgb‘ass and Equiplle'nt Data of Natural Gas Expander

AUBANENINEINT
TR I Inenay



CHAPTER 11

LITERATURE REVIEW

Our purpose of this chapter is to present a review of the previous works

on the heat exchanger network (HFE

Linhoff and Hi
of HEN. The method is

el method for the design
nt simplicity to be used by

ber of capital 1temé/fnmmmr the. ature network patterns required for good

controllability, plan

savings, coupled with pltal saving, can i insstate of the art flowsheets

by improved ﬁ\f ﬁaﬁ i]ﬂ ﬂﬁlﬁjﬁ ﬂaﬁ f process and utility
heat exchange f] d supply to specified
target temperatures

ARIA9NIUNRINYA Y

Linhoff, Dunford and Smith (1983) studied heat integration of distillation
columns into overall process. This study reveals that good integration between
distillation and the overall process can result in column operating at effectively
zero utility cost. Generally, the good integration is when the integration as column
not crossing heat recovery pinches of the process and either the reboiler or the
condenser being integrated with the process. If these criteria can be met, energy

cost for distillation can effectively be zero.



Saboo and Morari (1983) classified flexible HENs into two classes according
to the kind and magnitude of disturbances that effect the pinch location. For the
temperature variation, they show that if the MER can be expressed explicitly as
a function of stream supply and target conditions the problem belongs to Class

I, i.e. the case that small variations in inlet temperatures do not affect the pinch

i
y) exist, the problem is of Class II,
&e of flowrate variations cause

T—

temperature location. If an explicit, f n for the minimum utility requirement

valid over the whole disturba;
i.e. the case that large c

the discrete changes in

Marselle et al. ( 1 ! ' synthesizing heat recovery

networks, where the inl ’ & iven ranges and presented
the design procedure TEN ‘ i timal network structures
for four selected extr in f 0 The specified worst
cases of operating condi 2 Jf ing, the maximum cooling,
the maximum total exch t otal exchange. The network
configurations of each worst g@_’é@ﬂ;ﬁ_f - ted and combined by a designer

Linnhoff and Koﬂ@sakls (1984) gdeveloped a design procedure for op-

erale 128 PSS RL DY T GV G pact . e

paths that conngét the disturbed Vaglables downEeam to the co&}rolled variables.
s VR TSR ARG B vt
erating cndition. Then, the alternative designs are ihspected for the effects of
disturbances on the controlled variables and they are removed by breaking the
troublesome downstream paths. Path breaking can be done by relocating and/or
removing exchangers. If this procedure is not feasible, control action is inserted

into the structure.

Saboo and Morari (1984) proposed the corner point theorem which states



that for temperature variation only, if a network allows MER without violating
AT, .;» at MER corner points, then the network is structurally resilient or flexible.
This is the case where the constraint is convex, so examining the vertices of the
polyhedron is sufficient. This procedure again can only apply to restricted classes
of HEN problem. Their design procedure is similar to Marselle et al. (1982), but

ork structure. The strategy for both
’k tructures for the extreme cases

easﬂy merged and not have

using two extreme cases to develop, t

procedures is finding similar.
and the base case design i

too many units. Two e

1. When all streams cutér -' ) emperatures and the heat
capacity flowrates

minimal. This i

2. When all streams e 1 - minim m t temperatures and the heat
capacity flowrates
maximal. This is an oppesite ¢ above one and in this case maximum

heating is required.

The ’base’ de ; ' Y aws optimization technique

and the final design is obtained by

(calculating, RI) is requiteds, If the design ésmot feasible a modification is done by

T A RIS W eAR S

or some heat exchangers are located. If the moﬁed network 1@111 not resilient,
synthesa W@@B@:ﬂe‘s}m c%%’o}n% %rﬁhﬂcﬁe% design is not
feasible. The new structures should be as similar to the current design as possible.
The new design is obtained by superimposing the current structure and the new

structures. The unneeded heat exchangers are inspected and removed.

Floudas and Grossmann (1987) presented a synthesis procedure for resilient
HENs. Their multiperiod operation transshipment model is used to find a match

structure for selected design points. The design obtained for feasibility at the



match level. If it is not feasible, the critical point is added as an additional
operating point and the problem is reformulated and solved. If the match network
is feasible then the multiperiod superstructure is derived and formulated as an

NLP problem to find a minimum unit solution.

Calandranis and Stephanopoulos (1988) proposed a new approach to ad-

dress the following problems: desi ration of control loops in a network

implementation strategi ‘ el by dn l ntroller, which selects path

sturbance or set point change,

and what loops should be act;@‘fﬁw in what equence) to carry the associated

Colberg (1989)Blgges' : S oul@eal with planed, desirable

changed that often have'a.discrete set ofgvalues. Whereas resilience deals with

wptanned, RSB HYVS WP MR Sous vatue. T o

flexibility problglln is a ‘multiple period” type I&problem. A aejilience problem

should Q ﬁﬂoﬂeﬂw@kﬂ cﬁww%e’%%e‘wlgﬂrﬁog in the neigh-

borhood ©f nominal operating points.

Wongsri (1990) studied a resilient HENs design. He presented a simple
but effective systematic synthesis procedure for the design of resilient HEN. His
heuristic design procedure is used to design or synthesize HENs with pre-specified
resiliency. It used physical and heuristic knowledge in finding resilient HEN struc-

tures. The design must not only feature minimum cost, but must also be able cope
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with fluctuation or changers in operating conditions. The ability of a HEN to tol-
erate unwanted changes is called resiliency. It should be noted that the ability of
a HEN to tolerate wanted changes is called flexibility. A resilient HEN synthe-
sis procedure was developed based on the match pattern design and a physical
understanding of the disturbances propagation concept. The disturbance load

propagation technique was develope the shift approach and was used in a

systematic synthesis method. I ition was selected to be the mini-
interpretation. This is a con-
dition where all proces heat loads, e.g. the input

temperatures of hot st of cold streams are at the

highest.

Ploypaisansan : 7 0d 1 ix alternatives for HDA pro-
cess to be the resilien fOr maint: 1 get temperature and also
achieve maximum energ 1 | resilient network is selected

iliary unit should be added in

the network for cope safely W@:f@a 7a1,* 1ons and easy to design control structure

2

to the network.

Akman and Kgukmaﬁ ated steady-state operability and

flexibility issues of a HEN with rigorous simulations using the process flowsheet

simulator HYsﬁsu &]H’ﬂl\!ﬂtgaw@@wga%ﬁﬁer plant (TEP) op-

erating under eylane—recovery mode. Bypass %reams and st@m splits in the
HEN, @aéﬁl ’aTta ﬁﬂlﬁl%ﬂ%&% v’arau% Ej {qurase&iexibility and
disturbaiice-rejection ability of the TEP. The emphasis was given fo the assess-
ment of flexibility of the process in maintaining desired level of cooling in the
HEN, and desired levels of ethane recovery and methane rejection under tempera-
ture and pressure disturbance in the natural-gas feed stream. The heat-exchanger
bypasses and split fraction as the manipulated variables were able to control the
ethane recovery at its set point for wide range of natural-gas feed-stream distur-

bances.
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Wongsri and Sae-Leaw (2006) proposed the guide line to design workable
of highly heat integrated process with minimum auxiliary reboiler. It starts with
specifying the disturbances and their magnitudes, and then designing the resilient
heat exchanger network is designed at the worst case condition as the minimum
heat supply and maximum heat demand condition. There considered only one

worst case to find the number of minimum auxiliary heating unit and the heat

path way for disturbance loa dition is no considering dynamic

maximum energy recover

'Il‘fl

direct heat integration sy tem%' B in ustry. In the indirect heat-

the heating medium for the

) -
several advantages over the direct heat integration system in terms of its dynamic

performance. ﬁ 1;; gﬂpﬁfwgﬁ:ﬁ? small temperature
e reactor an

differences betv&qp column bas

%‘N%@Nﬂ‘ﬁ@ﬂ WA VD B s e

of a complex process. The plant contains two reaction steps, three distillation
columns, two recycle streams, and six chemical components. Two methods, a
heuristic design procedure and a nonlinear optimization, have been used to de-
termine an approximate economically optimal steady-state design. The designs
differ substantially in terms of the purities and flow rates of the recycle streams.

The total annual cost of the nonlinear optimization design is about 20 percent
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less than the cost of the heuristic design. An analysis has also been done to ex-
amine the sensitivity to design parameters and specifications. Two effect control
strategies have been developed using guidelines from previous plantwide control
studies; both require reactor composition control as well as flow control of a stream

somewhere in each recycle loop. Several alternative control strategies that might

Jones and Wilson (1 /@/& e ability of flows in the bypass

line of heat exchanger We » anger problems. Difficulty is

immediately encountered

initially have seemed obvious do not

changer between two process
streams; changing the fl ect the exit temperature of
the other. Unfortunately. in : ream flow rate immediately
difficulty is overcome by
using a bypass that do ut changes the proportion
actually passing throug ce the heat transfer. Good
w rate of 5-10 percent through

the bypass. This bypass is e&p@ a.-_‘. ble to handle disturbances.

Luyben, Ty eneral heuristic design

procedure. Their procedure ¢ ective @ntwide control structure
for an entire complex pudcess flowsheet andsnot simply individual 17 units. The

s step o tﬂu S1 AW 1S T8 D Frntal principes o

plantwide contr : energy managempent, producg)n rate, prodU quality, opera-
o QARG TSR NI o
ries, makeup of reactants, compohent balances and economic or procéss optimiza-
tion. Application of the procedure was illustrated with three industrial examples:
the vinyl acetate monomer process, Eastman process and HDA process. The pro-
cedure produced a workable plantwide control strategy for a given process design.
The control system was tested on a dynamic model built with TMODS, Dupont’s

in-house simulator.
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After that, Luyben (2000) studied the process had the exothermic, irre-
versible, gas-phase reaction A + B — C occurring in an adiabatic tubular reactor.
A gas recycle returns unconverted reactants from the separation section. Four
alternative plantwide control structures for achieving reactor exit temperature

control had been compared. Manipulation of reactor inlet temperature appeared
ipulation of recycle flow rate gave the best
T cause of compressor limitations.

control but may be undesirable 1 ﬁ e
The on-demand structure i i

to be the least attractive scheme. M

n the face of feed composition

Wongsri and Kic 2 ' mparison among 3 control
structure designs for reduged ’ 1 that caused production rate

change of HDA proc red toluene flow rate in

the process and adju S f accordingly. The second
was modified from the ?ne+y: g unit to control the outlet
temperature from the reac r.-r@eﬂtfh" me, a ratio was introduced to the
second control scheme for cogﬁ_’éﬂ@ﬁ% hydrogen and toluene within the

process control book; T 9) perfofmance of these structure

higher than reference.

ol YRS NHNTHEI AR St o e

integrated HDA plant (i.e. alterpatives 1 an 6 based on W heat pathway
o ) ST R A ] B i
load to a‘utility unit, so that the dynamic MER can be achieved with some trade-
o?. In they work, a selective controller with low selector switch (LSS) is employed
to select an appropriate heat pathway through the network. The new control
structure with the LSS has been applied in the HDA plant. The study reveals
that, by selecting an appropriate heat pathway through the network, the utility
consumptions can be reduced according to the input heat load disturbances; hence

the dynamic MER can be achieved.
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Kunajitpimol (2006) presented the resilient heat exchanger networks to
achieve dynamic maximum energy recovery, plantwide control structures, and con-
trol strategies are designed for Butane Isomerization plant. The control difficulties
associated with heat integration are solved by adding auxiliary utilities which is

kept minimal. Four alternatives of heat exchanger networks (HEN) designs of the

Butane Isomerization plant are propesed.. They used the heat from the reactor

effluent stream to provide the C mn reboiler. The energy saved is
24.88 percent from the desig out “imtcgration, but the additional capital

is 0.67 percent due to addi a_Pro¢ rocess exchanger and an auxiliary

AULINENINYINT
ARIAATAUNNIING A Y



CHAPTER III

THEORY

This chapter is aimed to summarize heuristic approach from the previous

iew point which was developed by

} propose the plantwide control
_d

involving the system andestrat dui @l entire plant consisting of

3.1 Basic K

3.1.1 Pinch Tec

Pinch technology hag'been‘developed more than two decades and now
pe— —
X . P apdapid - 40 .
provides a systematic methodolegy for ans S chemical processes and surround-

“.’ ..:‘/J,‘ g

ing utility systems. The co ot was first de

d by two independent research

I-j P —— — e ¥ 7 o W— o —— — — —

hoft, 1978: Umed '-'"gj based on an applied

groups (Flower and’ g

thermodynamics poinf of ' m

‘o o/

312 Bl PREPINHTFTHB NG

The pinﬂ analysis conceptyis originated, to design the,heat recovery in
networ@“sﬂcﬁa&&i&ﬁtw %dr%g’}@\ %%\Jﬂtaeﬁland material
balance of the process obtained after the core process, i.e. reaction and separation
system, has been designed. By using thermal data from the process, we can set
the target for energy saving prior to the design of the heat exchanger networks.
The necessary thermal data is source, target temperature and heat capacity flow

rate for each stream as shown in Table 3.1.
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Table 3.1: Thermal data for process streams (Linnhoff and Hindmarsh, 1983).

Start Target Heat capacity

Stream No. | Stream type | Temperature | Temperature | flow rate (CP),

(Ty), °C (Ty), °C EW/eC
1 Hot 150 60 2
9 Hot ‘. 60 8
/s
o
3 Cold _é M 125 2.5
4 3

Here the hot streas that required cooling, i.e.

the source temperature i ; th : f the oet. While the cold streams

N

are referred to those »\ temperature is higher than
t

the supply. Heat Cap multiple between specific

heat capacity and mass flov

(3.1)

where: >
CP = heat cag -"'--
Cp = Specific eat capacity of the stream (k

ﬂmﬂg)
= AN INSRYNNS

The datdlused here is basefl on the assumptlon that the heat capacity
o QAR AR I AN
with or without p@%se change can easily be described in terms of linearization
temperature-enthalpy data (i.e. CP is constant). The location of pinch and the
minimum utility requirement can be calculated by using the problem table algo-
rithm (Linnhoff and Flower, 1979) for a specified minimum temperature different,
ATmin. In the case of ATmin = 20 °C', the results obtained from this method

are shown in Table 3.2.
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Table 3.2: The problem table for data given in Table 3.1

T T Required Cascade Sum
W hot | cold YW AT Heat Interval Heat Interval
(°C) | (°C) | (RW/°C) | (°C) | (kW) (kW) | W) | (kW)
0/0| 0O [0O] 150 | 130 0 Qh -105
210 0 [0 145 | 125 2 5 107.5 10 2.5 10
210|250 120 | 100 - 117.5 -12.5 12.5 -2.5
210125 (3] 90 70 e -105 0 -107.5
2181253 60 40 30 - 135 -105 27.5
00|25 |3 45 : - ] 15 -82.5 30 -55
0[0|25|0]| 40 e -12.5 -52.5 -67.5
- Qc

P

The pinch separa
hot end and cold end. egho @nd-&s’#
A ekt
stream above the pinch t
not cold utility. In contrast toith e
all streams or part of stre - G
is instead desired reg =
is no heat transfer ac

achieved.

T -
ti‘

odynamic regions, namely,

ising all streams or part of

ot u is required in this region but
cold end is the region comprising
erature and only cold utility

tant to note that there

m utility requirement is

Additioﬁllwmfuﬁa}%l‘gx% é% ﬁ;ﬂﬂf@ibm HENS into two

classes accordingto the kind and m‘gmgmtude of disturbances that affect the pinch

QU AR A AN

pressed explicitly as a function of the stream supply and target conditions the

problem belongs to Class I, i.e. the case where small variations in inlet temper-

atures do not affect the pinch temperature location. If the explicit function for

the minimum utility requirement valid over the whole disturbance range dose not

exists, the problem is of Class II, i.e. the case where large changes in inlet tem-

peratures or flow rate variations cause the discrete changes in pinch temperature

locations.
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3.2 Heat Exchanger networks (HENS)

It is generally accepted that an optimal network must feature a minimum
number of units that reflects on a capital cost and minimum utility consumption
that reflects on operating costs. A good engineering design must exhibit minimum

capital and operating costs. For Heat Exchanger Network (HEN) synthesis, other

features that are usually considere 1sifn are operability, reliability, safety,

esis has been focused on the

. = _J
operability features of a"HEN "e.g. wHEN to tolerate unwanted
changes in operating conditio? 51t hag b d that considering only a cost

objective in synthesis magflead #0'a v i.e. a minimum cost network
may not be operable at sg Sl . ‘ i onditions. The design must
not only feature mini Osfl, Put alsol Y ‘ a fluctuation or changes
in operating conditions rate unwanted changes is
called resiliency. It sho f a HEN to tolerate wanted

changes is called flexibility

The resﬂlenc(;hproper‘t 3¢ i becomes an important feature to be

accounted for wherl the-extent-of-integration-of-a-desich introduces significant
interactions among pf_ €SS cor imtegration of a HEN gener-
ates a quite complex 1nt(;;act10n of process streams, desplte the fact that transfer

of heat from hﬂ uogpfgcﬂ ﬁﬁ%%ﬂf}ﬂﬁof the network. The

goal of a net is to deliver the process streams to their target temperatures

W e C RV P 11213
|
ing and gooling itie e proc s&ﬁ‘j dtaﬁggj; net of heat

exchangers. Changing in conditions of one stream in the network may affect
the performances of many heat exchanges and the conditions of several process

streams. Since resiliency is a property of a network structure.
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3.2.1 Definition of HEN Resiliency

In the literature, resiliency and flexibility have been used synonymously
to describe the property of HEN to satisfactorily handle variations in operating

conditions. These two terms have difference in meaning.

The resiliency of a HEN is defined as the ability of a network to tolerate or

remain feasible for disturbances i 1 nditions (e.g. fluctuations of input

et r-j.,"‘fa)‘ J-’ . . X .
naturally are contmfgus values. ”ﬁfug’ a dexibi ultiple period’ type of
problem. A resilie roblem should th a continuous range of
operating conditions in the e nal ﬁ)erating points.

In order T make Alernative 6 of HDA lant more economically appealing,

16 G b hEdibdeads B ied Dlidine proposed desen

scheme adapted rom Wongsri’'s RHEN (for resilient heat exchamger network) de-

s miof] | VTN URNINEAR

3.2.2 Heuristics for HEN Synthesis

the minimum

Several HEN matching rules with minimum energy and investment costs
have been presented (Masso and Rudd, 1969, Ponton and Donalson, 1974 Rathore
and Powers, 1975, Linnhoff and Hindmarsh, 1983, Jezowski and Hahnel986,
Huang, Metha and fan, 1988, etc.),
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The following are heuristics from the literature classified according to the
design criteria

The heuristics to minimize the capital cost (the number of heat exchang-

ers):

Heuristic C1. To generate a network featuring the minimum number of

heat exchanger units, let each

tick-off rule (Hohmann, 19

at least one of the two streams; a
Heuristic C2. eave a residual stream at its
cold end for a heating pr 1 cooling problem. A match of
this type will feature th ; CINPOLE . d ence

Heuristic C3. oad streams together. The

significance of this rule i [ \ 1 (a capital cost) of a mach of
this type (whether it i 1 eat exchangers) should be

less than that of heatin & "2 lar ,' strear ~ th many small streams.

.7;;;;:.

The heuristics to miniiaze-th 9 cost (the minimum utility require-

ment):

Heuristic ET. Divide il into subproblems, one a
heat sink (heating su@:oblem or hot
(cooling subproblem or €old end problemy, jand solve them separately (Linnhoff

andHlndmarsﬂ%il’mﬂﬂ‘ﬁ?Nﬂ']ﬂ‘i

Heurls E2. Do not tragsfer heat ac L0ss the plIlCh

RRARITT U YNNI A 8

Heuristic E4. Do not heat below the pinch.

d"problem) %i the other a heat source

The laws of thermodynamics:

Heuristic T1. In a heating problem, if a supply temperature of a cold
stream is less than a target temperature of a hot stream by Tmin or more and
the heat capacity flow rate of a hot stream is less than or equal to the heat ca-

pacity flow rate of a cold stream, the match between these two streams is feasible.
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(Immediately above the pinch temperature, the heat capacity flow rate of a cold
stream must be greater than or equal to that of a hot stream.)

Heuristic T2. In a cooling problem, if a supply temperature of a hot
stream is greater than a target temperature of a cold stream by Tmin or more
and the heat capacity flow rate of a hot stream is greater than equal to the heat

capacity flow rate of a cold stream, th between these two streams is feasible.

(Immediately below the pinch: 1@ heat capacity flow rate of a hot
stream must be greater t T ec ot old stream.)

Heuristic T3.

the above rule, a match
feasibility must be d e minimum temperature

difference of a match vi nimun roach, Tmin, specific by the design.

3.2.3 Math Clas on,

In order to mak T ' ust classify matches. The
following criteria are consi ;

1. Position of a W prefers a match at the cold end

and another prefersiasmateh at the i end Pinch hedristics prefers a match at
the cold end in a heating subp 3 e hot end in a cooling

. here are other possibilities By sing the tick-off heuristic,

st v b1 ) L R
q Wﬂﬁﬁﬂ“‘i‘mﬂ%qﬁ}tﬂﬂﬁl B} e s

tic T.1 and

subproblem. However,

3. Heat Load (between hot and cold streams). The heuristic that
concerns heat load state that one must match large heat load hot and cold streams

first. This leads to two additional heuristic:

Heuristic N1. For a heating subproblem, a match where the heat load of

a cold stream is greater than that of a hot stream should be given higher priority
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than the other .The reason is that the net heat load heating subproblem is in
deficit. The sum of heat loads of cold streams is greater than of hot streams. The
purposed match will likely be part of a solution (Wongsri, 1990).

Heuristic N2. Conversely, we prefer a mach where the heat load of a hot
stream is greater than that of a cold in a cooling subproblem (Wongsri, 1990).

4. Residual Heat Load. euristics for this quantity have thus far

appeared in the literature. T \ v _are introduced.

heuristics N.1;
residual heat load is less

mgsri, 1990).

Heuristic N3t

than or equal to the

For a match i the heat load preference
or heuristics N.2;
e residual heat load is less

than or equal to the mini pooling Te ment, (Wongsri, 1990).

The reason behind theal OV henristics N3 and N4 is that the residual
may be matched t lity of eliminating two

streams at once.

n4 MeIR AN TNENS

HEN syfithesis is usually cog,mdered as a combinatorial matchlng problem.
TR NIRRT NG
structural property, we need to look beyond the match level to a higher level where
such a property exists, e.g. to a match structure or match pattern. Match patterns
are the descriptions of the match configuration of two, and possibly more, process
streams and their properties that are thermally connected with heat exchangers.
Not only the match description, e.g. heat duty of an exchanger and inlet and
outlet temperatures is required but also the position of a match, e.g. upstream or

downstream, the magnitude of the residual heat load and the heat capacity flow
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rates between a pair of matched streams.

By using the ’tick off rule’ there are four match patterns for a pair of
hot and cold streams according to the match position and the length (heat load)
of streams. The four patterns are considered to the basic match pattern classes.
The members of these classes are the patterns where other configurations and

properties are specified. The four mat W’cern classes are simply called A, B,
rure. md 3.7 respectively. Any eligible

@ classes.

match must belong to ong.ofthe fouranat

--"‘"’ .

Definition 3.2 Cla B Match ern: The hm load of a hot stream is

greater than tﬁhij oad-ef a_cold st, e%{ a}je i,e. the cold stream is
totally service tg m ij ﬂeﬂ rﬁoﬁhe hot stream. The
residual heat load is on the cold potrtion of the ket stream. (See.Figure 3.2)

QRIAN AU AN T91H .

heat load of the hot stream is greater than that of the cold stream. This is an
upstream match. For a cooling subproblem, a Class B match is favored, because
it leaves a hot process stream at the cold end (Heuristic N2) and also follows the

pinch heuristics. (See Table 3.3)

Definition 3.3 Class C Match Pattern: The heat load of a hot stream is
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greater than the heat load of a cold stream in a pattern, i.e. the cold stream is
totally serviced. The match is positioned at the cold end of the hot stream. The
residual heat load is on the hot portion of the hot stream. (See Figure 3.3)

A match of this class is a first type match; a cold end match and the

heat load of the hot stream is greater than that of the cold stream. This is a

downstream match. (See Table 3.4 \ ’ //

downstream match. (See

ﬁd s, 'L"
When the residual hea m in.a

stream, it is closed or compl%@%@ -

pattern. It can be seen that

minimum heating or*€60

“ t‘.
* y f** '
heat load of the cold s g‘? ater ] ana

da-u !

e eat load of a cold stream is

a.a Da tern i.e. the hot stream is
> , end of the cold stream. The
\ stream. (See Figure 3.4)

\\.

hot end match and the

of the hot stream. This is a

5
1
L]

]
1

attern is matched to a utility
wise, it is an open or incomplete

sidtial stream is less than the

—d

ances that the match pattern

will be matched to a 1' lity stream 1s high. So we glvﬂ match pattern which its

residual less th

match pattern

AL ekl B

‘-MW NIt llW]'J\ V»Eﬂ@«%l

N\
A e @

To other exchangers L Aj
(To heater) « - A

(R)Residal N
S S

Figure 3.1: Class A Match Pattern.

/—\ Residual
&

A
To other exchangers l

Figure 3.3: Class C Match Pattern

) J
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MATCHPATTERNB MATCH PATTERN D
H {r) F .
Residual V H HE
[ ] + (To cooler) To other exchangers
To other exchangers A
c « ( ) (R ‘,n il

Figure 3.2: Class B Match Pa

A match of Clas SS @Wll@mdual at the hot end, while
a match of Class B or
N.4 will be use heuristicsat natches of Class A and B into

matches of high prio

utility.) v, ’ )

Subclass BK. A matg of this subclass is a member o&lass B, a cooling problem

where the remﬁlu wﬁﬂ wﬂ ﬂdﬁnng requirement. (A
letter K in the gubclass name denotes hat e residual 1s matched to a cooling
RN ﬁ\'iﬂ'im UNIINYAY

Aqs it might be expected, we give a match of subclasses AH in a heating

subproblem and BK in a cooling subproblem the highest priorities. See Table 3.4.

We further discriminate match patterns according to heat capacity flow
rate. By following pinch heuristics, in a heating problem, we prefer a match where
the heat capacity flowrate of a cold stream is greater than or equal to that of a

hot stream. For example, A[HJH is a match in which the heat capacity flowrate
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of the cold stream is greater than that of the hot stream and the residual of the

cold stream is matched to the heating utility.

Similarly in a cooling problem, we prefer a match where the heat capacity
flowrate of the hot stream is greater than or equal to that of the cold stream.
For example, B[C]K is a match in which the heat capacity flowrate of the hot
is matched to the cooling utility. . -

nkiugs of the mateh patterns in a heating problem are

AH, A[H], B[C], A[C]. B i D¢ O and D[H]. For a cooling problem,

stream is greater than that of the, ¢t ceaim and the residual of the hot stream

AULINENINYINT
ARIAATAUNNIING A Y
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Table 3.3 Match Pattern Operators of Class A and B

Match Operators Conditions Actions
Ti*= T Match H and C
L, <L Status of H <=Matched***
= T:ZTCS-'_ LH Wc—l TCSCTCS'F LH ng
Pattern AH L, - L, < QPetng L. < L. - L,
Ti=T¢ Match H and C
< L, Status of C «<=Matched
‘ W T, < T - Lw,!
Pattern BK S (LAeting L, <L, - L
Match H and C
Status of H <=Matched
L TS <Te+ L, w!
Pattern A[H] L. = L. - L,
Match Hand C
Status of C <= Matched
| Th =T - Lw,!
Pattern B[C] L, =L, - L

Match H and C
Status of H < Matched
TS <Te+ L, WSt

i

Pattern A[C] = L. =L - L
Match H and C
Status of C < Matched
heT - Lwy!
Pattern L, <L, - L

N ;‘:?dmm\ﬁ“r’l ”é:m:ﬁ‘lﬁ“ﬁ il

faleie There are two statuses of process streams, ‘active’ and ‘matched’. This will exclude this stream

from a set of process streams to be selected next.
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Table 3.4 Match Pattern Operators of Class C and D

Match Operators Conditions Actions
Tts T Match H and C
H=Tc Status of C < Matched
LH<>LC T, <T, - LLw;?
Pattern C[H] Wy < We Ly =L - L
. Match Hand C
H= 'c Status of H«< Matched
AW/ s
Pattern D[C] O L=k Ly
‘h—_}

. Match H and C
Status of C «<=Matched
T, <T, - Lew,?
Pattern C[C] = L, =L, - L

1,

Pattern D[H]

** Cold stream temperatIﬂes aresshift

*** There are two stafuse

from a set of process strean

Match H and C
Status of H < Matched
T <Td+ L, Wt

=L L,

I :
001N [ ek,
The define h patter e‘use imeug’u]an\:éhes, the split matches,

the one to many stream matches anl the special«ase matches. Thése match patterns
are us@ %é@sﬂaﬂj@@é NI&&\Q} agmrﬂa’taha)%ors are match
patterns %f two stream matches which require no splitting or any other qualification
beside the descriptions of the patterns.

Regular match patterns and the testing conditions for Class A, B, C and D with
[H] and [C] subclass characters are shown in Table 3.3 and 3.4.
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3.2.4.2 Stream Split Match Operators

Devising stream split match operators is not an easy task, since there are
few rules of how stream splitting can be done. Linnholf and Hindmarsh (1983) list
some observation rules for pinch matches when the splitting situation has been

realized from observing the population and the heat capacity flow rate constraints.

with this type of problem 1 eems reasonable is that the

number of splits be mi

1. Population constramt. W, ,_,_‘ ises when the number of hot streams

is greater than the n

versa in a coohng sub mW !"\"

s 11 a heating subproblem and vice

nd Hindmarsh, 1983).

2. Heat capaczty ow rate constraint. 1V ferent conditions indicate the
’ !

need for streamEht o ‘ m

) In a hot side, the, heat capacity flow rate of the hot stream is larger

o S S I TN S T EI RS ot et

is greater Hlan the supply temperature oahe hot StreaI&J (otherwise, the

ARIRINITU NN NB PR o

ha\ﬂng to be split).

(b) For a cold side, the heat capacity flow rate of the cold stream is larger
than that of the hot stream, and the target temperature of the hot stream
is lower than the supply temperature of the cold stream, (otherwise, the
cold stream can be matched to the hot stream at cold end position without

having to be split).
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It should be noted here that the heat capacity flow rate difference bound,

e.g. for a hot side, for all pinch matches,

NC NH Nmatches
> Wei=> Why< Y Wer — Wi (1)
i 7 k
suggested by Linnholf and Hind is not necessarily a real constraint for

splitting because one may find a njafch at the opposing position from the
pinch where the heat-ca acity ; aint is reversed. For example,
——

in a hot side, for a inatel position, the heat capacity flow

{ the cold stream is favored.

This match choice®fterS mateh opportunity when starting a match at pinch
is not possible prowid of thé target tou ature of the cold stream must
be less than that offthg e ‘ -

There is still ang saint that willresult in stream splitting besides

€ cases.

3. Temperature constraint split match. The situation arises

when there is o1 ’"‘”!”"?_"""‘"‘ﬁ“ other streams based
on the tempera ‘ e Co S 'eﬁ must be split otherwise,

an unnecessary cooling or heating utility stream has to be matched to those
L

constrairﬂ ﬁﬂ‘sfj?m)ﬂugnﬁ “@81@]1@ there are two hot

streams whose target temperatures are lower than all of the supply temper-

¢
TR rreray e
mﬂ ed to the two Hot'stfeatns. |

The match pattern operators for these three cases are devised for the

following situations:

1. Split one stream into two streams to match with two opposing streams.

2. Split one stream into two streams to match with one opposing stream.
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Various splitting match patterns for these cases are shown in Table 3.5, 3.6
and 3.7. Each pattern in Table 3.5 and 3.6 is used for only a certain combination of
the population or heat capacity flow rate cases with subproblem types-heating or
cooling. For example, a pattern A2, shown in Table 3.5 (a), is for a heat capacity
flow rate case in a heating subproblem. However, the pattern C2, shown in Table

3.5 (c), for heat capacity flow rate asejin 9 hot side, can be used for a population

A value of hea j w rate of a stream ¢ superscripted by a star
( W) is an equivalent od 8 e end temperatures of stream ¢

A\
and stream j at a match st : e et by AT, in.
1. Class A match. For akoh at a d position and LH < LC. See

Table 3.5 (a), (b) and 3.6 '-a;% m:,

I —— 2 S i

V_""—"__’ ;ﬁ' _" (2)

m Tt — (T5 + &Tmm

= Wi = We Tt — (3)

s oo UEIAND T
q ﬁ%qﬁ;w YANaNEINe

TL —Tp

Wi = Wi{l +

3. Class C match. For a match at a cold end position and LH > LC. See
Table 3.5 (¢) and 3.6 (b), (c).

Th — (Tg + AT i)

W§ =We{l 6
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Th — (Tg + AT i)

Wg=Wg—-We (T5 + ATpm) — Th, (7)

4. Class D match. For a match at a hot end position and LH < LC. See Table
3.5 (e), (f) and 3.6 (f).

T — (TE + ATin)
(TE + ATn) — T4,

Wg=We — Wy

i 08 atterns oy
The two splitting mat \\\\\ of two streams are shown

. \{‘\lu this case. Other patterns
are irrelevant. Both pa v an be s \u\.\i\o side or cold side.
If the end tempegra florone \ n hot and cold streams where a

match is started is small, catl ‘be and conservatively, the value of a

However, match pa ore than, but it is unconcerned

about this researchi The person interestine can more stidy from the book ”Re-

)
e 1990.

|
i¥ |

silient Heat Exchange ‘;I;\

AULINENINYINT
AN TUNM NN Y
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Table 3.5 Splitting Match Pattern Operators

Match Operators Conditions Actions
® HCF in HSP
. T, =TS, TS, split H with W, =W, <> L,,, = L,
Ly <Ll +Le, Match split Hs to C1 and C2
|—H > Lc1 S ch Set stream conditions, e.g. status, temps, etc.
- - W, W, +W,,
Pattern A,
(b)
HCF in HSP

:

T 2Tep (Te
|_H = LCl + LCZ

Split H with a ratio of [W_, :W/,]
Match split Hs to C1 and C2

Set.stream conditions, e.g. status, temps, etc.

—o WH SW(; +Wc*2
Pattern A,
© HCF in HSP '
POP in CSP 1L T SplitH with a ratio of (W, :W_,]

)

o G

W, =W 4+Wey

Match split Hs to C1 and C2

Set stream conditions, e.g. status, temps, etc.

Pattern C,
(d) . — . . . e
POP in CSP T: ZTCtl, Téz : Split H with a ratio of [w,, :W,]
4 | N o— s T Match split Hs to C1 and C2
H = Lc1 i ch i "
Set stream conditions, e.g. status, temps, etc.
WH ZW(;cl +Wgz
Pattern B,
(e)
TEM in CSP

]

S t t
TH > TCl' TCZ

Split H with w,, =W, <> L,, = L,

L <Le+Lle, Match split Hs to C1 and C2
L, > Ly < Ley Set stream conditions, e.g. status, temps, etc.
37 g e Werz W W
Pattern D,
v i Split H with a ratio of [W", :W~
TEM in CSP T; ZTél; Tctz ph with a ratio o [Vle'WHZ]
£ | N\ L Match split Hs to C1 and C2
< +
n<letle Set stream conditions, e.g. status, temps, etc.
- Wi, ZWC*l +Wc*2

Pattern D,

Note: HCF = Heat capacity flowrate case, POP = Population case, TEM = Temperature constraint case

, HSP = Heating subproblem, CSP = Cooling subproblem
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Table 3.6 Splitting Match Pattern Operators

Match Operators Conditions Actions
(a) .
POP in HSP TY,, T, =TS Split C with a ratio of W, W]

—

Ly + Ly, < Le

Wiy + Wiy, <W

Match split Cs to H1 and H2

Set stream conditions, e.g. status, temps, etc.

Pattern AZ
® TEM in HSF
mn t t S - .
—T_ THl’ TH2 ZTC Sp|ItCWIth LC1:LH1
—® L+ Ly, > L Match split Cs to H1 and H2
Bl < Set stream conditions, e.g. status, temps, etc.
. WAL, W
Pattern C?
(c) i l
: TEMin ST o S AT, > 4 Split € with a ratio of W, 1]
—® A Match split Cs to H1 and H2
Ll s>ke y P

Pattern C2

Wy i+ Wiy =W

Set stream condition, e.g. status, temps, etc.

(d)
HCF in CSP

| o—

3
¥

TS

H14

S iy F
o > Torag

L L, =Ly

1 Split Cwith L, =L,
Match split Cs to H1 and H2

~ Set tream condition, e.g. status, temps, etc.

I_H2 Z LHl < LC
. Wiy Wy, W,
Pattern B
(©) HCF in CSP
" I, T5,>T. Split C with a ratio of [W,", :W,’,]
o Match split Cs to H1 and H2
LHl + LH2 2 LC p

Wy £ Wi, 2We

Set stream condition, e.g. status, temps, etc.

Pattern B’
(f HCF in CSP Sulit © with a ratio of - -wi°
POP in HSP s s t plit C with a ratio o ‘W,
mn TH1' THZ ZTC Wy, tW,, ]
| Match split Cs to H1 and H2
LHl + LHZ < Lc

Pattern D?

Wiy + Wy, 2We

Set stream condition, e.g. status, temps, etc.
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Table 3.7 Splitting Match Pattern Operators

Match Operators Conditions Actions
HCF TS >T!
HL™—C Split C with a ratio of W, :W.,]
‘ -~ L, <L Match split Cs to H1 and H2
\ / W, <W, Set stream conditions, e.g. status, temps, etc.
Pattern D,,,
HCF t s
T, >T . .
H1 aal Split Cwith L, =1L,
- I ENGe LN Match split Cs to H1 and H2
W < W3 Set:stream conditions, e.g. status, temps, etc.
Pattern C'/?

3.2.5 DisturbancePropagation Design Method

In order for a“stream/to be resilxirent with a specified disturbance load, the
disturbance load must be transferred to heﬁt sinks or heat sources within the network.
With the use of the heuristi¢: To generaté:,' a":heat exchanger network featuring the
minimum number of heat transfer units, Ie_tl-,_-éag:._h match eliminate at lease one of the
two streams. T

We can see that.in a match of two heéf—load variable streams, the variation in
heat load of the smaller stream S1 will cause a variation to the residual of the larger
stream S2 by the same degree: in effect the disturbance load of S1 is shifted to the
residual of S2. If the residual stream S2 is matched to S3 which has larger heat load,
the same situation will happen. The combined disturbance load of S1 and S2 will
cause the variation in the heat load to the residual S3. Hence, it is easy to see that the
disturbance ‘foad ifi residual “'S34is the combination ‘of  its own isturbance load and
those obtained from S1 and S2. Or, if S2 is matched to a smaller heat load stream S4,
the new disturbance load of residual S2 will be the sum of the disturbance loads of S1
and S4. Form this observation, in order to be resilient, a smaller process stream with
specified disturbance load must be matched to a larger stream that can tolerate its
disturbance. In other words, the propagated disturbance will not overshoot the target

temperature of the larger process stream.
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propagated disturbance will not overshoot the target temperature of the larger

process stream.

However, the amount of disturbance load that can be shifted from one
stream to another depends upon the type of match patterns and the residual

heat load. Hence, in design we must choose a pattern that yields the maximum

resiliency. We can state that the lie: y irement for a match pattern selec-

tion is that the entire distu Lsifialler heat load stream must be
i d.

tolerated by a residual s bherw wemperawre of the smaller

stream will fluctuate by ‘ ' bance.  Of course, the propagated

disturbance will be fina ers. In short, the minimum

By choosing the dition for the design, the new
input temperature of a res ua design condition according to the
propagated disturbance. The urbance will proportionally cause

Definition 3.5 Propa%ated Disturbance. The propagated disturbance of a
F-9 L

stream is the Cﬁ!.ﬁaﬁ %umdﬁ W?Wj i t of 'up-path’ streams
ched.

to which such agtream is mat Only a residual stream will have a propagated

¢
disturb cﬁ‘hj 1t]rﬁ1mﬂm iﬁ éﬁahe sum of its
own diﬁ ance (E}; d opa, dnois rba ET;]Z gtite 3.5 and 3.6.
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A Match of H and C
o T1 m—h— T2

iy | ~-— T2
==

axD1,+D2;

Flgﬂ 8an %m SNEIANT.
B )sfyad ﬁ@mgﬂﬂﬁtqf} wlﬁqaﬁvﬂbe subjected

to variatibn in heat load if it is matched to a stream with disturbance. Another
design consideration is that the disturbance load travel path should be as short as
possible, i.e. the lease number of streams involved. Otherwise, the accumulated
disturbance will be at high level. From the control point of view, it is difficult
to achieve good control if the order of the process and the transportation lag are
high. From the design viewpoint, are may not find heat sinks or sources that can

handle the large amount of propagated disturbance (Wongsri, 1990).
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3.2.6 Synthesis Procedures

A procedure of HEN synthesis by using math operators and a notion of a

design state can be carried in step as follow:

1. Push the match operators to a stack in proper order. This is a beginning of

a new state.

2. While there is an operat on l/?/

taﬁte on process streams.

streams in to a se ew design state (the first
step).

3. If there are only hot t in the set of stream, a solu-
tion is found. If there can be found by backtracking
to the previous states t I"operators in those states

4. If no matche-' oL back track to a previous
stare to try ar what state. (Go to Step 2
in the previous loop.) It is a recursive procedurmwre. If a math still could

not be fou ﬁd bacl&v&k ﬁamt o thém re rev10us

he abme sequences represent a oo of one’le&gn state A total gener-

p’i WIRITIAETINena e

3.3 Plantw1de Control

A typical chemical plant flowsheet has a mixture of multiple units con-
nected both in series and parallel that consist of reaction sections, separation
sections and heat exchanger network. Therefore, Plantwide Process Control in-
volves the system and strategies required to control entire plant consisting of many

interconnected unit operations.
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3.3.1 Integrated Process

Figure 3.7 shows integrated process flowsheet. Three basic features of
integrated chemical process lie at the root of our need to consider the entire plant’s
control system: the effect of material recycle, the effect of energy integration, and

the need to account for chemical component inventories.

"

3.3.1.1 Mateﬂl Recycles

M“efﬁi‘dﬁﬁ% BN AN

1. Increase conversion. For' chemical pgocesses involving reversible reac-
tions, cavwo%azé&ﬁsﬁ Wi‘%ﬁ:’a@ m%’@c@aﬁc equilibrium
constrain%s. Therefore the reactor efluent by necessity contains both reactants
and products. Separation and recycle of reactants are essential if the process is

to be economically viable.

2. Improve economics. In most systems it is simply cheaper to build a
reactor with incomplete conversion and recycle reactants than it is to reach the

necessary conversion level in one reactor or several in series. A reactor followed by
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a stripping column with recycle is cheaper than one large reactor or three reactors

n series.

3. Improve yields. In reaction system such as A — B — C, where B is the
desired product, the per-pass conversion of A must be kept low to avoid producing

too much of the undesirable product C. Therefore the concentration of B is kept

.,

fairly low in the reactor and a la f A is required.

4. Provide therma ctors and in reactors where

caction is absorbed by the

> excess material in the stream

ong-of the reactants is often

used so that the concgntration o J{ low. If this limiting
reactant is not kept ifﬂlow : ould r%t to produce undesirable

products. Therefore thq-rgmtant that is&y excess must be separated from the

product Compfﬂ ‘uﬁh’g 9'['081%35 WE]{} ﬂﬁed back to the reac-
Q b @pnpirhica mm& AN AR orerin o

monomer is limited to achieve the desired polymer properties. These include av-
erage molecular weight, molecular weight distribution, degree of branching, par-
ticle size, etc. Another reason for limiting conversion to polymer is to control the
increase in viscosity that is typical of polymer solutions. This facilitates reactor

agitation and heat removal and allows the material to be further processed.
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3.3.1.2 Energy Integration

The fundamental reason for the use of energy integration is to improve
the thermodynamics efficiency of the process. This translates into a reduction in

utility cost.

3.3.1.3 Chemical Comp Inventories

In chemical process nt’s chemical species into three

types: reactants, produ o1t @)lem usually arises when we

consider reactants (becaus and aceount for their inventories within

consumed or leave as Impiiri purg i Becaus heir value so we prevent

reactants from leavi ™ eNSU at every mole of reactant

together with recyc 'v;;:::::::::: --------------------- 'almost like a pure inte-
grator in terms of rea@m’cs. 18 ﬁ into the system without

changing reactor conditigarg to consume the’reactants, this component will build

up gradually ‘ﬂwulﬁ})@twcﬂsw ﬁ% Hﬂtﬂeﬁje the system.
22 AR NN ING A Y

Most real processes contain recycle streams. In this case the plantwide
control problem becomes much more complex. Two basic effect of recycle is:
Recycle has an impact on the dynamics of the process. The overall time constant
can be much different than the sum of the time constants of the time constants
of the individual units. Recycle leads to the "snowball” effect. A small change in

throughput or feed composition can lead to a large change in steady-state recycle
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stream fHowrates.

Snowball Effect: Snowball effect is high sensitivity of the recycle flow
rates to small disturbances. When feed conditions are not very different, recycle
flow rates increase drastically, usually over a considerable period of time. Often the
equipment cannot handle such a large load. It is a steady-state phenomenon but

Wbamce propagation and for inventory

it does have dynamic implications

control.

The large swings+ fowrates irable in plant because they
can overload the capaci r.move the separation section into
a flow region below its fore 1t is important to select a

Stepl: Establish contr objet Ve -~
TR\
Assess the steagd | d

This is probably rﬁrﬁ*“ﬁ
control objectives leadmy different contro

1t¥0l objects for the process.
FBroblem because different
uctures. ﬂe ”best” control structure

for a plant depends upon’ the design and eentrol criteria established.

AUBINENINEING

These oBjectives include reactor and separation yields, product quality
=9

specifi m t Qrfif m‘ Wﬁl ﬂﬁuﬁ)ﬂental restric-
tions, ;ﬂ the range of safe (Ee atl é?lrlldltions.

Step 2: Determine control degrees of freedom

This is the number of degrees of freedom for control, i.e., the number of
variables that can be controlled to set point. The placement of these control valves
can sometimes be made to improve dynamic performance, but often there is no

choice in their location.
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Most of these valves will be used to achieve basic regulatory control of
the process: set production rate, maintain gas and liquid inventories, control
product qualities, and avoid safety and environmental constraints. Any valves that
remain after these vital tasks have been accomplished can be utilized to enhance
steady-state economic objectives or dynamic controllability (e.g. minimizes energy

)-

consumption, maximize yield, or rej isturbances

DTO agate throughout the pro-

ystem

\ v o functions.
exothermlc heats of reaction

1 ies directly at the reactor,

other unit operations. This

heat, however, must tltims & aited to utilities.

2. If heat integration:does occ r Between | 55 gtreams, then the second

function of en¢rgy oiitrol system that prevents

the propagationﬂ thermal disturban and en@re the exothermic reactor
heat is dissipated and.not recycled. Rrocess-to-process heat exchangers and

neat ine bl S P IIBIVAT P AFY Fotermine tiat there

are sufﬁcug'lt degrees of freedgm for control

AL b AADELE s

thermal runaways In endothermic reactions, failure to add enough heat simply
results in the reaction slowing up. If the exothermic reactor is running adiabat-
ically, the control system must prevent excessive temperature rise through the

reactor.

Heat integration of a distillation column with other columns or with reac-

tors is widely used in chemical plants to reduce energy consumption. While these
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designs look great in terms of steady-state economics, they can lead to complex
dynamic behavior and poor performance due to recycling of disturbances. If not
already included in the design, trim heater/cooler or heat exchanger bypass line
must be added to prevent this. Energy disturbances should be transferred to the
plant utility system whenever possible to remove this source of variability from

the process units.

Step 4: Set production

Establish the vaui ctivity of the reactor and

determine the most aj production rate. To ob-
tain higher production reaction rates. This can be
accomplished by raising ant concentrations, increas-
ing reactor holdup, or i ‘he variable we select must be

dominant for the reactor

We often want to se the least effect on the separation

section but also has a rapid action rate in the reactor without

hitting an operational constraini

Step 5: Control prmuct quality and handle saﬂty, operational, and

environmental constrﬁiﬁs L

s B ITEVANENNT i

select manipulated variables su

190 UNELAL L

It should be note that, since product quality considerations have become
more important, so it should be establish the product-quality loops first, before

the material balance control structure.

Step 6: Fix a flow in every recycle loop and control inventories

(pressure and level)
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In most process a flow controller should be present in all liquid recycle
loops. This is a simple and effective way to prevent potentially large changes in
recycle flows that can occur if all flows in the recycle loop are controlled by level.
We have to determine what valve should be used to control each inventory vari-
able. Inventories include all liquid levels (except for surge volume in certain liquid

recycle streams) and gas pressure inventory variable should be controlled

with the manipulate Variablr hat est effect on it within that unit

(Richardson rule).

Gas recycle loops sof at maximum circulation rate, as limited

Component bala . in process with recycle

U

integrating effect. We must identify the specific mecha-

i m&m mmmm e
QRARIA TR AFALINE e ot

streams Because of the yield loss and the desired product purity specification.

streams because of the

Hence we are limited to the use of two methods: consuming the reactants by
reaction or adjusting their fresh feed flow. The purge rate is adjusted to control the
inert composition in the recycle stream so that an economic balance is maintained

between capital and operating costs.

Step 8: Control individual unit operations
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Establish the control loops necessary to operate each of the individual unit
operations. A tubular reactor usually requires control of inlet temperature. High-
temperature endothermic reactions typically have a control system to adjust the

fuel flowrate to a furnace supplying energy to the reactor.

Step 9: Optimize economics or improve dynamic controllability

and setpoints in some coO : \ These can be used either

to optimize steady-state rocess mance (e.g. minimize energy,

\

3.4 Control o 5 Exchangers

Process-to-process = are used for heat recover within a

process. We can control the tv yeratures provided we can indepen-

dently manipulate the tw gse flowrates are normally

unavailable for us :‘;

*‘«.‘,ﬁ two degrees of freedom
fairly easily. It is possﬁe to ove aﬁgﬂ and provides a controlled

bypass around it as in Fig 2@ a. It is possv to combine the P/P exchanger with

a utility exchaﬁexu fhjrig %bﬂ NIneIN

FHItU N1 WEI'] ¢
spgalininendt
-t S | Y gy

v v v
(a) (b)

Figure 3.8: Control of P/P heat exchangers: (a) use of bypass; (b) use of auxiliary

utility exchanger
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3.4.1 Use of Bypass Control

When the bypass method is used for unit operation control, we have several
choices about the bypass location and the control point. Figure 3.8(b) shows the
most common alternatives. For choosing the best option, it depends on how we

define the best. Design consideration might suggest, we measure and bypass on

the cold side since it is typical iye to install a measurement device

and a control valve for col igh-temperature service. Cost

3 | d . . .
w’co minimize the exchanger

consideration would als

and control valve sizes.

From a control the most important stream,

regardless of temperat de as well we control (see

Figure 3.9 a and c). f exchanger dynamics in the

mid d
of the controlled stream

loop. We should also 3 qg
since it improves the contro qui S a large heat exchanger. There

are several general heuristic gaice at exchanger bypass streams. We

typically want to bypass th —iﬂ’r e vhose temperature we want to
control. The bypas '{Jmﬁ=-'=--m=-:ﬁ==--fﬁiiﬁ--- 4 i the flow to be able to
handle disturbances. Hinall; 0 |' ler the fluid mechanics of

the bypass design for he pressure drops through t e control valves and heat

e ﬂUEﬂ?ﬂﬂ'ﬂiWﬂﬂﬂ‘i
’QW?@Nﬂ‘iﬂJ UAIINYAY
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Figure 3.9: Bypass co ‘oss-t0 PIC heat exchangers. (a) Control-
ling and bypassing hot { .t:-r gyelll \u\ stream and bypassing hot

stream; (c) controllingan g cold strean1; (d) controlling hot stream and

3.4.2 Use of Auxiliary Exchange

When the P 1.

Y )
g {9. ility exchanger, we also
have a few design deciSions to make. We must first

tablish the relative sizes
between the reecov; ‘di atidi f r Jdar dthe utility exchanger
small. This g%ﬁﬂ ;YLEJ}T;IO rﬁﬂ ﬂiﬂljthe least expensive
alternative from an investment stafidpoint. However, a narrow %dntrol range and

e B 8 bl chotle b b s

from a control standpoint.

Next, we must decide how to combine the utility exchanger with the P/P
exchanger. This could be done either in a series or parallel arrangement. Physical
implementation issues may dictate this choice but it could affect controllability.
Finally, we have to design hoe to control the utility exchanger for best overall

control performance. Consider a distillation column that uses a large amount of



49

high-pressure stream in its thermo siphon reboiler. To reduce operating costs we
would like to heat-integrate this column with the reactor. A practical way of
suggested. We can then use some or all of this stream to help reboil the column
by condensing the stream in the tubes of a stab-in reboiler. However, the total
heat from the reactor may not be enough to reboil the column, so the remaining

heat must come from the thermo sip reboiler that now serves as an auxiliary

reboiler. The column tray t er would manipulate the stream

to the thermo siphon reboi

3.5 Cascade

One of the mos IS in ady ed ontrol is cascade control.
A cascade control structure lers with the output of the
primary (or master) cont ing theisetpe \w of the secondary (or slave)

controller. The output secotudary: g Jes to the slave.

IEEEas S ‘
There are two purpos. ’aé?i ,43 ol: (1) to eliminate the effects of

Z_____ \

loop. m | Jﬂ

To illustrate the disturbance rejection effect, consider the distillation col-

umn reboiler. ﬂlf% Hh’} %“ﬂy‘} H‘%]i f]lﬂs‘g The pressure drop

over the controﬂlfalve will be large‘r, so the steam flow rate W&I increase. With

oo @A FRAANDIEIYE o v

steam floW rate increases the vapor boilup and the higher vapor rate begins to rise

some dlsturbances, and (2) to improve the dynamic-pe formance of the control

the temperature on tray. Thus the whole system is disturbed by a supply-steam

pressure change.
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Primary Controller

Figure 3.10: Ca h-column-reboiler

With the cascade control s cam flow controller will immediately

see the increase in stean D * steam valve to return
the steam flow rate {0 i7and the column are only

slightly affected by :I steam supply=pressure disturb ce.

Figure ﬂOﬂﬁ c‘a'o?(]rﬂ‘ %ﬁwm gébade control is used.

The reactor temperature cont ler is the primary controller; the jacket temper-
: ¢ ‘ Y ,
isolate(ay‘ d e ance i g- inlet tempera-

ture and supply pressure.



CHAPTER IV

PROCESS AND DESIGN

4.1 Process Description

The simplified flows %n this work is shown in Figure
4.1. In a typical TEP, ?
through a HEN after whi ;

Joule-Thomson (JT)

extremely low temperatures
vapor are separated in a low-

he LTS is flashed across a

additional cooling. The

vapor stream of the L TEP where temperature

is further reduced and t 2_:_ recompression. The liquid
generated by the expander i at o iquid separator (VLS). This
liquid as well as the JT va flet arc the top of the Demethanizer
Tower (DT) (a reboiled absorb%ﬁ b oduct of which is the ethane-rich

to help cooling of tt

gas) stream (rich in .' hane) leaving the HEN is parially compressed using the

energy releasedﬁlﬁ@‘pﬁd% ﬂ w ‘j w ﬂ '] ﬂ ‘j

Efficient heat integration in }he HEN, Wthh is used to pre -cool the feed to
oo QAR BN T B By o
the coolifig of the feed by matching it with the overhead (methane-rich) stream
and with the reboiler of the DT. The HEN also helps to maintain high ethane
recovery and high methane rejection in the bottoms of the DT. With respect to
TEP, the heat integration efficiency may be defined as the ability of the HEN to
achieve chilling of the natural-gas feed before entering the expander part of the
plant with minimum external cooling requirement. The HEN structure shown in

Figure 4.2 was among the alternative structures.
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—

Residue Gas
(methane)
A
Expander
Compressor - DT
Y

Matural Gas Heat Exchanger

Feed MNetwork (HEN)
Product
(ethane)

Figure 4.1: Simplified {6
Akman, 2005)

spander plant (Konukman and

Stream 24 Stream 22
-

Methane-rich
residue

Stream 13
to LTS

Stream 1
NGL FEED

Cold Utility - HO2 b
—————— ; f——— — — — ) — - —_——
' from tray 5
COLD -2 to tray 6
2

from reboiler

ICOL.D 4 tore iler

D
e
m
&3
1
h
a
n
i
z
&
r
|

9 "W'} NHED] AT TeRYL

Figure 4.2: The flowsheet of the HEN base case in the form of grid diagram.

4.2 Design of Heat Exchanger Networks

At this point, the heat exchanger network design method provided by

Wongsri (1990) is used to design the heat exchanger networks for natural gas
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expander plant. The design procedures and definitions from previous chapters
will be methods to design and compare with the preliminary stage of a process
design without energy integration. The Problem Table Method is applied to find
pinch temperature and reach maximum energy recovery (MER). The cost esti-

mated will be consequence to compare and choose the best network that more

optimal for the natural gas expande: ’7 The information for design is shown

in the following Table 4.1 /
=

Table 4.1: The informa naﬂ!ral 7 tider plant.
Stream Name ; | 1o ™ J/hr °C) | duty (MJ/hr)
H1:NGL Feed 3 5156, 9.25 31963
C1:Methane-rich residu -ﬂ'\ . i A 170.57 19215
C2:From tray 5 to tray 6 7 X 4.23 1500
C3:From tray 8 to tra .34 gy 7 41.85 1500
C3:Reboiler 7%;: W67 160.49 4735
I
In Table 4.1, there is no i__} v ure when we use pinch method,
which use the mini : 0 °C'. However, we can
find the minimum uts : J/hr of cold utilities.

0

Table 4.2: Progess stream data fo all alternatives

PEIN)| N Tl e

Y Nom |+ Max Mi Nom | Max | Min
PN ¥

’QJJE(;Q Ner | U 2109 BN Q2

L3 L ] - L BN BN N E LI ]

1 170.57 | -94.10 | -89.10 | -99.10 | 18.55 - -

C2 204.23 | -83.87 | -81.87 | -85.87 | -76.52 - -
C3 141.85 | -72.34 | -70.34 | -74.34 | -61.77 - -
C4 160.49 | -37.18 | -35.18 | -39.18 | -7.67 - -
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4.2.1 HEN Base Case

The HEN of base case was obtained from a task of Akman and Konukman,
2005. The flowsheet of the HEN base case in the form of grid diagram is shown
in Figure 4.2.

-51.56

-76.52

160.49

474458

fx@wm ATANTINIE TN g

B using synthesis procedure that provided by Wongsri (1990), we can

receive the resilient network from the synthesis tables as following Table 4.3.



Table 4.3: Synthesis Table for Alternative 1

Stream Load W T1 T2 D1 D2 Action
a) State 1

H1 | 30204.18 | 370.32 | 30.00 | -51.56 | 3703.25 | 0.00 | Selected B[C]
C1 | 18465.11 | 171.53 | 18.55 | -89.10 | 0.00 | 1715.30 |  Selected
C2 | 1091.54 | 204.23 | -76.52 | 8187, | 000 | 816.93

03 | 1216.30 | 141.85 | - 0 | 567.40

C4 | 4422.95 | 160.8 -35.1 | 643.27

b) State 2 ——

H1 20971.62 | 37 51. 0.00 | Selected B[C]
Cl | 923256 | 17 8910 15.30

C2 | 109154 | 204 1 816.93

c3 | 121630 | 141 % L7 7.40

Ce | 442295 | 1600824 f.67 1035 43.27 | Selected
c) State 3 ‘ :'

HI | 15905.41 | 370.324" -8i6L- -51. 0.00 | Selected B[C]
Cl | 9232.56 | 171.53 | - 7 0 | 171530 |  Selected
c2 | 109154 | 6193

C3 | 1216.30 40

d) State 4

H1 | 495756 | 370826-38.17 | -51.562/6061.81 | 0.00 | Selected BK
= TP I R NG N

C3 | 121630 | 141.85 | 6177 4-70.34 | 000 | 567.40 o Selected
Iy | AR
H1 [ 3173.86 | 370.32 | -42.99 | -51.56 | 6629.21 | 0.00 | Selected BK
C2 | 1091.54 | 204.23 | -76.52 | -81.87 | 0.00 | 816.93 |  Selected
f) State 6

H1 | 1265.39 | 370.32 | -48.14 | -51.56 | 7446.14 | 0.00 | To Cooler

95
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4.2.3 HEN Alternative 2

In previous chapter, the Alternative 2 can be written a simply heat ex-

changer network as following: See Figure 4.4.

There are five streams in the network. We can find the minimum utility

\ wwclhtles
92 /““37 98

requirements which equal 4988

HI 35.00 fi'\ 8.98

369.25
4988
18.55 94,10
- C1
p—y
- 170.57
-76.52 838 ]
< 2
204.23]
6177 -72.34
< 3
141.85
7.67 -37.18
< c4
160.49

Figure 4.4: The'l Al ative 2, HEN-2

By using synt%is proc ded @ Wongsri (1990), we can
receive the resilient netv%prk from the synt{lfsas tables as following Table 4.4.

s@ummmw gIng
A

H1 30204.18 | 370.32 | 30.00 | -51.56 | 3703.25 0.00 Selected B[C]
C1 18465.11 | 171.53 | 18.55 | -89.10 0.00 1715.30 Selected

C2 1091.54 | 204.23 | -76.52 | -81.87 0.00 816.93

C3 1216.30 | 141.85 | -61.77 | -70.34 0.00 567.40

C4 442295 | 160.82 | -7.67 | -35.18 0.00 643.27
b) State 2
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H1 | 20971.62 | 370.32 | 5.07 |-51.56 | 3703.25 | 0.00 | Selected B[C]
Cl | 923256 | 171.53 | -35.27 | -89.10 | 0.00 | 1715.30
02 | 1091.54 | 204.23 | -76.52 | -81.87 | 0.00 | 816.93
03 | 1216.30 | 141.85 | -61.77 | -70.34 | 0.00 | 567.40
C4 | 4422.95 | 160.82 | -7.67 | -35.18 | 0.00 | 643.27 | Selected
c) State 3 ,
H1 | 15905.41 | 370. .61 | 51560534651 | 0.00 | Selected B[C]
Cl | 9232.56 | 170.534-35.27 | 289. 171530 | Selected
02 | 1091.54 . ) | 8187 L 000%™ 816.93
03 | 1216.30 . 77 | Yrou 567.40
d) State 4 4 {: ‘ »
H1 | 4957.56 . 1% =l.5 . 0.00 | Selected BK
c2 | 109154 | 20823 652 | 816.93 |  Selected
C3 | 1216.30 | 14185 o177 | 0.8 . 567.40
e) State 5 _-_-J‘Effil
HI | 3049.00 | 370.32 | %4333 | 5 878.74 | 0.00 | Selected BK
C3 | 121630 | 1418516147 | - 56740 | Selected
f) State 6 —
HI | 1265.39 : 4= 0.00 To Cooler

2a el BERREN TNENT
QRN TOUHAITN G B o

changer fietwork as following: See Figure 4.5.

There are five streams in the network. We can find the minimum utility

requirements which equal 4988 MJ /hr of cold utilities.
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-51.56
/  221.98 ? \
35.00 N 285 -29.86 — -33.92 \-37.98
H1 1 4

369.25 147.27 N\

J &) &
4988
18.55 -94.10
-} \../ c1

-51.56
|

170.57
19322.76

-76.52 -83.87
- = : c2

wh / 204.23

1500.00

61.77 -72.34
- c3

141.85

7.67 -37.18
- ca

160.49

Figure 4.5: ernative 3, HEN-3

By using synthesi

receive the resilient netwo : ? synthesis ables as following Table 4.5.

Y2
Firets N

Stream Load IDZ Action
a) State 1 = ‘
H1 | 30204.18 3]31’.35\ 05 " 0.00 Split

=
H11 18206.63 | 223.23 | 30.00 | -51.56 | 2232.26 0.00

Selected POP in CSP

Selected POP in CSP

H12 119&‘3‘;5’&] 107 wg ﬂ? @98°7) 065
C1 1846%1%%5‘ 18.55 | -89.1 ﬂ})ﬁ' 715,30

Selected
|
C2 mwaw% 7652, tﬁéﬁn@v a0l
3 12163091 11 85! | G104 &6 341 To.60 010
C4 4422.95 | 160.82 | -7.67 | -35.18 | 0.00 | 643.27 Selected

b) State 2

H1 4957.56 | 370.32 | -38.17 | -51.56 | 6061.81 0.00

Selected BK

H11 -1973.78 | 223.23 | -60.40 | -51.56 | 3947.56 0.00

Combined

H12 6931.34 | 147.10 | -4.44 | -51.56 | 2114.25 0.00

Combined

C1

Matched to H11

C2 1091.54 | 204.23 | -76.52 | -81.87 0.00 816.93
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C3 1216.30 | 141.85 | -61.77 | -70.34 |  0.00 567.40 Selected
C4 Matched to H12
c) State 3
H1 3173.86 | 370.32 | -42.99 | -51.56 | 6629.21 | 0.00 Selected BK
C2 1091.54 | 204.23 | -76.52 | -81.87 |  0.00 816.93 Selected
d) State 4 |
H1 1265.39 0.00 To Cooler

4.2.5 HEN Alt

In previous chapter Iternative Written a simply heat ex-

changer network as follo

35.00 = h 7.98 -51.56
H1 ,
369.25 &
4988
18.55 ﬂ i
-+ - c1
=S o
‘ ‘ Y-
= AUHININIAYING -
' c2
1] 204.23
¢ g a/
7.67 ~ .37.18
N PRl
4744.58

Figure 4.6: The heat exchanger network of Alternative 4, HEN-4

By using synthesis procedure that provided by Wongsri (1990), we can

receive the resilient network from the synthesis tables as following Table 4.6.
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Table 4.6: Synthesis Table for Alternative 4

Stream Load W T1 T2 D1 D2 Action
a) State 1
H1 | 30204.18 | 370.32 | 30.00 | -51.56 | 3703.25 | 0.00 Split
H11 | 18206.63 | 223.23 | 30.00 | -51.56 | 2232.26 | 0.00 | Selected POP in CSP
H12 | 11997.55 | 147.10 | 30.00 | %156, | 1470.98 | 0.00 | Selected POP in CSP
Cl | 18465.11 | 171.53 | 18 | #1000 | 1715.30 Selected
C2 | 1091.54 | 204.23 -81.8 | 816.93
C3 | 1216.30 | 141 7| -70.34 104 567.40
C4 | 442295 | 16 67/ L35, O af643.27 Selected
b) State 2 =
H1 | 4957.56 | 370 1 5156 |\606 0.00 | Selected BK
Hil | -1973.78 : {5156 .00 Combined
H12 | 6931.34 | 147104 444 1 - . 0.00 Combined
C1 el Matched to H11
C2 1091.54 | 204.23 816.93 Selected
C3 | 1216.30 | 141.85 _ 0 | 567.40
C4 - : ] Matched to H12
c) State 3
H1 | 3049.09 |370.32 | -43.33 | -51. 878.74 iﬂo.oo Selected BK
C3 | 121630 | 14185eu-61.77 | -70.340 0.00 | 567.40 Selected
vt FUBINEINE Y
H1 1265. 370.32 | -48. IQ 744&14 0.00 To Cooler
ChiN mmmmwv g1

4.2.6 qHEN Alternative 5

In previous chapter, the Alternative 5 can be written a simply heat ex-

changer network as following: See Figure 4.7.

There are five streams in the network. We can find the minimum utility

requirements which equal 4988 MJ /hr of cold utilities.



61

35.00 L~ 898 384 o~ 703392 3798 -51.56
HI 1 @ ©) 3 5 \®‘—>
369.25
3777

18.55

-94.10I |
A} O, Cci
‘ 170.57

)
_ ]
Figure 4.7: T/ Aok “ dternative 5, HEN-5

By using synthesi \ " Joe Wongsri (1990), we can
receive the resilient nétw : e S ! following Table 4.7.

Stream Action

a) State 1
H1 Selected B[C]
C1 ‘ 715.30 Selected
C2 1091.54 0.00 Im 816.93
C3 1216.30 | 141,85 | -61.77 —7089 0.00 567.40
o1 | admos ) eo'sd (Vb 115 38|\ oo | [Tz

Y
b) State 2 ¢ - ,
) P RN £ TATI A BT v
NI 1T U0 =
Cl %] 9232.56 | 171.53 | -35.27 | -89.10 0.00 1715.30
C2 1091.54 | 204.23 | -76.52 | -81.87 0.00 816.93
C3 1216.30 | 141.85 | -61.77 | -70.34 0.00 567.40
C4 4422.95 | 160.82 | -7.67 | -35.18 0.00 643.27 Selected

c) State 3
H1 15905.41 | 370.32 | -8.61 | -51.56 | 4346.51 0.00 Selected B[C]
C1 9232.56 | 171.53 | -35.27 | -89.10 0.00 1715.30
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C2 1091.54 | 204.23 | -76.52 | -81.87 0.00 816.93
C3 1216.30 | 141.85 | -61.77 | -70.34 0.00 567.40 Selected
d) State 4
H1 14121.71 | 370.32 | -13.43 | -51.56 | 4913.92 0.00 Selected B[C]
C1 9232.56 | 171.53 | -35.27 | -89.10 0.00 1715.30 Selected
C2 1091.54 | 204.23 ‘—7 0.00 816.93
e) State 5
Hi1 3173.86 | 370.. = 9 *51. ? 0.00 Selected BK
C2 1091.54 ‘ 00" 816.93 Selected
f) State 6
H1 1265.39 = 0.00 To Cooler
4.2.7 HEN Alt ﬁ_;d
DA
In previous chapte [T can be written a simply heat ex-
changer network as following: Se 7,1_3@

There are fi
requirements which ecEal 4

d the minimum utility

-37.98 @ -51.56
3 4988

1855 31m 94.10
- & ! ) P C1
76. ST
- _J
J\ 1500.00 s
g 7234
6177 O -
it 141.85
7.67 e 3718
E v Te0a0] <F
4744.58 :

Figure 4.8: The heat exchanger network of Alternative 6, HEN-6
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By using synthesis procedure that provided by Wongsri (1990), we can

receive the resilient network from the synthesis tables as following Table 4.8.

Table 4.8: Synthesis Table for Alternative 6

Stream Load w T1 T2 D1 D2 Action
a) State 1

H1 | 30204.18 | 370.32 | 3 03.25 | 0.00 | Selected B[C]

C1 | 18465.11 | 171.53 ) ' 171530 | Selected

C2 | 109154 | 20423776353 | -3 87 816.93

C3 | 121630 | 141.8 7038 | 0005 | 567.40

C4 | 4422.95 | 160. 331 643.27
b) State 2 é‘t“*

H1 | 20971.62 | 370.3 . 5186 4 00 | Selected B[C]

Cl | 923256 | 17 o7 [0 715.30

C2 | 109154 | 204. 659} 51 816.93

C3 | 121630 | 141.85 JL6177 70 567.40

C4 | 442295 | 160.82 | -7.67 | -3 .00 | 643.27 |  Selected
c) State 3 - \

H1 15905.41 | ‘ 0 | Selected B[C]

Cl | 923256 1; 53 | - | ]ﬁ15.30

C2 | 109154 | 20423 | 7652 ‘ 8187 0.00 | 816.93

C3 121(ﬂ) 5 |- E ﬂ(ﬁ | N ﬂ Selected
d) State 4 lq:’l o lﬁ

A?ﬁ 1 Op0y Selocted B[C]
'og:v 171530 1

C2 | 1091.54 | 204.23 | -76.52 | -81.87 | 0.00 | 816.93 | Selected
e) State 5

H1 | 12213.25 | 370.32 | -18.58 | -51.56 | 5730.84 | 0.00 | Selected BK

C1 | 923256 | 171.53 | -35.27 | -89.10 | 0.00 | 1715.30 |  Selected
f) State 6

H1 | 1265.39 | 370.32 | -48.14 | -51.56 | 7446.14 | 0.00 | To Cooler
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4.2.8 HEN Alternative 7

In previous chapter, the Alternative 7 can be written a simply heat ex-

changer network as following: See Figure 4.9.

There are five streams in the network. We can find the minimum utility

requirements which equal 4988 ! wwclhtles

35.00 o 898 N34 ._k 7 -51.56
- 369.25 = - o St

4988
18.55 -94.10
< 1
S
- 170.57
-76.52 838 ]
< 2
204.23]
-6L.77 -72.34
< 3
141.85
7.67 -37.18
< c4
160.49

Figure 4.9: The'l Al ative 7, HEN-7

By using synt%is proc ded @ Wongsri (1990), we can
receive the resilient netv%prk from the synt{lfsas tables as following Table 4.9.

s@ummmw gng
e

H1 30204.18 | 370.32 | 30.00 | -51.56 | 3703.25 0.00 Selected B[C]
C1 18465.11 | 171.53 | 18.55 | -89.10 0.00 1715.30 Selected

C2 1091.54 | 204.23 | -76.52 | -81.87 0.00 816.93

C3 1216.30 | 141.85 | -61.77 | -70.34 0.00 567.40

C4 442295 | 160.82 | -7.67 | -35.18 0.00 643.27
b) State 2
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changer fietwork as following: See Figure 4.10.

There are five streams in the network. We can find the minimum utility

requirements which equal 4988 MJ /hr of cold utilities.

H1 | 20971.62 | 370.32 | 5.07 | -51.56 | 3703.25 | 0.00 | Selected B[C]
Cl | 923256 | 171.53 | -35.27 | -89.10 | 0.00 | 1715.30
C2 | 1091.54 | 204.23 | -76.52 | -81.87 | 0.00 | 816.93
C3 | 1216.30 | 141.85 | -61.77 | -70.34 | 0.00 | 567.40
C4 | 4422.95 | 160.82 | -7.67 | -35.18 | 0.00 | 643.27 Selected
c) State 3
H1 15905.41 | 370. 51| 0.00 | Selected B[C]
Cl | 923256 | 17L.23mne85.27 |#89. 1715.30
C2 1091.54 -8 007 816.93 Selected
C3 | 1216.30 70, 567.40
d) State 4 4 {: \
H1 | 13996.95 765 0.00 | Selected B[C]
Cl | 923256 | 1 el 171530 | Selected
C3 | 1216.30 | 141,85 6177 | - 567.40
e) State 5 _-_-J‘Effil
HI | 3049.00 | 370.32 | %4333 | 5 878.74 | 0.00 | Selected BK
C3 | 121630 | 1418516147 | - 36740 | Selected
f) State 6 —
H1 1265.39 0.00 To Cooler
9
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N 204.23
//
.5“{,17 -12.34 i
50000 TALAS
!. ——
.61 .-N 3118
h - 160.49)
47 :
Figure 4.10: The ang rnative 8, HEN-8
B o e :
y using synthe Tt ﬁ y Wongsri (1990), we can
“df‘-lf “m
receive the resilient netwo @l@'ﬁ' is tables as following Table 4.10.
Y \
J;ﬁ; T \
Table 4.10: Synthesis Table for-Altern
TR 7 .
Stream Load ‘ o . D2 Action
a) State 1 -— .
H1 30204.18 | = 0.00 Selected B[C]
T
C1 18465.11 1.53 | 18.55 | -89.10 0.00 1715.30 Selected
2 . 81693
o fs
C4 4422.95 | 160.82 | -7.67 | -35.18 | #8:00 643.27 ¢
b) Stife : | |
Hi1 9 20971.62 | 370.32 | 5.07 | -51.56 | 3703.25 0.00 Selected B[C]
C1 9232.56 | 171.53 | -35.27 | -89.10 0.00 1715.30
C2 1091.54 | 204.23 | -76.52 | -81.87 0.00 816.93
C3 1216.30 | 141.85 | -61.77 | -70.34 0.00 567.40
C4 4422.95 | 160.82 | -7.67 | -35.18 0.00 643.27 Selected
c) State 3
Hi1 15905.41 | 370.32 | -8.61 | -51.56 | 4346.51 0.00 Selected B[C]
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4.3 Testing the/Nets

For testing the ne
fore, we need the dik

ates disturbance and Lﬂd the con

C1 9232.56 | 171.53 | -35.27 | -89.10 0.00 1715.30

C2 1091.54 | 204.23 | -76.52 | -81.87 0.00 816.93 Selected

C3 1216.30 | 141.85 | -61.77 | -70.34 0.00 567.40
d) State 4

H1 13996.95 | 370.32 | -13.76 | -51.56 | 5163.44 0.00 Selected B[C]

C1 9232.56 | 171.53 | -3 0.00 1715.30

C3 | 1216.30 | 141. B4 000 | 567.40 | Selected
e) State 5 S—

H1 12213.25 0.00 Selected BK

C1 9232.56 1715.30 Selected
f) State 6

H1 1265.39 0.00 To Cooler

O

ol are not need. There-
\_‘& esign the path of toler-
d signﬁethod (Kunlawaniteewat,

2002) to install the contgogoops into the eﬁtworks for eradicated the variations.

Because eradicﬁ;%ﬁa%t%sﬂt%@tfﬂiﬁﬂ ﬂv%ful and take less ef-

fected in tempefatures of the streaaps that exchanged. The Fi%ll’re 4.11-4.26 will
=9

o ARSI TN IINBAGY o

the variafiion into a cold utility for all resilient networks by using bypass of heat

exchanger controlling the target temperature.
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Figure 4.12: The Process Flowchart for Alternative 1
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Figure 4.14: The Process Flowchart for Alternative 2
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Residue Gas
(methane)
| | E1
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Figure 4.16: The Process Flowchart for Alternative 3
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Figure 4.18: The Process Flowchart for Alternative 4
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Figure 4.20: The Process Flowchart for Alternative 5



73

Residue Gas
(methane)

Natural Gas ey
Feed
Product
\ (ethane)
Figure 4. “ha \o‘,‘ lternative 6
wy | 3500 {;\.8'98 _________ 51,56
5013.15
1855 s
B py
ST 170.57
@ .... L 5 .
-76.52 AYF -83.87
< L c2
E 204.23
1. 5 NS 7234
77 i Je ) ‘ %
Y 9N (e.L ,.- : 141.85
| . @1 -,
7.67 m 3 -37.18
: : c4

AMATHAUININENaY -

Figure 4.22: The Process Flowchart for Alternative 6



74

Residue Gas
(methane)

Natural Gas__ s
Feed

Y

Product
(ethane)

Figure 4.28: ‘Phe 0Q s | wehartiforAlternative 7

-51.56
H1
5013.15
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Figure 4.24: The Process Flowchart for Alternative 7
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Figure 4.26: The Process Flowchart for Alternative 8




CHAPTER V

CONTROL STRUCTURE DESIGN AND DYNAMIC
SIMULATION

s.into a design condition to
chapter is to present the new
control structures of e Ocos | éover, the three designed
control structures are al awed’ Dét en | case and alternatives of the
¢ the commercial software

TEP based on rigoro
HYSYS.

The plantwide control's applied to the modules. Here, the

nine-step approach of Ll*yben (1999) and leture point theorem (Wongsri, 2008)

are selected foﬁ wﬂﬂ%SM?WEﬂ‘qﬂeﬁld discussed below.
e QWﬁsﬁ‘ﬁWﬂWﬁ'ﬂ 18

ThlS approach is used to design the first control structure of the TEP and
we will use this control structure to design the continue control structure. The

approach discussed below.
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Stepl. Establish Control Objectives

For this process, the control objectives are to control the impurity of
methane in the ethane product at 5.67 mole% based on the steady state base

case operating conditions (Akman and Konukman, 2005).

eedom

&ant has 13 control degrees of

T———
wel and.8 control valves. For Altl, Alt2

Step2. Determine Control D

The base case for

freedom; 4 utility strea

Alt5, Alt6, Alt7 and A freedom; 1 utility stream,

1 expander power and ralves. For Al63 and Alt4, there are 14 control

degrees of freedom; 1 utd —."o'*‘i.-. power and 12 control valves.

Step3. Establish E

The hot natural gas be removed to decrease temperature

and separate compositions. Be iu vtural gas will enter separation units, it
) _..n’,./ e S Ly -

must be dissipated te 0 talk noiigh temperature for sep-

aration. To ensurelieal " ust control LTS inlet
temperature with the Eoler. furthermore, the energ@ianagement can make the

path of disturbance loadspropagation to thesseparation section.

ﬂuﬁ’gmmwmm

Step4. Set Production

Ao 1 ol W MRN8 oo

be made by level control in the reboiler and control of the natural gas feed. These

controls are the production rate setting indirectly.

Step5. Control Product Quality and Handle Safety, Operational, and

Environmental

To control the impurity of methane in the ethane product, the reboiler
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heat duties is chosen. For the DT in this plant, there are two points of energy
entering the tray temperature directly (tray-6 and tray-9 of the DT). The control
of impurity of methane in the ethane product can make at these tray in the DT.
Therefore, we will control tray-6 and tray-9 temperature in the DT as well. The

completion of this step satisfies all of the control objectives for the DT.

V//}w in Every Recycle Loop

lauh h@le material stream. So, we
are not interest the rec( thi 1der the inventory control.
ith I

evel and pressure of the units in the

Step6. Control Inventories

The natural gas

The most inventory c

process. In this proc liquid levels must be controlled.

For the pressures, the ‘. ~ ) ation column. The vapor
' - 9

overhead flow of these e "‘,-\ rol pressure at each unit. For the liquid

levels, there are one reboi ﬁlyfgxp and fv 6‘ eparators. The most direct way

J
Yol i
&

5 the liquid bottom flow leaving the

Step7. Check Conipenent-Balances - ‘

u’

Material balan on each component showed nmaccumulatlon of any com-

o] ﬂmﬂﬁmm tli R
@m A\ ﬂw S&%ﬁ@ e a ¢

The pressure in the columns and separators should be controlled. For this

process, the interest choice consists of the DT top valve (control DT pressure),
expander power (control LTS pressure) and overhead VLS valve (control VLS
pressure). Nevertheless, LTS, VLS and reboiler levels should be controlled by

using bottom valve of these.
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Step9. Optimize Economics or Improve Dynamic Controllability

This step is not considered in this work.

5.1.2 Fixture Point Theorem

For the second and third ture, we use the Fixture point theo-

rem (Wongsri, 2008). Thes ill be designed by using the first

control structure from uristic. @e point theorem is provided

by Wongsri, 2008 to W lled .. which is the most sensitivity.
Defined control variable ) cont nd pair with manipulated

1. The process is consi atdynami A of simulation until it reaches to

2. Controlled variable (C W artanged. to follow the most sensibility of
the process vaxi p change the MV (change 'nly one MV, the other

. p.Y
should be fixed the Omp ete). Study the magni-

ss variables that deviates

tude of 1ntegral absolute error (IAE) of all pro

form ste ﬂ ]qu ﬁe fm%[ﬁ ﬁbles including tem-

perature, m stage temperature.
3. ﬁ m m ﬁ th fj;ﬁ E];h TAE score)

to Iqat wit ter that will con51der the next CV to match with other

5.2 Design of Plantwide Control Structure

In this work, we apply the nine steps of the plantwide control structure

(Luyben, 1998) to design control structure for the TEP process. The first control
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structure (CS1) is design by using these steps. The second and third control struc-
ture (CS2 and CS3) will be designed by using the Fixture point theorem (Wongsri,
2008). The control structures of alternatives are similar to base case but their net-
works are different. In the networks, the base case uses utility heat exchanger but
the alternatives use the process-to-process heat exchanger. Therefore, in the net-

works, the manipulated variables o se is different with alternatives, which

base case uses utility but alt pass valve of heat exchanger as

the manipulated variable process listed below:
| —

1. Maintain procesﬂ --.

2. Keep process ope ‘ \\\\m ent constraints

3. Minimize variabi | e product quality during
disturbance

4. Minimize the dist

In all of these control stru CS1CS2 and CS3), the same loops are

used as follows:

o e —————————————————————————————————
\

e Valve V1 is manipu gas feed molar flow.
J ’J

Valve V2 is mamp‘ulated to control the low temperature separator (LTS)

ot ﬂuﬂrwﬂmwmm

Valve V3 is mampulated to control the vapor liquid sepagator (VLS) level.

ARSI AN TAT e

pressure.

Valve V5 is manipulated to control the demethanizer tower (DT) overhead

pressure.

Expander power is manipulated to control the VLS vessel pressure.

Cooler duty is manipulated to control the LTS inlet temperature.
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5.2.1 Design of control structures for the TEP base case

For the base case of the TEP, CS1 control structure, shown in Figure
5.1, is designed by using the nine steps of the plantwide control structure of
Luyben (1998). The CS2 and CS3 control structure, shown in Figure 5.2 and 5.3,
r’ture point theorem (Wongsri, 2008). The

#/)as follows:
e Valve V6 is manipu ' @—outlet temperature.

respectively, is designed by using the

same loops of these control str

e Valve V7 is manip —d—outlet temperature
e Heat duty of ex 104 is manip ntrol the DT tray-6 tem-
perature. 7
e Heat duty of exc ontrol the DT tray-9 tem-
perature
For the CS1 control striuetare ity of methane in the ethane prod-
uct is controlled by m anger E-101 (or DT reboiler

duty) The DT base 18 ';i::.:::;:::: ——————————————— i 1 -\gf DT bottom valve (V8)

For the CS2 co rol structure, the impurity of \ﬂthane in the ethane prod-
uct is not con EEIDW i’ ont the temperature at
bottom tray 1nﬁu bot m ﬁ tl ﬂﬁl“ base level are con-
trolled b ulating the DT b&ttom valve and heatﬂ-dt of exchanger
e, RS T36U U0 TANTE T e

The CS3 control structure develops from CS1 control structure with cas-

cade control between methane impurity in the product and DT bottom tray tem-
perature. The cascade control is used to improve control system performance and
ensure the disturbance in the process. The cascade control is controlled by ma-
nipulating the heat duty of exchanger E-101. The DT base level is controlled by
manipulating the DT bottom valve (V8).
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The control structure and controller parameter for CS1, CS2 and CS3
control structures are given in Table 5.1. The P controllers are employed for
level loops, PI controllers for the pressure and flow loops and PID controllers for

temperature and composition loops.

5.2.2 Design of Control

Wtures for the TEP Alterna-

%.

tive 1

For the alternative and CS3 control structure

show in Figure 5.4, 5. sontrol structures are similar
(s network is different. The

te \.\ 1 are used as follows:

P .
e Valve V6 is mani { “the B3 cold-outlet temperature.
ussf" 4 \\

rol e, E1 ¢

Valve V9 is mampulated/l;@'_epi‘]lﬁg@

[}
5
<
@
<
-3
2
=
o
E
o)
=i
)

old-outlet temperature.

1 y—5 side stream flow rate.

Valve V10 is 'f-'!:':-'-'-f-'—'-'!f-'-?—'-'-??-'-‘-!!"‘“"'ﬁ ‘ temperature.
i’

Valve V11 is mampulate o control the tray-8 ﬁie stream flow rate.

118 (131 (e h L1 R [ Pl

For the éél control structure, the impurity of methane in the ethane prod-

s RRVAIAS U HB AN AR ot et

E2. The bT base level is controlled by manipulating the DT bottom valve (V8).

For the CS2 control structure, the impurity of methane in the ethane prod-
uct is not controlled but it will be controlled by controlling the temperature at
bottom tray in DT. The DT bottom tray temperature and DT base level are con-
trolled by manipulating the DT bottom valve (V8) and bypass cold stream valve
(V13) of exchanger E2, respectively.



83

The CS3 control structure develops from CS1 control structure with cas-
cade control between methane impurity in the product and DT bottom tray tem-
perature. The cascade control is used to improve control system performance
and ensure the disturbance in the process. The cascade control is controlled by
manipulating the bypass cold stream valve (V13) of exchanger E2. The DT base

level is controlled by manipulating t

'7/T bottom valve (V8).
The control structu : &meter for CS1, CS2 and CS3
i _d

control structure are gi ontrollers are employed for

level loops, PI controllers ‘ ' ANd v.loops and PID controllers for
temperature and composi { | \
e Y )\

5.2.3 Design

the TEP Alterna-

tive 2

For the alternative »and CS3 control structure show
in Figure 5.7, 5.8 and 5.9, a'.v : control structures are similar to
control structures o - Iternative 1. In the di works between Alt2 and
Alt 1, the network of'a 5 . \ side stream tray-5 and

U

ey W) A ﬁ?ﬁ‘ﬁ 1) 4
VAL RAITADAR b s

control structure are given in Table 5.3. The P controllers are employed for

hot natural gas after e changer E3, and before side

level loops, PI controllers for the pressure and flow loops and PID controllers for

temperature and composition loops.
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5.2.4 Design of Control Structures for the TEP Alterna-

tive 3

For the alternative 3 of the TEP, CS1, CS2 and CS3 control structure show
in Figure 5.10, 5.11 and 5.12, respectively. Their control structures are similar

to control structures of the alternati n the different networks between Alt3

and Alt 1, the network of al 4 heat exchangers and stream

splitting to match the col of these control structures are

similar to alternative 1 ger E3 for above.

For the CS1 cont v the impt ethane in the ethane prod-

B
The CS3 control structure develops from CSl control structure with cas-

cade control bﬂrﬁﬁh’}&ﬂlﬁkﬂ ?Wﬂﬂoﬂcﬂ?T bottom tray tem-

perature. The ade control is used to improve control system performance and

i) NG NIPER PN 1HC b

is controlled by manipulating the DT bottom valve (V8).

The control structure and controller parameter for CS1, CS2 and CS3
control structure are given in Table 5.4. The P controllers are employed for
level loops, PI controllers for the pressure and flow loops and PID controllers for

temperature and composition loops.
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5.2.5 Design of Control Structures for the TEP Alterna-

tive 4

For the alternative 4 of the TEP, CS1, CS2 and CS3 control structure show
in Figure 5.13, 5.14 and 5.15, respectively. Their control structures are similar

the different networks between Alt4

n
%/zange between side stream tray-b
)

to control structures of the alternati

and Alt 3, the network of alt
| before side stream tray-8 will
exchange. The same logg re similar to alternative 3.

All of the control stru ilar to the alternative 3.

The control stru ) DR r for CS1, CS2 and CS3
‘ 1o, P rollers are employed for
level loops, PI controllg ops and PID controllers for

temperature and compos

For the alterna e b of the TEP, CS1, CS2 and@Si’) control structure show
in Figure 5.16, :ﬁ Qfﬂ tures are similar to
control struct ﬁ il lﬁr ﬂﬁﬂ\ﬁ ﬂrﬁnﬁvﬁs between Alt5 and
Alt 1, the network of alternative 5%will exchangésbetween side Stfeam tray-8 and
ot na@ ARSI R HARY e i

exchange The same loops of these control structures are similar to alternative 1.

All of the control structures in this alternative are similar to the alternative 1.

The control structure and controller parameter for CS1, CS2 and CS3
control structure are given in Table 5.6. The P controllers are employed for
level loops, PI controllers for the pressure and flow loops and PID controllers for

temperature and composition loops.
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5.2.7 Design of Control Structures for the TEP Alterna-

tive 6

For the alternative 6 of the TEP, CS1, CS2 and CS3 control structure show
in Figure 5.19, 5.20 and 5.21, respectively. Their control structures are similar to

control structures of the alternative 5 the different networks between Alt 6 and

Alt 5, the network of alternati Wi between side stream tray-5 and
hot natural gas after exch (cold sén tray-8 exchange hot natural
| —

gas), and before metha ! i i hange. The same loops of
these control structur i s . of the control structures

in this alternative are si

for CS1, CS2 and CS3
trollers are employed for

level loops, PI controller; Prossure a ‘ ops and PID controllers for

tive 7 — m

For the n 'V‘j e C%" C trol structure show
in Figure 5.22,@;%:\%2 , ,ﬂﬂjﬂy Tﬁrant ﬁt ctures are similar to
control structures of the alternative’2. In the different networks®hétween Alt7 and
a2, O G LTI I & AR o5 an
hot natu?al gas after exchanger E2, and before methane residue gas stream will

exchange. The same loops of these control structures are similar to alternative 2.

All of the control structures in this alternative are similar to the alternative 2.

The control structure and controller parameter for CS1, CS2 and CS3
control structure are given in Table 5.8. The P controllers are employed for

level loops, PI controllers for the pressure and flow loops and PID controllers for
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temperature and composition loops.

5.2.9 Design of Control Structures for the TEP Alterna-

tive 8
For the alternative 8 of the 1, CS2 and CS3 control structure show
in Figure 5.19, 5.20 and 5.21 control structures are similar to

Alt 7, the network of altcrnatit ill exchange-between side stream tray-8 and
welfol ger K ‘ le st \\ ay-5 exchange hot natural
gas), and before methamc 1ef] | gas stre \x change. The same loops of

iy \ 1 of the control structures

The control strugturg ot olle \ ter for CS1, CS2 and CS3
control structure are given iniFable 5. e P controllers are employed for
level loops, PI controllers for & _,_? flow loops and PID controllers for

temperature and camposition loops. R S

S ——

J ' U

AULINENINYINT
PAIATUAMINYAE
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Table 5.1: Control Structure and Controller Parameter for the TEP Base Case:

Control Structure 1 (CS1), Control Structure 2

(CS2) and Control Structure 3

(CS3)

Controller controlled variable manipulated variable Type Kc Ti Td
FC_in natural gas feed natural gas feed valve (V1) PI 0.5 0.3 -
LC_LTS LTS liquid level n valve (V2) P 2 - -
PC_LTS LTS pressure PI 2 10 -
LC_VLS VLS liquid level P 2 - -
PC_VLS VLS pressure PI 2 10 -
TC_E1l E1 cold-outlet temp & PID 4.022 | 0.312 | 0.069

i DassS ﬁ‘ l
TC_E2 E2 cold-outl emp PID 4.019 | 0.309 | 0.069
u-
TC_cooler LTS inlet tempera PID 4.381 | 0.307 | 0.068
PC_dist DT overhead px PI 2 10 -
P 2 - -
LC_reb DT reboiler liq le
P 1.5 - -
ot ol
TC.stage6 | DT tray-6 tempatuig ¥ Zlirty/ ¢ m - E-1 PID | 5.126 | 1.694 | 0.377
TC.staged | DT tray-9 temperatyfe | et ity o ﬂ\ 102 | PID | 3.630 | 1.954 | 0.434
exchanger
DT bottom methane PID 0.861 | 5.366 | 1.192
CcC.21
mole fraction
0.428 | 4.768 | 1.060
2.768 | 4.730 | 1.051
TC_bottom | DT bottor ,
"| PID 1.474 | 3.095 | 0.688

QW?ﬂﬁﬂiﬂJ UNIINYAY

ﬂ‘UEI’J‘VlEJ'VIiWEI’]ﬂi
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Table 5.2: Control Structure and Controller Parameter for the TEP Alternative

1: Control Structure 1 (CS1), Control Structure 2 (CS2) and Control Structure 3

(CS3)
Controller controlled variable manipulated variable Type Kc Ti Td
FC.in natural gas feed natural gas feed valve (V1) PI 0.5 0.3 -
LC_LTS LTS liquid level LTS bottom valve (V2) P 2 - -
PC_LTS LTS pressure PI 2 10 -
LC_VLS VLS liquid level P 2 - -
PC_VLS VLS pressure PI 2 10 -
r _E1 bypag cold stream valvi
TC_E1 E1 cold-outlet temp PID 3.730 0.320 | 0.071
-" "
\’-.‘
TC_E3 E3 cold-outlet te /?/ PID 3.622 0.212 0.047
TC_cooler | LTS inlet tempefa l fg: t@ E“ ct \“ PID | 4206 | 0318 | 0.071
PC_dist DT overhead press \\\ 2 10 -
2 - -
LC_reb DT base level
P 1.5 - -
Tray-5 side strea
FC_stageb PI 0.3502 | 0.0084 -
rate
TC_stage6 DT tray-6 temperature PID | 26.518 | 1.337 | 0.297
Tray-8 side stream f]
FC_stage8 0.3796 | 0.0083 -
rate
TC_stage9 DT tray-9 i 11.438 | 1.907 | 0.424
- E2 bypass cold stream™
021 DT bottom methane CS1 . ) PID 5.285 4.020 | 0.893
_ valve
mole_fractio £ W
q I E ﬂ % 1%% m 1Al 2.457 | 4.552 | 1.011
‘ babe valve (v8) ||l FIDO| 10.924 | 1.853 | 0.412
TC_bottom | DT bmtom temperature E2 bypass cold stream
CS3 =" 10.730 | 1.777 | 0.395

| o |
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Table 5.3: Control Structure and Controller Parameter for the TEP Alternative

2: Control Structure 1 (CS1), Control Structure 2 (CS2) and Control Structure 3

(CS3)
Controller controlled variable manipulated variable Type Kc Ti Td
FC.in natural gas feed natural gas feed valve (V1) PI 0.5 0.3 -
LC_LTS LTS liquid level LTS bottom valve (V2) P 2 - -
PC_LTS LTS pressure expai w-{ power (E-100) PI 2 10 -
LC_VLS VLS liquid level | b “‘ 1] f / ) P 2 - -
S S ANVITF
PC_VLS VLS pressure | VIS li’iiii i":., ) PI 2 10 -
Il bypas colm
TC_E1 E1 cold-outlet tem d PID 3.731 0.320 0.071
//'v pass co -_ alve
TC_E3 E3 cold-outlet temp /// \\\\\\ PID 3.624 0.209 0.046
TC_cooler LTS inlet tempe /fﬂ m‘ h W PID 4.226 0.315 | 0.070
PC_dist DT overhead pres - \ '\.\\\ PI 2 10 -
2 - -
LC_reb DT base leve r
1.5 - -
Tray-5 side stream flo
FC_stageb PI 0.3497 | 0.0084 -
rate
TC_stage6 DT tray-6 temperature PID 26.584 1.274 | 0.283
Tray-8 side stream f]
FC_stage8 ) 0.3784 | 0.0083 -
rate
TC_stage9 DT tray-9 ¢ 10.982 1.823 | 0.405
n
lﬂl bypass cold stream: i
DT bottom methane | PID 5.255 4.034 | 0.896
CC-21 valve (‘1;’&)
mole fraction
||ﬁ BRI 2.476 4.519 1.004
b Vi ( P [Dc 11.039 1.839 0.409
TC_bottom E2 bypass cold stream
= PID lﬁy)l 1.778 0.395
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Table 5.4: Control Structure and Controller Parameter for the TEP Alternative

3: Control Structure 1 (CS1), Control Structure 2 (CS2) and Control Structure 3

(CS3)
Controller controlled variable manipulated variable Type Kc Ti Td
FC.in natural gas feed natural gas feed valve (V1) PI 0.5 0.3 -
LC_LTS LTS liquid level LTS bottom valve (V2) P 2 - -
PC_LTS LTS pressure PI 2 10 -
LC_VLS VLS liquid level P 2 - -
PC_VLS VLS pressure LS overhead faive (V) PI 2 10 -
- -‘_::: bypas colm
TC_E1 E1 cold-outlet tem " d PID 3.209 0.331 0.074
TC_cooler LTS inlet temperature ‘/ m \\ \\\\ PID 6.734 0.187 0.042
PC_dist DT overhead pressure " \ . PI 2 10 -
2 - -
LC_reb DT base leve &F \\\\\ s
Tray-5 side streamuflo ’ : '\ \
FC_stageb 3 alve (V9) PI 0.3503 | 0.0084 -
rate i \ .
TCstage6 | DT tray-6 temperdtire ‘ T % PID | 25.921 | 1.447 | 0.321
Tray-8 side stream f]
FC_stage8 PI 0.3791 | 0.0083 -
rate
TC_stage9 DT tray-9 ten 12.677 1.774 | 0.394
DT bottontudeth 7.808 | 3.733 | 0.830
CC21 ‘
mole fraction . T
| _bottom PID 3.787 4.423 | 0.983
DT ba; Xalve (V8) PID 11.707 1.747 0.388
TC_bottom
12.026 2.219 0.493

DTﬁﬂEl’mi SNEA
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Table 5.5: Control Structure and Controller Parameter for the TEP Alternative
4: Control Structure 1 (CS1), Control Structure 2 (CS2) and Control Structure 3

(CS3)
Controller controlled variable manipulated variable Type Kc Ti Td
FC.in natural gas feed natural gas feed valve (V1) PI 0.5 0.3 -
LC_LTS LTS liquid level LTS bottom valve (V2) P 2 - -
PC_LTS LTS pressure PI 2 10 -
LC_VLS VLS liquid level P 2 - -
PC_VLS VLS pressure LS overhead faive (V) PI 2 10 -
- -‘_::: bypas colm
TC_E1 E1 cold-outlet tem " d PID 3.359 0.328 0.073
TC_cooler LTS inlet temperature ‘/ m \\ \\\\ PID 6.734 0.187 0.042
PC_dist DT overhead pressure " \ . PI 2 10 -
2 - -
LC_reb DT base leve &F \\\\\ s
Tray-5 side streamuflo ’ : '\ \
FC_stageb 3 alve (V9) PI 0.3497 | 0.0084 -
rate i \ .
TCstage6 | DT tray-6 temperdtire ‘ T % PID | 27.241 | 1.249 | 0.278
Tray-8 side stream f]
FC_stage8 PI 0.3784 | 0.0083 -
rate
TC_stage9 DT tray-9 ten 12.711 1.622 | 0.360
DT bottontudeth 6.927 | 3.786 | 0.841
CC21 ‘
mole fraction . T
| _bottom PID 3.019 4.605 1.023
DT ba; Xalve (V8) PID 11.316 1.769 0.393
TC_bottom
10.451 2.159 0.480

DTﬁﬂEl’mi SNEA
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Table 5.6: Control Structure and Controller Parameter for the TEP Alternative

5: Control Structure 1 (CS1), Control Structure 2 (CS2) and Control Structure 3

(CS3)
Controller controlled variable manipulated variable Type Kc Ti Td
FC.in natural gas feed natural gas feed valve (V1) PI 0.5 0.3 -
LC_LTS LTS liquid level LTS bottom valve (V2) P 2 - -
PC_LTS LTS pressure expai w-{ power (E-100) PI 2 10 -
LC_VLS VLS liquid level | b “‘ 1] f / ) P 2 - -
S S ANVITF
PC_VLS VLS pressure | VIS li’iiii i":., ) PI 2 10 -
Il bypas colm
TC_E1 E1 cold-outlet tem d PID 3.769 0.319 0.071
DV PDAaS A e
TC_E4 E4 cold-outlet tewp G‘\\ .| PD 3.666 0.217 | 0.048
TC_cooler LTS inlet tempe v ‘ /fﬂ m‘ h W PID 4.127 0.312 | 0.069
PC_dist DT overhead pres - \ '\.\\\ PI 2 10 -
2 - -
LC_reb DT base leve r
1.5 - -
Tray-5 side stream flo
FC_stageb PI 0.3503 | 0.0084 -
rate
TC_stage6 DT tray-6 temperature PID 26.665 1.300 | 0.289
Tray-8 side stream f]
FC_stage8 ) 0.3827 | 0.0083 -
rate
TC_stage9 DT tray-9 ¢ 21.901 1.277 | 0.284
n
lﬂl bypass cold stream: i
DT bottom methane | PID 5.330 3.995 0.888
CC-21 valve (‘1;’&)
mole fraction
||ﬁ [ 2.421 4.564 1.014
b Vi ( P [Dc 10.145 1.972 0.438
TC_bottom E2 bypass cold stream
= PID IWQ 1.819 0.404
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Table 5.7: Control Structure and Controller Parameter for the TEP Alternative

6: Control Structure 1 (CS1), Control Structure 2 (CS2) and Control Structure 3

(CS3)
Controller controlled variable manipulated variable Type Kc Ti Td
FC.in natural gas feed natural gas feed valve (V1) PI 0.5 0.3 -
LC_LTS LTS liquid level LTS bottom valve (V2) P 2 - -
PC_LTS LTS pressure expai w-{ power (E-100) PI 2 10 -
LC_VLS VLS liquid level | b “‘ 1] f / ) P 2 - -
S S ANVITF
PC_VLS VLS pressure | VIS li’iiii i":., ) PI 2 10 -
Il bypas colm
TC_E1 E1 cold-outlet tem d PID 3.817 0.318 0.071
//" 1 CO » [ . e
TC_E5 E5 cold-outlet tewap /// \\\\\ PID 5.694 0.285 | 0.063
TC_cooler | LTS inlet tempe / f m E\‘ hanger E6 | PID | 3.625 | 0327 | 0.073
PC_dist DT overhead pres - \ '\.\\\ PI 2 10 -
2 - -
LC_reb DT base leve r
1.5 - -
Tray-5 side stream flo
FC_stageb PI 0.3481 | 0.0084 -
rate
TC_stage6 DT tray-6 temperature PID 29.013 1.343 0.299
Tray-8 side stream f]
FC_stage8 ) 0.3823 | 0.0083 -
rate
TC_stage9 DT tray-9 ¢ 19.490 | 1.661 | 0.369
n
lﬂl bypass cold stream: i
DT bottom methane | PID 5.305 4.001 0.889
CC-21 valve (‘1;’&)
mole fraction
||ﬁ BRI 2.462 4.524 1.005
b Vi ( P [Dc 10.005 1.989 0.442
TC_bottom E2 bypass cold stream
= PID IWG 1.792 0.398
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Table 5.8: Control Structure and Controller Parameter for the TEP Alternative

7: Control Structure 1 (CS1), Control Structure 2 (CS2) and Control Structure 3

(CS3)
Controller controlled variable manipulated variable Type Kc Ti Td
FC.in natural gas feed natural gas feed valve (V1) PI 0.5 0.3 -
LC_LTS LTS liquid level LTS bottom valve (V2) P 2 - -
PC_LTS LTS pressure expai w-{ power (E-100) PI 2 10 -
LC_VLS VLS liquid level | b “‘ 1] f / ) P 2 - -
S S ANVITF
PC_VLS VLS pressure | VIS li’iiii i":., ) PI 2 10 -
Il bypas colm
TC_E1 E1 cold-outlet tem d PID 3.772 0.319 0.071
Hhyvpas| alve
TC_E4 E4 cold-outlet temp G‘\\ \ PID 4.008 0.261 0.058
TC_cooler LTS inlet tempe v ‘ /fﬂ m‘ h W PID 4.213 0.310 | 0.069
PC_dist DT overhead pres - \ '\.\\\ PI 2 10 -
2 - -
LC_reb DT base leve r
1.5 - -
Tray-5 side stream flo
FC_stageb PI 0.3471 | 0.0084 -
rate
TC_stage6 DT tray-6 temperature PID 29.278 1.210 | 0.269
Tray-8 side stream f]
FC_stage8 ) 0.3785 | 0.0083 -
rate
TC_stage9 DT tray-9 ¢ 11.315 1.840 | 0.409
n
lﬂl bypass cold stream: i
DT bottom methane | PID 5.336 3.986 0.886
CC-21 valve (‘1;’&)
mole fraction
||ﬁ [ 2.433 4.542 1.009
b Vi ( P [Dc 11.042 1.844 0.410
TC_bottom E2 bypass cold stream
= PID lw4 1.729 0.384
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Table 5.9: Control Structure and Controller Parameter for the TEP Alternative

8: Control Structure 1 (CS1), Control Structure 2 (CS2) and Control Structure 3

(CS3)
Controller controlled variable manipulated variable Type Kc Ti Td
FC.in natural gas feed natural gas feed valve (V1) PI 0.5 0.3 -
LC_LTS LTS liquid level LTS bottom valve (V2) P 2 - -
PC_LTS LTS pressure expai w-{ power (E-100) PI 2 10 -
LC_VLS VLS liquid level | b “‘ 1] f / ) P 2 - -
S S ANVITF
PC_VLS VLS pressure | VIS li’iiii i":., ) PI 2 10 -
Il bypas colm
TC_E1 E1 cold-outlet tem d PID 3.807 0.318 0.071
//" 1 CO » [ . e
TC_E5 E5 cold-outlet tewap /// \\\\\ PID 5.719 0.285 | 0.063
TC_cooler LTS inlet tempe l!m E\ h W PID 3.628 0.325 | 0.072
PC_dist DT overhead pres - \ '\.\\\ PI 2 10 -
2 - -
LC_reb DT base leve r
1.5 - -
Tray-5 side stream flo
FC_stageb PI 0.3469 | 0.0084 -
rate
TC_stage6 DT tray-6 temperature PID 29.475 1.203 0.267
Tray-8 side stream f]
FC_stage8 \ 0.3814 | 0.0083 -
rate
TC_stage9 DT tray-9 ¢ 18.561 1.695 | 0.377
n
lﬂl bypass cold stream: i
DT bottom methane | PID 5.305 3.993 0.887
CC-21 valve (‘1;’&)
mole fraction
||ﬁ BRI 2.457 4.525 1.006
b Vi ( P [Dc 10.156 1.965 0.437
TC_bottom E2 bypass cold stream
= PID 1‘?19 1.711 0.380
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5.3 Dynamic Simulation Results

In order to illustrate the dynamic behaviors of the control structures, two
kinds of disturbances: thermal and material disturbances are used in evaluation
of the plantwide control structures. Two types of disturbance are used to test

response of the system: (1) Change i natural gas feed temperature and (2)

dlsturbance loads are used to

uctures (CS1, CS2, and CS3)

Change in the natural gas f;
evaluate the dynamic perf

for the typical and heat-i

Temperature con uned using relay feedback.

Two temperature measur, o included in the two temper-
ature loops (6th and anizer Column). Flow and
pressure controller are N 3 euristic values. Proportional-

nd g&m are heuristics values. Methane

only level controllers are
. -

composition is measured ¢outrolled . 1 controller. All control valves

are half-open at nominal operati ..z ondition:

Three control ;@""'-““""""* \5\ mplemented on 9 heat-

integrated processes v@ich are base case : 1t12,ﬁlt3, Alt4, Alt5, alt6, Alt7

AU InenIneIns

5.3.1 Dyn&]mic Simulation Results for the TE&? Base Case

TW(Hsturane T(-)!Lds ﬂ!sy to evalfgt 1; ;I]aﬁc %(!rformance of

the control structures (CS1, CS2 and CS3) for the TEP base case.

Change in the natural gas feed temperature

Figure 5.28, 5.29 and 5.30 show the dynamic responses of the control sys-

tems of the TEP base case to a change in the natural gas feed temperature. In
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order to make this disturbance, first the natural gas feed temperature is increased
from 35.62 °C to 40.62 °C' at time equals 10 minutes, and the temperature is
decreased from 40.62 °C' to 30.62 °C' at time equals 210 minutes, then its temper-
ature is returned to its nominal value of 35.62 °C' at time equals 410 minutes to

600 minutes (Figure 5.28.a, 5.29.a and 5.30.a).

#/ 2 and CS3) give the same result
/&zﬂ gas feed stream to cooler as
follows. In the first the 1 gas in
both the hot LTS inlet ane ' '

The three control struc

for shifting the thermal dis

ature is increased and then
old outlet temperature of K1
because these points are
oler utility. Therefore, the
ue in this case for all control
or decreasing hot natural
ane-rich residue cold outlet
ddenl : o the set point rapidly. This
disturbance load is shifted to _@ ] herefore, the cooler duty will be

As can be seen | his disturba as a lit@ bit effect to the impurity

of methane in the produet for all control struetures (CS1, CS2 and CS3). However,

the 052 conref S 34 81 VB TSI T thon 51 and 52

control structurg'loecause this contrgl structure rgches to the se@omt faster than

e RG] SAITEHID I Ao

are well controlled but the dynamic response of CS3 control structure is smoother

than CS1 and CS2 control structure.
Change in the natural gas feed flow rate

Figure 5.31, 5.32 and 5.33 show the dynamic responses of the control sys-

tems of the TEP base case to a change in the natural gas feed temperature. In
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order to make this disturbance, first the natural gas feed temperature is increased
from 5000 kmole/hr to 5250 kmole/hr at time equals 10 minutes, and the tem-
perature is decreased from 5250 kmole/hr to 4750 kmole/hr at time equals 210
minutes, then its temperature is returned to its nominal value of 5000 kmole/hr

at time equals 410 minutes to 600 minutes (Figure 5.31.a, 5.32.a and 5.33.a).

The dynamic result can be : hen the hot natural gas flow rate

3) in¢ as aln the LTS inlet temperature,

WQ 83) decreases as well. In

duty-ha overshoot because the LTS

and when the hot flow rate'decreases, the c
Figure 5.31.d, 5.32.d and
inlet temperature has o S inlet temperature, CS2

control structure is mor i 'y thanCS1 and C 3 control structure.

N

foct to impurity of methane in

the ethane product for all i 5 -' res (€ \\‘}\ and CS3). The CS2 control
structure for this loop is osciliat y-than CS51 and CS3 control structure.

However, the CS3 control stru 3 handle this disturbance load more than
CS1 and CS2 control . | stuticture reaches to the set
point faster than chijfi'i" u‘:‘ emperature, the tray-6
and tray-9 temperatug are slig ONtro led m‘c tray-9 temperature has
oscillation occurred ands'the dynamic response of CS3 control structure is less

silatory tra b SIS VLT W BRI AD Fe rmamic rsponse

of CS3 control S"lucture is smoothgr than CS1 d CS2 controbtructure

ARIANN I UAINYINY
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change in'the natural gas feed temperature: CS1, where: (a) the variation natural
gas feed temperature, (b) the methane impurity of product, (c¢) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel

pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irflthe natural gas feed temperature: CS2, where:

a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet

temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel

pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)

the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed temperature: CS3, where: (a) the variation natural
gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS1, where:

a) the variation natural gas

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,

(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)

the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage

temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS2, where: (a) the variation natural gas

C_stages - PV(C)
¢ a2k

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS3, where:

a) the variation natural gas

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,

(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)

the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage

temperature of DT, (j) the cold outlet temperature of exchanger E1
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5.3.2 Dynamic Simulation Results for the TEP Alterna-

tive 1

Three disturbance loads are used to evaluate the dynamic performance of

the control structures (CS1, CS2 and CS3) for the TEP alternative 1.

Change in the natural gas

Figure 5.34, 5.35 v ie responses of the control sys-
tems of the TEP alternativ, ' in th tural gas feed temperature. In
order to make this distur : ed temperature is increased
from 35.62 °C to 40. ¢ \ s\ tes, and the temperature is
decreased from 40.62 » ;

inutes, then its temper-

ature is returned to its va , 085, ime equals 410 minutes to

The three control structu 2 and CS3) give the same result
ek
for shifting the theﬂal disturbance lo feed stream to cooler

then both the hot LTS inlet te

as follows. In the fi
eth@e—rich residue cold outlet
temperature of E1 incfe;sgas‘uddenly and &e}urn to the set point rapidly because

these points aﬂ%%}xf}% Btﬁ%c%a&]]ﬂkﬂeﬁjto the cooler utility.

Therefore, the &oler duty will be éncreased to a new steady state value in this
oue QURARQFYS ANV ITIELTRY 200 P
decreasing hot natural gas inlet temperature, the hot LTS inlet and methane-rich
residue cold outlet temperature of E1 decrease suddenly and return to the set
point rapidly. This disturbance load is shifted to the cooler utility. Therefore, the

cooler duty will be decreased to a new steady state value in this case.

As can be seen, this disturbance load has an effect to the impurity of

methane in the product more than the base case alternative for all control struc-
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tures (CS1, CS2 and CS3). The CS2 control structure for this loop is oscillatory
and return to the set point. However, the CS3 control structure can handle this
disturbance load more than CS1 and CS2 control structure because this control
structure reaches to the set point faster than others. For control of the DT tray
temperature, the tray-6 and tray-9 temperature are well controlled. However, the

e is smoother than CS1 and CS2 control

.

dynamic response of CS3 control st

structure.

Change in the natura

Figure 5.37, 5. dytiah sponses of the control sys-
tems of the TEP alternati

minutes, then its tempera g returned 104 minal value of 5000 kmole/hr

at time equals 410 minutes 7‘59_‘,@,%' wtes (Bigure 5.37.a, 5.38.a and 5.39.a).

ef e ( 4 45—

cthot natural gas flow rate
increases, the cooler d@r tair@he LTS inlet temperature,
and when the hot flow f@te&eoreases, the agpler duty (Q-83) decreases as well. In

Figure 5.37.d, ﬁ@ﬂ S 5.39th %l%% Ss’}ﬁ?t which is similar to

the base case altérnative. For the }‘TS inlet temperature CS2 control structure

S 1 MM L L NN M 1 A

response ©f alternative 1 is better than the dynamic response of base case in this

load.

As can be seen, this disturbance has a little bit effect to impurity of
methane in the ethane product for all control structures (CS1, CS2 and CS3).
The CS2 control structure for this loop has oscillation and reaches to the set point

lower than CS1 and CS3 control structure. Therefore, the CS3 control structure
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can handle this disturbance load more than CS1 and CS2 control structure. For
control of the DT tray temperature, the tray-6 and tray-9 temperature are slightly
well controlled. However, the dynamic response of CS3 control structure reaches
to the set point faster than CS1 and CS2 control structure. As a result, the dy-

namic response of CS3 control structure is smoother than CS1 and CS2 control

Ve

5.3.3 Dynamic Si n R

tive 2 7 |

Three disturba

structure.

: or the TEP Alterna-
T——
N

the control structures ‘ _‘\".." alternative 2.
Change in the natu

Figure 5.40, 5.41 a

' oW gamic responses of the control sys-
tems of the TEP alternative ZW 26

; 0 _ ‘he natural gas feed temperature. In
e

order to make this distur ed temperature is increased

-
from 35.62 °C' to b‘ﬁ i‘“ nd the temperature is

a '
decreased from 40.62 €' to 30.62 °C" at time equals 2ﬂminutes, then its temper-

ature is returned to its flofinal value of 3562 °C' at time %uals 410 minutes to

600 minutes (Hi uﬂ;}mﬂnﬂﬁw E] ’] ﬂ
RN BRGTITRL 1 VI B o

for shiftifig the thermal disturbance load in natural gas feed stream to cooler as
follows. The dynamic responses of alternative 2 are similar to those of alternative
1 for all loops in the process but all control structures of alternative 2 have the

response a little better than alternative 1.

As can be seen, this disturbance load has an effect to the impurity of

methane in the product less than the alternative 1 for all control structures (CS1,
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CS2 and CS3). The responses of composition and tray temperature loop in this

alternative are similar to those in alternative 1.

Change in the natural gas feed flow rate

Figure 5.43, 5.44 and 5.45 show the dynamic responses of the control sys-

order to make this disturbance, the waturfl gas feed temperature is increased

1als 10 minutes, and the tem-

‘ ‘ mole/hr at time equals 210
minutes, then its temperagiiregfis/weturned to its neminal value of 5000 kmole/hr

at time equals 410 minutgs : 00 minu figure 5,4 .a, 5.44.a and 5.45.a).

ive are similar to those of
alternative 1 for all controlfstiictures (O ‘ \ C CS3) in each loop. However,
the CS3 control structure has the B better than CS1 and CS2 control

structure like the alternative 1. _Y —

i |
1
W
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change in Uthe natural gas feed temperature: CS1, where: (a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet

temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel

pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)

the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed temperature: CS2, where: (a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irflthe natural gas feed temperature: CS3, where:

a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet

temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel

pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)

the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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a) the variation natural gas

change irfithe natural gas feed flow rate: CS1, where:

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,

(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)

the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage

temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS2, where: (a) the variation natural gas
feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS3, where: (a) the variation natural gas

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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a) the variation natural

change irfithe natural gas feed temperature: CS1, where:

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet

temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel

pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)

the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1



144

a) b
Eil 0o 0.0840;
iu-ﬂ ko k

120 BE2C) | 3o f— 00568 )

.00 l !g
g 2800 E En.

Q0000 2000 ®oo 14 = Oook0 ] a0 8000

Mirutes i Lreses

c) )

A0 T

A1
SEOT W— J — 01764006 0
j<
gam F__

o000 a0 o WS I00 400 o000

e)
2 —
841 — 1900 (kPa)
i A LLL

00000 2000 ] ra e 0 o0
2 Perio

L A —
i |
: _ TeEs|
I a - L
g 1 Y

0.0000 i O, %00 8000

T J 1859
-] 2000
Figre RN %%U N9 *}%%ﬂ BB (a2 0
change irfithe natural gas feed temperature: CS2, where: (a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irflthe natural gas feed temperature: CS3, where:

a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet

temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel

pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)

the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS1, where: (a) the variation natural gas

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1



a) Ii)
= =
2 - (kgmole.) g:g— 005630
= -1
Qﬁm = e w0 ga' 00000 2000 00 990
[TETY Wtes
c)
4120
g-we
. — -
s:: f—— 01760006 ()
= 0 Ll 5 w0 030
5] -
gﬂ — L —
z' ee— . 1300 (P a)
J _=. A
00000 2000 0 ﬁ&; ~ 00 w0
) Akl
S wod— 7~ I B
E:EL = .’>a’;‘ — e mnn
o A
00000 ] o w00 oo
i) ‘
E""' —
- A~ 1= ass
== i I
21008
e T —
] D ﬁ D 00
“ Mroter

147

e LR ATO U Wﬁ%ﬂ B (o

a) the variation natural gas

change irfithe natural gas feed flow rate: CS2, where:

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,

(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)

the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage

temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS3, where: (a) the variation natural gas
feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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5.3.4 Dynamic Simulation Results for the TEP Alterna-

tive 3

Three disturbance loads are used to evaluate the dynamic performance of

the control structures (CS1, CS2 and CS3) for the TEP alternative 3.

Change in the natural gas

Figure 5.46, 5.47 v ie responses of the control sys-
tems of the TEP alternativ, ' in th tural gas feed temperature. In
order to make this distur : ed temperature is increased
from 35.62 °C' to 40. ¢ ] Y tes, and the temperature is
decreased from 40.62 » ;

inutes, then its temper-

ature is returned to its va , 085, ime equals 410 minutes to

The three control structu 2 and CS3) give the same result
ek
for shifting the theﬂal disturbance lo feed stream to cooler

then both the hot LTS inlet te

as follows. In the fi
eth@e—rich residue cold outlet
temperature of E1 inci‘e@sshsuddenly and‘l}zturn to the set point rapidly. This

disturbance 1oﬂ 1%&%530%6&]@%@% B‘}%}éﬁﬁthe cooler duty will

be increased to%d new steady state value in thls case for all control structures,
oo QR 1T B4 ST YIS om
temperatiire, the hot LTS inlet and methane-rich residue cold outlet temperature
of E1 decrease suddenly and return to the set point rapidly. This disturbance
load is shifted to the cooler utility. Therefore, the cooler duty will be decreased
to a new steady state value in this case. This alternative has responses of three

control structures better than alternative 1 and 2.

As can be seen, this disturbance load has a little effect to the impurity of
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methane in the product. The CS2 control structure for this loop is oscillatory
and return to the set point lower than CS1 and CS3. Therefore, the CS3 control
structure can handle this disturbance load more than CS1 and CS2 control struc-
ture. For control of the DT tray temperature, the tray-6 and tray-9 temperature
are well controlled. However, the dynamic response of CS3 control structure is

smoother than CS1 and CS2 control

Change in the natural

Figure 5.49, 5. 5 i

tems of the TEP alternati

“K responses of the control sys-
al gas feed temperature. In

ced temperature is increased

'\

order to make this disturba

from 5000 kmole/hr #6 5250 K r 0 minutes, and the tem-
perature is decreased f{¥om 52} 0 krﬁﬁé 4750

kmole/hr at time equals 210
minutes, then its temperafurg s refurned £0 1ts 1 al value of 5000 kmole/hr at

e e,

time equals 410 minutes to Q«’ q,u_ hes (B 2 549.a, 5.50.a and 5.51.a). As can

be seen, this temperature re _P the new steady state is reached
o ,

quickly.

w2 — ‘
The dynamic @ulc rhen t}@hot natural gas flow rate
increases, the cooler duty -83) 1ncreases&9 maintain the LTS inlet temperature,

and when the ﬂ s {Jaﬁ%e%% Rl 4 TRSH) docreases as well

For the LTS inléf temperature, CS% control strueture has oselllatlon and reaches

e QWTREATN HRTINHIA Y

As can be seen, this disturbance has a effect to impurity of methane in the
ethane product for all control structures (CS1, CS2 and CS3) but it has a effect
less than base case and more than alternative 1 and 2. The responses of control
structures are similar to above alternative. Therefore, the CS3 control structure

can handle this disturbance load more than CS1 and CS2 control structure.
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5.3.5 Dynamic Simulation Results for the TEP Alterna-
tive 4

Three disturbance loads are used to evaluate the dynamic performance of

the control structures (CS1, CS2 and CS3) for the TEP alternative 4.

from 35.62 °C' to 40. : i S 1 ) 1 es, and the temperature is
decreased from 40.62 inutes, then its temper-

ature is returned to it ! 0f485.62 'me equals 410 minutes to

lows. The dynamic 1§ Yot iiar to those of alternative

3 for all loops in the Eoces cturﬁ of alternative 4 have the
response better than al‘gﬂgltlve 3. How r, the CS3 control structure has re-

SpOnses betterﬂ w&] ’}%2&]3%?}%&} ’%nﬂ‘}hes to the set point

faster than othdts

AW AND. MUBANEAN e

methane in the product. The responses of composition and tray temperature loop
in this alternative are similar to those in alternative 3 but it is a little better than

alternative 3.
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Change in the natural gas feed flow rate

Figure 5.55, 5.56 and 5.57 show the dynamic responses of the control sys-
tems of the TEP alternative 4 to a change in the natural gas feed temperature. In
order to make this disturbance, first the natural gas feed temperature is increased
from 5000 kmole/hr to 5250 kmole/hr at time equals 10 minutes, and the tem-

perature is decreased from 5250 e 750 kmole/hr at time equals 210

minutes, then its temperature ; ninal value of 5000 kmole/hr at

time equals 410 minutes t0 600aninutes (Figure 5.55.a, 5.56.a and 5.57.a). As can

be seen, this temperature: ‘ i c st. the new steady state is reached
quickly.

As can be seeut the ) L ernative are similar to those of
alternative 3 for all con ¢ (C : €S3) in each loop. However,
the CS3 control strucfu a yonses be \ than CS1 and CS2 control
structure like the alternative 3 am == an alternative 3 a little. For the

tray temperatures in the DT, the responses are slightly well controlled but CS2

is more oscillation (Han jﬂ ::sponse of CS3

y
ﬂUEI’J‘ﬂEWI"JWH’]ﬂ‘E

AR mmm URIAINYIAY

control structure is ,
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change in Uthe natural gas feed temperature: CS1, where: (a) the variation natural
gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed temperature: CS2, where: (a) the variation natural
gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed temperature: CS3, where: (a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS1, where:

a) the variation natural gas

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,

(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)

the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage

temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS2, where:

a) the variation natural gas

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,

(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)

the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage

temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS3, where: (a) the variation natural gas

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed temperature: CS1, where: (a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed temperature: CS2, where: (a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed temperature: CS3, where: (a) the variation natural
gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS1, where: (a) the variation natural gas
feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS2, where: (a) the variation natural gas

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS3, where:

a) the variation natural gas

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,

(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)

the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage

temperature of DT, (j) the cold outlet temperature of exchanger E1
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5.3.6 Dynamic Simulation Results for the TEP Alterna-

tive 5

Three disturbance loads are used to evaluate the dynamic performance of

the control structures (CS1, CS2 and CS3) for the TEP alternative 5.

Change in the natural gas

Figure 5.58, 5.59 v ie responses of the control sys-
tems of the TEP alternativ, ' in th tural gas feed temperature. In
order to make this distur : ed temperature is increased
from 35.62 °C' to 40. ¢ ] Y tes, and the temperature is
decreased from 40.62 » ’

inutes, then its temper-

ature is returned to its va , 085, ime equals 410 minutes to

The three control structu 2 and CS3) give the same result
ek
for shifting the theﬂal disturbance lo feed stream to cooler

then both the hot LTS inlet te

as follows. In the fi
eth@e—rich residue cold outlet
temperature of E1 incfe;sgas‘uddenly and &e}urn to the set point rapidly because

these points aﬂ%%}xf}% Btﬁ%c%a&]]ﬂkﬂeﬁjto the cooler utility.

Therefore, the &oler duty will be éncreased to a new steady state value in this
oue QURARQFYS ANV IREPTRY o0t P
decreasing hot natural gas inlet temperature, the hot LTS inlet and methane-rich
residue cold outlet temperature of E1 decrease suddenly and return to the set
point rapidly. This disturbance load is shifted to the cooler utility. Therefore, the

cooler duty will be decreased to a new steady state value in this case.

As can be seen, this disturbance load has an effect to the impurity of

methane in the product. However, the CS2 control structure for this loop is
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oscillatory and return to the set point. Therefore, the CS3 control structure can
handle this disturbance load more than CS1 and CS2 control structure because
this control structure reaches to the set point faster than others. For control of
the DT tray temperature, the tray-6 and tray-9 temperature are well controlled.
However, the dynamic response of CS3 control structure is smoother than CS1

and CS2 control structure.

Change in the natural

Figure 5.61, 5. 6 78 C»Jesponses of the control sys-

tems of the TEP alternati a gas feed temperature. In

order to make this disturba feed temperature is increased
from 5000 kmole/hr § 0 minutes, and the tem-
50 kmole/hr at time equals 210

nominal value of 5000 kmole/hr

perature is decreased
Taor: '}

minutes, then its temperatuge is . I fo 1ts
A 2

at time equals 410 minute 441 ru mutes (Figure 5.61.a, 5.62.a and 5.63.a).

) -‘:‘-' VAL .
The dynamieszes g he hot natural gas flow rate

@—wﬂ‘ .
increases, the cooler by (Q-83) ‘the LTS inlet temperature,
and when the hot ﬂoﬂxate . 200lc du@ (Q-83) decreases as well.
For the LTS inlet tempe@t&re CS2 contro tructure is more oscillatory than CS1

nd €83 CO““F’TS%EJ’J ﬂﬂ‘l’]‘ﬁ?ﬂﬂ'ﬂﬂ‘i
ARSI

The CS2 control structure for this loop has oscillation and reaches to the set point
lower than CS1 and CS3 control structure. Therefore, the CS3 control structure

can handle this disturbance load more than CS1 and CS2 control structure.



167

5.3.7 Dynamic Simulation Results for the TEP Alterna-

tive 6

Three disturbance loads are used to evaluate the dynamic performance of

the control structures (CS1, CS2 and CS3) for the TEP alternative 6.

}////

Change in the natural gas

esponses of the control sys-

from 35.62 °C' to 40.6
decreased from 40.62 ¢ inutes, then its temper-

ature is returned to it ginal ot85. ime equals 410 minutes to

5 for all loops in the Eoces ct'urﬁ of alternative 6 have the

response worse than alte‘natlve D.

As can@ H]ﬂtg nﬂm ?o;whgsl ’]Q j to the impurity of
metha s.al ei 1V herefore the
respon;a‘ﬁe’laﬁﬂ iﬂiﬂtﬁfj ﬂtﬂ‘j e are similar
to those in alternative 5.

Change in the natural gas feed flow rate

Figure 5.67, 5.68 and 5.69 show the dynamic responses of the control sys-
tems of the TEP alternative 6 to a change in the natural gas feed temperature. In

order to make this disturbance, first the natural gas feed temperature is increased
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from 5000 kmole/hr to 5250 kmole/hr at time equals 10 minutes, and the tem-
perature is decreased from 5250 kmole/hr to 4750 kmole/hr at time equals 210
minutes, then its temperature is returned to its nominal value of 5000 kmole/hr at
time equals 410 minutes to 600 minutes (Figure 5.67.a, 5.68.a and 5.69.a). As can
be seen, this temperature response is very fast, the new steady state is reached

rapidly.

As can be seen, the wes rnative are similar to those of

alternative 5 for all contro " ictures (CS1 CS3 ) in each loop. However,
r than CS1 and CS2 control

~ >\ 3 x\ ative 5 a little. For the
"

x tly well controlled but CS2

the CS3 control structure
structure like the alterne

tray temperatures in thed 1

is more oscillation than GS1/aud -ﬁ 33 ’\\

\\

e dynamic response of CS3

control structure is smeother than ol structure.
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change in Uthe natural gas feed temperature: CS1, where: (a) the variation natural
gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed temperature: CS2, where: (a) the variation natural
gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed temperature: CS3, where: (a) the variation natural
gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS1, where: (a) the variation natural gas

rc_Staged - PV(Q)
22388

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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a) the variation natural gas

change irfithe natural gas feed flow rate: CS2, where:

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,

(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)

the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage

temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS3, where: (a) the variation natural gas

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed temperature: CS1, where: (a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1



176

a) b)
En.w ! inn-"[
g;; se2w | £, 0s68()
2w noa
2 2480 5

R R 'ﬁfﬂ FHUNY Wﬁ%ﬂ B (o o

change irfithe natural gas feed temperature: CS2, where: (a) the variation natural
gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1



177

Iy E
s 0 D
M0 ke
30 l 362 (C) !q - T =0.0567 ()
2w [
§ %0 ! 14
Q0000 2000 ®oo 14 = Oook0 ] a0 8000
My i Wretes
c) D
. ' 7
g-mr:
o ) 501304006 (i)
}o -
o 280
ooton 2000 T " 0 400 e%o
E)
Lo =i
é-u — 1300 [Pa)
¢ F |
00000 200 ] *JQ; W0 om0
c) WA
" Y33
1904
; > TRER ]
¥ oL
¢ | e
0 0000 i 3D, W00 6000
1)
-
20 L
T mm y 1853
2
o ] 0.0

Figurs ’QS‘W“P@ ‘&ﬂ %%U A *}%ﬁﬂ B (o o

change irfithe natural gas feed temperature: CS3, where: (a) the variation natural
gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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a) the variation natural gas

change irfithe natural gas feed flow rate: CS1, where:

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,

(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)

the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage

temperature of DT, (j) the cold outlet temperature of exchanger E1
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a) the variation natural gas

change irfithe natural gas feed flow rate: CS2, where:

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,

(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)

the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage

temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS3, where: (a) the variation natural gas
feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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5.3.8 Dynamic Simulation Results for the TEP Alterna-
tive 7

Three disturbance loads are used to evaluate the dynamic performance of

the control structures (CS1, CS2 and CS3) for the TEP alternative 7.

Change in the natural gas

Figure 5.70, 5.71 v ie responses of the control sys-
tems of the TEP alternativ, ' in th tural gas feed temperature. In
order to make this distur : ed temperature is increased
from 35.62 °C' to 40. ¢ ] Y tes, and the temperature is
decreased from 40.62 » ’

inutes, then its temper-

ature is returned to its va , 085, ime equals 410 minutes to

The three control structu 2 and CS3) give the same result
ek
for shifting the theﬂal disturbance lo feed stream to cooler

then both the hot LTS inlet te

as follows. In the fi
eth@e—rich residue cold outlet
temperature of E1 inci‘e@sshsuddenly and‘j:turn to the set point rapidly. This

disturbance loﬂ s‘ul Ed’} w &]ﬁﬂ @ EW%]; ’]oﬂ €§e cooler duty will be

increased to a néw steady state val%e in this Case for all control structures shown
n Ee QIR PITEY JAN T YIBIYorE oo
is decreased, this disturbance load is shifted to the cooler utility. Therefore, the

cooler duty will be decreased to a new steady state value in this case.

As can be seen, this disturbance load has an effect to the impurity of
methane in the product. However, the CS2 control structure for this loop is
oscillatory and return to the set point. However, the CS3 control structure can

handle this disturbance load more than CS1 and CS2 control structure because this
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control structure reaches to the set point faster than and has overshoot less than
others. For control of the DT tray temperature, the tray-6 and tray-9 temperature
are well controlled. However, the dynamic response of CS3 control structure is

smoother than CS1 and CS2 control structure.

Change in the natural gas feed

Figure 5.73, 5.74 an ic responses of the control sys-
tems of the TEP alternati ‘ > ral gas feed temperature. In
order to make this distur ‘ . ._ al gas feed temperature is increased
' 10 minutes, and the tem-
perature is decrease ] _l 0 4750 kmole/hr at time equals 210

minutes, then its te ned o its no .' 1 value of 5000 kmole/hr
.a, 5.74.a and 5.75.a).

The dynamic result 825 en the hot natural gas flow rate
increases, the cooler duty (Q- 8 i Tnaintain the LTS inlet temperature,

and when the hot ﬂ ()-83) decreases as well.

2’ control structure is more

R

As can \ﬁ ofT purity of methane
in the ethane @MEI ﬂmﬁﬂﬁﬁ n;2 and CS3). The CS2
control 5 ﬁ point lower
than Cﬂ ﬁaaﬁﬁﬁmﬂ[ﬁn ﬂ gj’j ﬂtruoture can

handle this disturbance load more than CS1 and CS2 control structure.

For responses of the
oscillatory than CS1 ﬁi
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5.3.9 Dynamic Simulation Results for the TEP Alterna-

tive 8

Three disturbance loads are used to evaluate the dynamic performance of

the control structures (CS1, CS2 and CS3) for the TEP alternative 8.

}////

Change in the natural gas

esponses of the control sys-

from 35.62 °C' to 40.6
decreased from 40.62 ¢ inutes, then its temper-

ature is returned to it ginal ot85. ime equals 410 minutes to

7 for all loops in the Eoces ct'urﬁ of alternative 8 have the

response worse than alte‘natlve 7.

As can@ H]ﬂtg nﬂm ?o;whgsl ’]Q j to the impurity of
metha s.al ei 1V herefore the
respon;a‘ﬁe’laﬁﬂ iﬂiﬂtﬁfj ﬂtﬂ‘j e are similar
to those in alternative 7.

Change in the natural gas feed flow rate

Figure 5.79, 5.80 and 5.81 show the dynamic responses of the control sys-
tems of the TEP alternative 8 to a change in the natural gas feed temperature. In

order to make this disturbance, first the natural gas feed temperature is increased
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from 5000 kmole/hr to 5250 kmole/hr at time equals 10 minutes, and the tem-
perature is decreased from 5250 kmole/hr to 4750 kmole/hr at time equals 210
minutes, then its temperature is returned to its nominal value of 5000 kmole/hr at
time equals 410 minutes to 600 minutes (Figure 5.79.a, 5.80.a and 5.81.a). As can
be seen, this temperature response is very fast, the new steady state is reached

rapidly.

As can be seen, the wes rnative are similar to those of

alternative 7 for all control " ictures (CS1 --Q_-_ CS3) in each loop. However,

the CS3 control structr han CS1 and CS2 control

structure like the alternativg vorse than alternative 7 a little. For the
tray temperatures in thedD oh ly well controlled but CS2
is more oscillation than GS1/aud ' he dynamic response of CS3

control structure is smeothe : J ntrol structure.

ﬂuﬂ’mﬂ‘ﬂﬂ’\lﬂ’]ﬂ‘i
QW’]ﬂ\i\ﬂiﬂJMﬁﬂ’mmﬂB
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change in Uthe natural gas feed temperature: CS1, where: (a) the variation natural
gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irflthe natural gas feed temperature: CS2, where:

a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet

temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel

pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)

the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed temperature: CS3, where: (a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS1, where: (a) the variation natural gas

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS2, where: (a) the variation natural gas
feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS3, where: (a) the variation natural gas

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed temperature: CS1, where:

a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet

temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel

pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)

the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed temperature: CS2, where: (a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed temperature: CS3, where: (a) the variation natural

gas feed temperature, (b) the methane impurity of product, (c) the LTS inlet
temperature, (d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel
pressure, (g) the DT top stage pressure, (h) the 6th stage temperature of DT, (i)
the 9th stage temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS1, where: (a) the variation natural gas

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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change irfithe natural gas feed flow rate: CS2, where: (a) the variation natural gas

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,
(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)
the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage
temperature of DT, (j) the cold outlet temperature of exchanger E1
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a) the variation natural gas

change irfithe natural gas feed flow rate: CS3, where:

feed flow rate, (b) the methane impurity of product, (c) the LTS inlet temperature,

(d) the cooler duty, (e) the LTS vessel pressure, (f) the VLS vessel pressure, (g)

the DT top stage pressure, (h) the 6th stage temperature of DT, (i) the 9th stage

temperature of DT, (j) the cold outlet temperature of exchanger E1
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5.4 Evaluation of the Dynamic Performance

The dynamic performance index is focused on time related characteris-
tics of the controller’s response to setpoint changes or deterministic disturbances.
There exist several candidate performance measures such as settling time and in-

tegral absolute error (IAE). Integral ab #te error is well known and widely used.

(5.1)

ror) of the response from

(Basecase, Altl, Alt2, Alt3, "”“"%l‘t"-j , Alt7 and Alt8) for CS1 control
structure to CS3 control strﬁcﬁiﬂfg/{ré b ble 5.10b to 5.12b shows the
[AE results for th c rate in the TEP with
different alternatives (Bas 1t5, Alt6, Alt7 and Alt8)

for CS1 control structure to CS3 control structure respectlvely Table 5.13 shows

the IAE sumnﬁ ﬂﬂhﬂ%rﬂ W?wmoﬁnﬁ in all disturbances

testing.

FERt o SDTANMIINENEY, conen

Structure

For the change in the natural gas feed temperature (Table 5.10a), the TAE
value of the TEP Alt4 is smaller than those of Alt3, Basecase, Alt5, Alt2, Altl,
Alt7, Alt6 and Alt8, respectively. Therefore, the dynamic performance of the

TEP Alt4 is better than other alternatives for thermal disturbance rejection in
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this control structure.

For the change in the natural gas feed flow rate (Table 5.10b), the IAE
value of the TEP Alt4 is small than those of Alt3, Alt5, Alt2, Altl, Alt7, AltS,
Alt6 and Basecase, respectively. Therefore, the dynamic performance of the TEP

Alt4 is better than other alternatives for material flow disturbance rejection in

i @tml structure is the proper

alternative for handlin{ r o5 (thermal’and material disturbance).

5.4.2 Evaluati ¢ Pe ' ~ mance for CS2 Control

this control structure.

As can be seen, th

For the change in . )] s '\o crature (Table 5.11a), the IAE
value of the TEP Basecase : an those of Alt4, Alt3, Alt5, Alt2, Altl,
Alt7, Alt6 and AltS, respecti_ ¢, the dynamic performance of the

B =gl 2

werfiial disturbance rejection

Y]

TEP basecase is =_s5~ '

in this control struc bfi

For the change i% the natural gas ‘fged flow rate (Table 5.11b), the IAE
=9

value of the Tﬂ’ wﬂ 63)% m ﬁﬂ\ﬂ 5, Alt2, Altl, AltS,
J | ;

Alt6 and Basecase, respectively. Therefore, the dynamic performance of the TEP
¢

TR TR W T TR

this control stru . '

As can be seen, the TEP basecase with CS2 control structure is the proper
alternative for handling the thermal disturbance and the TEP Alt4 is the proper

alternative for handling the material flow disturbance.
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5.4.3 Evaluation of Dynamic Performance for CS3 Control

Structure

For the change in the natural gas feed temperature (Table 5.12a), the TAE
value of the TEP Alt4 is smaller than those of Alt3, Basecase, Alth, Alt2, Altl,
Alt7, Alt6 and Alt8, respectively.. k'

ore, the dynamic performance of the
TEP Alt4 is better than other ¢ 7 }aterial flow disturbance rejection

-

T——

e
in this control structure. '

For the change in ad i a
value of the TEP Alt5 ige8 rj/ o of Alt3, Alt4, Alt2, Altl, Alt7, Alt6,

Alt8 and Basecase, respegfivg
Alt5 is better than ofhery atives: for aateria flow disturbance rejection in

this control structure.

As can be seen, the = : 3 control structure is the proper

alternative for handling the tl}f [Th mce and the TEP Alt5 is the proper

e
alternative for handling t

]
5.4.4 Evaluatitﬂ o e Dyna erf@mance for all Con-
trol Structufes | e |
AUEINENINGNT
In Tableﬂ.l& as can be seen, the [AE o&CS?) control s@cture is smaller

oo SRR 71T QAR PABIARE) . 0n

control structure is the best control structure for disturbance handling because it

gives better control performances. For the CS3 control structure, the IAE value of
the TEP Alt4 is small than those of Alt3, Basecase, Alth, Alt2, Altl, Alt7, Alt6
and Alt8, respectively. So, the TEP Alt3 is the best alternative for the natural

gas expander plant.
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Table 5.10a: The TAE results of the CS1 control structure to the change in the

natural gas feed temperature

Integral Absolute Error (TAE)

Controller

Bascase Altl Alt2 Alt3 Alt4 AltS Alt6 Alt7 Alt8
PC_dist 1.0369 1.2091 1.2086  0.5454 0.5454 1.1518 1.0846  1.1489 1.0845
PC_LTS 1.0231 1.0724  0.8996 0.8648 0.7283 1.0396 1.1084  0.8907 1.0694
PC_VLS 1.0503 1.2044  1.2023 0 0.5483 1.1466 1.0806 1.1423 1.0803

TC_cooler 0.9849 0.9900 0.9936  1.1979  0.9641  1.1703

cc21 0.3452 1. - 0.4 »\; 1.3535 1.3560 1.3614  1.3545
TC_E1 11470 1. . &0.9852 0.9554  0.9728  0.9538
TCstage6 ~ 0.2840  0.8756"018504 016082 MOGS 13553  1.4548  1.5620
TC.stage9  0.4385 L2508 0.9460 0.7 84 1.5237 1.3408 14481

Total 6.3100 ﬂ"/[iﬁ\x& 7 9.6618  9.2759  9.7229

Note * = Minimum TAE yalte _

Table 5.10b: The IAE regt gl ture to the change in the

natural gas feed flow rate

r (IAE)

Controller

Bascase Altl AltS Alt6 Alt7 Alt8
PC_dist 0.9197  1.0898 _ : 1.0502  1.0057 1.0491 1.0057
PC_LTS 0.9964 ™% .9998 2 9979 0.9965 0.9968  0.9957
PC_VLS 0.924 L9000 .89 10047 1.0471  1.0046
TC_cooler 1. 172 0 927 1.2781 1.0283 1.2557
cc21 3.6042 l| 5031 0.4836 0.4848  0.4828
TC_E1 0.7148  1.0713 1.0575 0.8415  0.8918 0.9763 1.0370  0.9704
TC_stage6 934 . - i 13848 11653  1.1304

. 1.2549  1.2354
“463 7.8425 78319 6.7100 *6.4116 7.2403 8.3184 8.0632  8.0896

N““W‘Tmﬂ‘im UNIINYAY

TC_stage9
Total
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Table 5.11a: The TAE results of the CS2 control structure to the change in the

natural gas feed temperature

Integral Absolute Error (TAE)

Controller
Bascase Altl Alt2 Alt3 Alt4 Altb Alt6 Alt7 Alt8

PC_dist 1.0362 1.2069 1.2067 0.5440  0.5447 1.1498 1.0833 1.1474 1.0832
PC_LTS 0.9768 1.0124 0.9892 1.2119  0.9460 0.9878 1.1281 0.9752 1.1324
PC_VLS 1.0493 1.2012 1.2010 0:551 0.5484 1.1440 1.0796 1.1411 1.0797
TC_cooler 1.0022 1.3050 ( 2 1.2505 1.4792 1.2100 1.4555
CC.21 0.4311 2.2730 2.4068 2.4123 2.2158 2.3661
TC_E1 1.1417 1.0161.. \ . - -0.9997 0.9754 1.0022 0.9779
TC_stageb 0.2803 1.0659 J0766 RS @2 1.5218 1.5669 1.7763
TC_stage9 0.3934 1.08 4 1.2566 0.9035 1.1772
Total *6.3110 10.9362  10.1621  11.0483

Note * = Minimum TAE yalte _

Table 5.11b: The IAE rest

natural gas feed flow rate

I o "/IE&\\ g
D

gl ture to the change in the

r (IAE)

Controller

ascase Altl
PC_dist 0.9188 1.0882
PC_LTS 0.9969 % O
PC_VLS 0.923%"
TC_cooler 1.390 v .0
CC21 4.1508 ll 4199
TC_E1l 0.8555 1.0746
TC_stage6b

TC_stage9
Total

W(WG

8.7988

.4000 20528

1.0768 0.9212  0.9761

8. 7073 8.3926  *8.2672

8.6257

9.3783

8.5067

Alts Alt6 Alt7 Alt8

1.0488 1.0046 1.0476  1.0047
0.9983  0.9971  0.9971

1.0040 1.0461  1.0039

1.2719  1.0146  1.2621

1.2914  1.4999 1.3191

0.9593  1.0463  0.9750

1.5113 1.1593  1.4717

0.6957  1.0950

9.1285

N““W‘Tmﬂ‘im UNIINYAY
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Table 5.12a: The TAE results of the CS3 control structure to the change in the

natural gas feed temperature

Integral Absolute Error (TAE)

Controller

Bascase Altl Alt2 Alt3 Alt4 Alts Alt6 Alt7 Alt8
PC_dist 1.0367 1.2054 1.2051  0.5406 0.5391 1.1478 1.0817 1.1449 1.0814
PC_LTS 1.0729 0.9389 0.9399 0.9763 0.7924 0.9331 1.2156 0.8858 1.1891
PC_VLS 1.0506 1.2022 1.2020 0.5466 1.1450 1.0815 1.1418 1.0807
TC_cooler 1.0128 1.0398 1.0401 1.2397 1.0119 1.2413
CC221 0.2241 0.1290 ) X 0.1366  0.1235 0.1235 0.1131
TC_E1l 0.9336 0.98 G .0018 . %@.9846 0.9640 0.9955 0.9714
TC_stage6 0.2417 0.9053 08704 016946 067520.9042 1.2991 1.4890  1.5979
TC_stage9 0.3483 06 ."‘ﬂ 5. 0.8032. 6 1.2034 1.0087  1.2069

Total 5.9206 / 79 Wiﬁ“\\ 82086 7.8009 8.4817

Note * = Minimum IAE v

Table 5.12b: The TAETe c ure to the change in the

natural gas feed flow rafe

ror (IAE)
Controller >
Bascase Alt < A3, Alt5 Alt6 Alt7 Alt8

PC_dist 0.9198 1.0896 0857 8 .' 3 ).83968 1.0502 1.0056 1.0492 1.0058
PC_LTS 0.9965 0.999 ] w I~ . 09963  0.9971  0.9969
PC_VLS ] 1.0046  1.0471 1.0047
TC_cooler 1.2572 1.0108 1.2666
CC221 0.0637  0.0740 0.0612
TC_E1l 0.6250 EOéIQO 1.0568  1.3425 1.3404 0.9668 1.0456  0.9763

TCstage6 04354 0468 0.9178  0.9929 5 0.9313 09564 11604 13751 10857
TC_stage9 33 ( 0.9477  1.2519

Total

Note * = Mlnlmum IAE value

RSN UM INIA Y

Table 5.18: The IAE summation of the control structure to the change in all

disturbances testing

Control Integral Absolute Error (IAE)

Structure  Bascase Altl Alt2 Alt3 Alt4 Alth Alt6 Alt7 Alt8
CS1 16.1563  16.8992  16.5785 12.2801 *11.6132 15.8756 17.9802 17.3391 17.8125
CS2 17.1786  19.0658 18.7957 15.3119  *14.5906  18.6826  20.3146 18.6689  20.1768
CS3 13.5929  14.8615 14.5926  11.3940 *10.8378 14.0940 15.8286  15.3475  16.1307

Note * = Minimum IAE value



CHAPTER VI

CONCLUTIONS AND RECOMMENDATIONS

6.1 Conclusion

i gérocess design altogether with

This study consi

plantwide control stru energy consumption and
maintaining good co ternatives of various heat
integrated processes n (2005), 8 alternative

kinds of disturbances are

of the resilient HEN; ﬁ and o s@(s and sources uses Heat
Pathway Heuristics ( HPT‘-,I AWongsn and E’rmawan 2005). In general, the HPH

is very useful ﬂ t%ﬁt'@e%c&] WﬁtWaﬁe’ﬂlﬁgﬁnem to achieve the

h1ghest possibldidynamic MER.

”"’Iﬂﬁﬂﬁiﬂww@f SIS 12
design procedures and the analy31s is 1llustrated using time domain simulation-
based approach through HYSYS rigorous dynamic simulator. Although heat in-
tegration process is difficult to control, but proper control structure can reduce
complication for complex heat integration process control and achieve to design
objectives. However, the energy usage is important to consider because the good
control structure with heat integration process is less energy consumption, namely

decreasing operation cost.
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For the thermal disturbance, CS3 control structure are the proper control
structure with all alternatives, their feature structure are the cascade between
methane impurity in the product and DT bottom tray temperature so it can reject
the thermal disturbance by keeping the composition constant. For considering
the alternatives, the TEP alternative 4 gives the IAE value smaller than other

Weat exchanger network for the change
Y

alternatives, so the alternative 4 is h‘

in thermal disturbance.

For the material fl nclude that the CS3 control
structure is better than othe icturds beeatisesthie material disturbance entered

is immediately directed 3 DT, T he same way, the TEP alternative 5

gives the TAE value su er al es, 80 the alternative 5 is the
best heat exchanger netaforl’ " ,: | x,\ flow disturbance.

For all disturbanges gest | .."‘}.. tive 4 gives the TAE value
smaller than other alternafives. efo ,, he ‘\' alternative 4 is the proper
heat exchanger network for al st v' ur |

6.2 Recomme

1. Study and desig C . 1@ eat-exchanger networks
of the other process in plantwide control point of view.Maintain process

ek EUEINLNTNENT

2. Study theﬂontrollability characteristics ofglergy—integratﬁg natural gas ex-

ARARINIUNAINY A E



REFERENCES

Akman, U., and Konukman, A.E.S. Flexibility and Operability Analysis of a HEN-
integrated Natural Gas Expander Plant. Chem. Eng. Sci. 60 (2000): 7057

-7074.
Alongkorn Ploypaisansang. Re hanger Network Design of Hydro-
dealkylation Proces partment of Chemical Engineer-

Approach to the Design of

Calandranis, J., and Stephonehoulos, NS
alandranis an “ / “ \\:\

Control System ks. Comput. Chem. Eng. 12

(1988): 651-669
=
ig

Chakkraphong Thaichagoe sl ontro < b ot re for Energy-Integrated

Hydrodealkylationf(H

W redesr ¥ '

A% f;}; " Masteé \ hesis. Department of Che-
B 2N

mical Engineering, B :W ng; O

ongkorn University, 2004.

B T
Douglas, J.M. Concetual Desigr of Cliemice

1988. 3
Floudas, C.A., and G@sma ~E

2rocess. New York: McGraw-Hill,

R
esis O lé)@le Heat Exchanger Net-
works with Uncerfa'gFlowrates and}“emperatures. Comput. Chem. Eng.

o @HEANENINYINT
Handog?ﬂ; ﬁﬁﬁﬁv.p Deﬁén :ﬁ ﬁﬁ;ﬁ ggilﬁ?a‘fﬁmd Reactor

Jatuporn Kunlawaniteewat. Heat Exchanger Network Control Structure Design.

Master’s Thesis, Department of Chemical Engineering, Engineering, Chu-

lalongkorn University, 2001.

Jones, W.E., and Wilson, J.A. An Introduction to Process Flexibility: Heat Ex-
changer. Chem. Eng. Ed. 31 (1997): 172-177.




206

Linnhoff, B., Dunford, H., and Smith, R. Heat Integration of Distillation Columns
into Overall Processes. Chem. Eng. Sci. 38 (1983): 1175.

Linnhoff, B., and Hindmarsh, E. The Pinch Design Method for Heat Exchanger
Networks. Chem. Eng. Sci. 38 (1983): 1175-1188.

of Operable Heat Exchanger Networks.
/erencel Chem. E. Symp. Ser. 86

Linnhoff, B., and Kotjabasakis, E. Desi
First U.K. National Heat !
(1984): 599.

Luyben, M.L., and LuybenT W Design an . o itrol of a Complex Process In-

A // \\\\\ olumns and Two Recycle
. Olé ;, (; | N \ 3898.

B.1)., }suyb 1, I» Plantwide Process Control. New

1. 41999.
it

Luyben, M.L., Tyreus, B.D. nd.. ’*21 LAR Design Plantwide Control Proce-

dure. AIChE Journal. ‘?-.’2:3.!! 3174,
_.,'._,.{‘.l"‘{,‘_#,! ‘

volving T'wo

Streams. Ind.

Luyben, M.L., Tyreus
York: McGraw-

Luyben, W.L. Control o bafic Tubular Reactor. Ind.
Eng. Chem. “Sf ‘

Luyben, W.L. Designand Control of Gas-Phase Rea(ﬂr/ Recycle Process with

B Vbl (1)1 21120
¢ o

Luybe éssing and Con-

trel. New rk: Marce e e, 2002.

Marselle, D.F., Morari, M., and Rudd, D.F. Design of Resilient Processing Plants
IT: Design and Control of Energy and Management Systems. Chem. Eng.
Sci. 37 (1982): 259.

Montree Wongsri. Resilient of Heat Exchanger Network Design. Doctoral disser-

tation, Sever Institute of Technology, Science, Washington University, 1990.



207

Richard Dale Colberg. Area, Cost and Resilience Targets for Heat Exchanger

Networks. Doctoral dissertation, Cal Tech, Pasadena, 1989.

Saboo, A.K., and Morari, M. Design of Resilient Processing Plants IV: Some New
Results on Heat Exchanger Network Synthesis. Chem. Eng. Sci. 3 (1984):

579-592.

Sayfon Kietawarin. Control Stru : phed to Hydrodealkylation Pro-
cess Plantwide Contro esis, Department of Chemi-
cal Engineering, Ch ,,,-w—-mm niversity, 2002

Seborg, D.E., Edgar, ., andAlcllicha Wb D ess Dynamic and Control.

New York: Jol

Skogestad, S. Control#str ‘ ’ chemical plants. Comput.

Terrill, D.L., and Douglas, J:M. HA od \ leat Exchanger Network
Synthesis. Ind. Eng. Chéin 7' 087): 175-179.

Wongsri, M., and ma V. D. Heat fanfigement for Complex

{"‘ DA Plant. J. Chin.

Energy Inte ;?‘i
Inst. Chem. E

RS %fﬁmﬁﬁffﬂ i

rs. 30

S f Energy-integrated

r s Thesis, Depart-




AULINENINYINT
IR TN TN



209

APPENDIX A

PARAMETER TUNING

A.1 Tuning Contr

Notice throug i K u@l types of controllers such as P,

PI, and PID contro depend on"the.control loop. In theory, control

performance can b ive action but in practice the

use of derivative h

3. Several types of PID genirol alg ire used, so important to careful

that the right algoritf 57 ;z ts matching tuning method.

4. The simulation-is-an-approximation-of-the-res lant If high performance
controllers ar@requ 1cmrom the simulation, the real

plant may not vzprk well.

A.2 ’I‘uﬂjé &llg\yl &ui m’lgsgre Loops
ammmmmmw o P L TR—

contro? valves are small. Therefore, the controller can be turned with a small
integral or reset time constant. A value of = 0.3 minutes work in most controllers.
The value of controller gain should be kept modest because flow measurement
signal are sometime noisy due to the turbulent flow through the orifice plate. A
value of controller gain of KC = 0.5 is often used. Derivative action should not

be used.
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Most level controllers should use proportional-only action with a gain of
1 to 2. This provides the maximum amount of flow smoothing. Proportional
control means there will be steady state offset (the level will not be returned to
its setpoint value). However, maintaining a liquid level at a certain value is often

not necessary when the liquid capacity is simply being used as surge volume. So

f}"

gas volume of the system Dy ¢l rate of gas flowing through the

the recommended tuning of a level ller is Ko = 2. Most pressure controllers

nstant is estimated by dividing the

system. Setting the i to 4 times the process time

constant and using v gives satisfactory pressure

control. Typical pr . ller tuning constants for columns and tanks are

controller. The e ,:;m:::r_:.-_z;—.::;"_.—:::m:r;.g and the ultimate frequency.

X J

o calculate some reasonable

controller tuning conistants.

= W

The ﬂtuﬂ&mﬂmgnm& ;l'm_ﬁ relay in the feedback

loop. The only parameter thatémust be speeified is the height of the relay, h.
This%iw ’1;][ ﬁlballﬂ‘ﬁ) m%woﬂ@ cw&le’r]oa)ﬂcale. The loop
starts %o oscillate around the rsetrpoint with thé controller output switching every
time the process variable (PV) signal crosses the setpoint. Figure B.1 shows the
PV and OP signals from a typical relay-feedback test. The maximum amplitude
(a) of the PV signal is used to calculate the ultimate gain, KU from the equation
K, = 1

aTm
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The period of the output PV curve is the ultimate period, P, from these
two parameters controller tuning constants can be calculated for PI and PID
controllers, using a variety of tuning methods proposed in the literature that
require only the ultimate gain and the ultimate frequency, e.g. Ziegler-Nichols,

Tyreus-Luyben.

i
APV 0 -
A |
1 e 18
. i. 3 I
: 4
; ‘ -
os ' -
= h
AOP 0 ' ,
R
.05 &
— — = 15

Figure g 1 Input and Output from Relay-Feedback Test

ANYNINYINT

A4 Inchhsmn of mags

ALWAND A8 BADNLAALL werror o

always exist. In simulations, however, these lags are not part of the unit models.
Much more aggressive tuning is often possible on the simulation than is possible
in the real plant. Thus the predictions of dynamic performance can be overly
optimistic. This is poor engineering. A conservative design is needed. Realistic
dynamic simulations require that we explicitly include lags and/or dead times in

all the important loops. Usually this means controllers that affect product quality
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or process constraint. Table A.1 summarizes some recommended lags to include

in several different types of control loops.

Table A.1: Typical measurement lags

Time constant
Number Type
(minutes)

Temperature , //V 0.5 First-Order Lag

= l&’ -

o 10 Deadtime

First-Order Lag

Composition

ﬂUEl'J‘VIEW]?WEl’Iﬂ‘a'
qmmmmummmaa
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APPENDIX B

PROCESS AND EQUIPMENT DATA OF NATURAL
GAS EXPANDER PLANT

Table B.1: Data of the na expaudcmplant (Base Case) for simulation

~Natural gas fee Methanesrich residue  Ethane-rich product
, (Stream 21)

Streams & conditions

Vapor fraction 0

Temperature [°C -7

Pressure [atm)] 19.1

Molar flow [kgmol, 657.1

Components l l & ‘\‘\

Nitrogen ', 0.00000
CO2 O = 0 0598 0.02973
Methane Ofdni0 i 0.06497 0.05741
Ethane 08300 0.02195 0.47886
Propane -—--— --------- (= 0.25382
i-Butane v, 3 0.04403
n-Butane 0.06538
i-Pentane 0.00280 0. 00000 0.02130
El fJ V’I i w i 0.01598
ALk s
n-Heptane 0.00120 #0.00000 0.00913
QRN TR A T B
n-Nonane 0.00040 0.00000 0.00304

n-Decane 0.00050 0.00000 0.00381
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Table B.2: Equipment data and specifications of natural gas expander plant

ﬁeat Exchanger E1

UAn(.kJ/C h)

v

Equipment Specification Value
Low-temperature separator (LTS) | Vessel Volume (m3) 12.95
Vapor-liquid separator (VLS) Vessel Volume (m3) 12.95

Tray Volume (m3) 0.9719

Demethanizer Tower (D " '/ olumn Diameter (m) 1.5

N “_;@:I- iler Volume (m3) 9.12
Basecase — —
Heat Exchanger ) 1.5e06
Heat Exchanger [ » 1e06
Alt1
Heat Exchang %h) 7.163e05
Heat Exchangef ) 6.956¢05
Heat Exchanger . C-h) 3.546e05
Heat Exchanger f : J/C-h) 9.122¢04
Heat Exchanger ES __ 28 ) 4.268e04
Alt2 Yy y
Heat Exchibges 7.163c05
Heat Exchang '“ 6.956e05
Heat 3.546e05
?iﬁ?ﬂr%ﬂmﬁﬁ%ﬁﬁ
Heat Exchanger E5 1.234€05

A (kJ/C-h) 1.750e06
Heat Exchanger E2 A (kJ/C-h) 5.460e05
Heat Exchanger E3 A (kJ/C-h) 9.122¢04
Heat Exchanger E4 A (kJ/C-h) 4.268e04
Al
Heat Exchanger E1 A (kJ/C-h) 1.750e06




ﬁzﬂi | °
9
Heat Exchanger E1

UA (kJ/C-h)

Heat Exchanger E2 UA (kJ/C-h)
Heat Exchanger E3 UA (kJ/C-h)
Heat Exchanger E4 UA (kJ/C-h)
UA (KJ/C-h)

kJ/C-h

Heat Exchanger E5

Equipment Specification Value

Heat Exchanger E2 UA (kJ/C-h) 5.460e05
Heat Exchanger E3 UA (kJ/C-h) 3.910e04
Heat Exchanger E4 UA (kJ/C-h) 1.234e05
Alts ‘
Heat Exchanger E1 : _ V A (kJ/C-h) 7.163e05
Heat Exchanger E /C-h) 6.956e05
Heat Exchangef/ C-h) 3.467e¢04
Heat Exchan ) 4.389€05
Heat Exchangergf5 & _-h) 4.268e04
Alto |
Heat Exchanger B ,&.* ‘ ) 7.163e05
Heat Exchangér B2 £ - | ) 6.956¢05
Heat Exchanger/E3 ‘gﬂ? ) ‘ ) 3.467e04
Heat Exchanger B4 Adie 2 J/C-h) 2.543e04
Heat Exchanger E ) 6.203€05
A "
Heat Exchaiiger B 7.163e05
Heat Exchangeér E2 UA (kJ/C-h) 6.956e05
Heat ‘ﬁ | & 2.374e04
Heat Eﬂi‘h Vl E] VI i ﬂﬂmﬂ ‘j 4.368¢05

changer ES o o 1 ool AT /G . 37 | 1231005

7.163e05
6.956e05
2.374e04
3.853e04
6.203e05

215
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APPENDIX C

FIXTURE POINT THEOREM DATA

iables for the TEP

Manipulated Variable ” /// iption

V1
V2
V3
V4
Vb
V6
V7
V8 |
70 bander po
Q80 S Al
Q81 L7
Q-82 ‘
Q-83 ¢ mHeat duty of exehanger E-103 (cooler duty)

Table C.1: List of Manipulated V

ARIAATAUNNIING A Y
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Table C.2: TAE Results of Flow Rate Devi ’tw/ ss Stream

Sum

Stream V1 V2 V3 V4 V5 7 \% Q-80 Q-81 Q-82 Q-83 IAE
1 1.3120 | 1.5902 | 0.8566 | 1.5191 | 1.00 0533 | 1.0 112 | 2.0829 | 2.0888 | 1.8629 | 20.8119
2 0.6834 | 0.8193 | 0.4410 | 0.7821 | 0.5152 () 0.8383 | 1.0723 | 1.0754 | 0.9596 | 10.6298
3 0.6286 | 0.7709 | 0.4155 | 0.7369 | 0. 0 o | 05051 | 4 | 1.0104 | 1.0133 | 0.9033 | 10.1814
4 0.6279 | 0.7709 | 0.4156 | 0.7370 | 0.4856 .9 62 [§o. 9734 | 1.0106 | 1.0134 | 0.9034 | 10.1823
5 0.6277 | 0.7709 | 0.4156 | 0.7370 | 0. il 962" [#0.50 i 5 | 1.0107 | 1.0135 | 0.9034 | 10.1823
6 0.6825 | 0.8191 | 0.4410 | 0.7822 | 0.5152 8 P72 | ; i 1 0.8382 | 1.0723 | 1.0754 | 0.9595 | 10.6299
7 1.3103 | 1.5901 | 0.8566 | 1.5191 | 1.0 .0534 428 6 11 | 2.0830 | 2.0889 | 1.8629 | 20.8117
8 0.7050 | 0.8267 | 0.4450 | 0.7951 8 0 1.0426-{ 0.54 0. 1.0506 | 1.0981 | 0.8414 | 10.7429
9 0.6055 | 0.7634 | 0.4116 | 0.7239 | 0.480 0847 20105 - | 0.8842 | 1.0321 | 0.9906 | 1.0224 | 10.0688
10 0.6058 | 0.7635 | 0.4116 | 0.7240 | 0.4 4 1.0408 A~ 32 43 | 1.0324 | 0.9908 | 1.0224 | 10.0720
11 0.6073 | 0.7636 | 0.4116 | 0.7241 | 0.4810 8482 - .' g 4 0.794 0.8843 | 1.0325 | 0.9909 | 1.0225 | 10.0758
12 0.7057 | 0.8288 | 0.4451 | 0.7954 | 0.520 1.9733 | 1,0423-4 8 | 0.8779 9275 | 1.0505 | 1.0980 | 0.8423 | 10.7515
13 1.3127 | 1.5922 | 0.8566 | 1.5192 | 1.000 08 420529 |- 1.67 1.8118 | 2.0828 | 2.0887 | 1.8638 | 20.8236
14 0.5766 | 0.7393 | 0.0276 | 0.0939 | 0.0301 L0033 ,-&»932,7_"1) 11 0.1457 | 0.1277 | 0.1208 | 0.1575 2.2186
15 1.6957 | 1.5227 | 0.5619 | 1.4949 | 0.6466 | 1.46207| 1.3348 € 8355 | 1.5042 | 1.0829 | 1.1394 | 1.5497 | 16.5084
16 0.5766 | 0.7393 | 0.0276 | 0.0939 | 0.0301 0.00;{#‘7}@1 f 161 | 0.1457 | 0.1277 | 0.1208 | 0.1575 2.2186
17 1.6957 | 1.5227 | 0.5619 | 1.4949 6466 - 1.462 "'1%'3(8\‘ 1.5042. | 1.0829 | 1.1394 | 1.5497 | 16.5084
18 0.3726 | 0.1853 | 3.2058 | 0.8136 ﬁ&w 0.1266 | 0.0894 q{z, 0.0583 | 0.0469 | 0.0934 8.1748
18C 0.3726 | 0.1853 | 3.2058 | 0.8136 | w 0.0583 | 0.0469 | 0.0934 8.1748
18D 0.3726 | 0.1853 | 3.2058 | 0.8136 0.1 0.0583 | 0.0469 | 0.0934 8.1748
19 2.2710 | 1.4504 | 0.3499 | 1.4461 | 0.4194 . 1.3139 | 0.7859 | 0.8188 | 1.3417 | 15.3282
20 0.6724 | 0.4331 | 1.5056 | 0.2188 1.%6 0.0430 | 0.1715 | 1.9166 | 0.2001 | 04047 | 0.6797 | 0.6325 | 0.2694 8.6430
21 0.2552 | 0.2958 | 1.7225 | 0.6607 | 1.7388, | 1.3799 | 0.9916 | 4.2902 | 0.2861 | 0.2443 | 0.6823 | 0.6573 | 0.2687 | 13.4734
22 1.6134 | 1.6553 | 1.6131 | 1.6288 _1.8‘13!'_934_73 1.2868 2.1_‘! 1.5798 | 1.6489 | 1.4619 | 1.4464 | 1.5286 | 20.8215
23 1.6134 | 1.6551 | 1.6131 8 1.813 3 286 2°1976 5798 | " 1.64 4619 | 1.4464 | 1.5285 | 20.8210
24 1.6134 | 1.6553 | 1.6131 6287 JL_E; 34 % 1677 5 1 4|7 q1}19 1.4464 | 1.5286 | 20.8212
25 1.6134 | 1.6553 | 1.6131 | 16287 | 1.8138 | 1.3472 | 1.2868 | 2.1977 | 1.5798 | 1.6487 | 1.4619 | 1.4464 | 1.5286 | 20.8212
32 2.2710 | 1.4504 | 0.3499 | 1.4461 | 0.4194 | 1.3267 | 1.0236 | 0.9124 17685 | 1.3139 0.7859@.8188 1.3417 | 15.3282

AWIANNIURNNTINEIQE
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Table C.3: TAE Results of Pressure Deviati Stream
Sum
Stream Vi1 V2 V3 V4 V5 7 \% Q-80 Q-81 Q-82 Q-83 AR
1 1.7665 | 0.5593 | 0.2619 | 0.3211 | 0.169 18 | 0.1 6033 | 0.6333 | 0.5825 | 0.6095 | 6.9112
2 1.7665 | 0.5593 | 0.2619 | 0.3211 | 0.1690 118 | 05301 | 0.6033 | 0.6333 | 0.5825 | 0.6095 | 6.9112
3 1.7665 | 0.5593 | 0.2619 | 0.3211 | 0. 0. 0. 2 1 33 | 0.6333 | 0.5825 | 0.6095 | 6.9112
4 1.7832 | 0.6894 | 0.3238 | 0.3972 | 0.2093 s 4 |Wo. 7584 | 0.7837 | 0.7208 | 0.7522 | 8.1564
5 1.8012 | 0.8378 | 0.3934 | 0.4826 | 0. 9 41 [#0.25 70 | 0.9521 | 0.8756 | 0.9141 9.4992
6 1.8012 | 0.8378 | 0.3934 | 0.4826 | 0.2542 .4 ik 2 6 0.8770 | 0.9521 | 0.8756 | 0.9141 9.4992
7 1.8012 | 0.8378 | 0.3934 | 0.4826 | 0.25 9 L6041 510 770 | 0.9521 | 0.8756 | 0.9141 9.4992
8 1.8012 | 0.8378 | 0.3934 | 0.4826 2 .4 0.604F - 0.25 0.8770 | 0.9521 | 0.8756 | 0.9141 9.4992
9 1.8012 | 0.8378 | 0.3934 | 0.4826 | 0.25424| 0.4599 1604 | 4 | 0.8770 | 0.9521 | 0.8756 | 0.9141 9.4992
10 1.8191 | 0.9571 | 0.4525 | 0.5637 | 0.2 10 0.6637. 4 - 75 9 787 | 1.0314 | 1.0317 | 1.0769 | 10.7006
11 1.8393 | 1.0989 | 0.5215 | 0.6593 | 0.3374 ¥ . .." o) 1.099 1.0958 | 1.1155 | 1.2164 | 1.1910 | 12.0293
12 1.8393 | 1.0989 | 0.5215 | 0.6593 | 0.3374 | 0.7955 | 0.7290 | 9 1.0999 | 1.0958 | 1.1155 | 1.2164 | 1.1910 | 12.0293
13 1.8393 | 1.0989 | 0.5215 | 0.6593 | 0.337 047955 | 0u#90" |- 1.0 1.0958 | 1.1155 | 1.2164 | 1.1910 | 12.0293
14 1.8393 | 1.0989 | 0.5215 | 0.6593 | 0.3374 955t 100290 | 0 .0 1.0958 | 1.1155 | 1.2164 | 1.1910 | 12.0293
15 1.8393 | 1.0989 | 0.5215 | 0.6593 | 0.3374 | 0.7955 7, 0.7290 | 1.0999 | 1.0958 | 1.1155 | 1.2164 | 1.1910 | 12.0293
16 0.0257 | 1.2754 | 2.5076 | 0.9050 | 4.7892 | 1.7441 | 16217 { 0010 | 1.3165 | 1.5133 | 1.4529 | 1.1414 | 21.0966
17 0.1423 | 1.5459 | 1.1909 | 3.7086 | .7475_‘_..-'2‘.0'656"" 'i'.fri';ség 1.4430 | 1.1191 | 1.1471 | 1.4209 | 19.0526
18 0.1423 | 1.5459 | 1.1909 | 3.7086 iyfs 2.0026 | 1.79 J| 11191 | 1.1471 | 1.4209 | 19.0526
18C 0.1068 | 1.5242 | 4.3304 | 2.8319 e 60| 1.2135 | 1.2175 | 1.3562 | 21.7213
18D 0.0267 | 1.2713 | 2.4763 | 0.9039 12 1.7 1.5010 | 1.4427 | 1.1392 | 21.0407
19 0.1423 | 1.5459 | 1.1909 | 3.7086 oﬁﬂs . ESO 1.1191 | 1.1471 | 1.4209 | 19.0526
20 0.0267 | 1.2713 | 2.4755 | 0.9040 4;&!2 1.7461 | 1.6219 1.7807 1.0059 | 13109 | 1.5011 | 1.4424 | 1.1391 | 21.0379
21 0.0260 | 1.2739 | 2.5450 | 0.9090 | 3.5708 .| 1.6103 | 1.4107 | 12.1196 | 0.7982 | 1.2181 | 1.6452 | 1.6885 | 1.1347 | 29.9500
22 0.0779 | 1.0923 | 1.1432 | 0.8183 9.71_4!_553_8 1.6368 0.8_!_-1" 1.2337 | 1.0650 | 0.9242 | 0.9617 | 1.0446 | 13.3974
23 0.0584 | 0.8884 | 0.9403 5873 | 0.81 4 7l | 087 w509 | 0.8083 | 0.8775 | 10.4801
24 0.0430 | 0.6657 | 0.7294 21 0 543 .7 0 61;6 165 | 0.6229 | 0.6769 7.4879
25 0.0000 | 0.0000 | 0.0000 0.0000 | 0.0000 | 0.0000 | 0.0000 | 0.0000 | 0.0000 | 0.0000 | 0.0000 | 0.0000 | 0.0000
32 0.0779 | 1.0923 | 1.1432 | 0.8183 | 0.7144 | 1.8538 | 1.6368 | 0.8314 12337 | 1.0650 | 0.9242) |J0.9617 | 1.0446 | 13.3974
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Table C.4: IAE Results of Temperature Devi ess Stream
Sum
Stream | V1 V2 V3 V4 V5 V7 \% Q80 | Q81 | Q82 | Q83 | o
1 1.0986 | 0.0693 | 0.0161 | 0.0391 | 0.0 315 | o. 0395 | 0.0233 | 0.0384 | 0.0632 | 1.5350
2 1.0987 | 0.0693 | 0.0161 | 0.0391 | 0.0234 0316 0.0305 | 0.0233 | 0.0384 | 0.0632 | 1.5351
3 1.0987 | 0.0693 | 0.0161 | 0.0391 | 0 s R0 95 | 0.0233 | 0.0384 | 0.0632 | 1.5351
4 0.8958 | 0.9807 | 0.3377 | 0.7928 | 0.4930 17 |8 o' 19 4847 | 0.4893 | 0.8088 | 1.0232 | 10.8867
5 0.8463 | 1.2038 | 0.4108 | 0.9656 | 0 3 052 |t 0, 72 | 3.1078 | 0.9841 | 1.2520 | 14.7467
6 1.3601 | 2.0880 | 0.7035 | 0.3555 | 0.9936 4| 4.1478 77 | 05 | 1.5146 | 0.9000 | 0.5459 | 1.5897 | 20.4176
7 1.1095 | 0.9679 | 0.1836 | 0.4710 | 0.2 7219 | 1.9405 | 0.7406 | 0.9100 | 14.0043
] 1.1101 | 0.9683 | 0.1836 | 0.4711 78 87 17219 | 1.9405 | 0.7406 | 0.9106 | 14.0073
9 1.1101 | 0.9683 | 0.1836 | 0.4711 | 0.257 0 | 1.7219 | 1.9405 | 0.7406 | 0.9106 | 14.0073
10 1.0147 | 0.6242 | 0.1051 | 0.8302 | 0.1 1 873 | 1.1208 | 1.1089 | 2.2858 | 12.8395
11 1.0469 | 0.5981 | 0.1496 | 0.8566 | 0.2194 14917 | 0.7178 | 0.9123 | 2.3873 | 1.8623 | 13.1028
12 1.1057 | 1.1561 | 0.4426 | 0.3262 | 0.6350 0.3419 | 0.6188 | 0.2839 | 0.0735 | 0.7487 | 7.5714
13 1.0561 | 0.9337 | 0.2457 | 0.5226 | 0.3479 0.8 0.6942 | 0.5512 | 0.9107 | 1.1622 | 8.1116
14 1.0649 | 0.9865 | 0.2449 | 0.5200 | 0.3479 0.8 0.7116 | 0.5444 | 0.89076 | 1.1871 | 8.0978
15 1.0649 | 0.9865 | 0.2449 | 0.5200 | 0.3479 0.8215 | 0.7116 | 0.5444 | 0.8976 | 1.1871 | 8.0977
16 0.4852 | 1.1879 | 0.1075 | 1.1009 | 2.0990 6597 | 0.6628 | 0.5732 | 0.9142 | 1.1647 | 10.7062
17 0.7764 | 0.6518 | 0.1018 | 2.0215 | -9,1509- | 0.334 | 02516 | 0.3541 | 0.5400 | 7.4195
18 0.7560 | 0.6497 | 0.1116 | 1.9573 | 04655 | 0.2526 | 0. 28/ 02514 | 0.3602 | 05248 | 7.3663
18C 0.7520 | 0.6493 | 1.0305 | 2.1660 | | O 0.2502 | 0.3585 | 0.5230 | 8.8983
18D 0.5377 | 0.5460 | 0.3254 | 1.1232 f597 | o - 0.2144 | 0.3100 | 0.4320 | 7.2172
19 0.7559 | 0.6501 0.1103 1.9572 0.1654 0. 11 ﬁm 0.2514 0.3602 0.5250 7.3652
20 0.4223 | 0.6967 | 0.7631 | 0.6987 | 32042 | 0.1853 | 0.0631 | 1.0197 | 1.2832 | 0:2184 | 0.2573 | 0.3751 | 0.4679 | 9.6550
21 2.4739 | 3.5070 | 20.2848 | 5.9761 | 13.1876 | 0.5843 | 1.1452 5.3118 | 8.4440 | 12.3078 | 3.9909 | 95.4480
22 0.6013 | 0.5563 | 0.1834 | 0.9201 2276 0 141 27 788 | 0.4065 | 0.4796 | 6.0502
23 0.8800 | 2.0227 | 0.3069 | 0.6085 . 05 _% 7 1 8%758 0.3964 | 1.4521 | 18.5220
24 1.2060 | 1.2837 | 0.2628 | 0.2105 3743 | ll26 l:008 0.7385! | 0i3695 | 0.0334 | 0.7577 | 11.0881
25 1.6088 | 2.3178 | 0.8280 | 1. 1.1739 | 1.0521 | 3.5191 | 1.3208 | 1.1281 | 1.2772 | 0.6646 | 0.4757 | 1.4451 | 17.8236
32 0.6636 | 0.5209 | 0.1005 | 1.0259 | 0.1580 | 0.2398 o.éw 0.2800 | 18560 | 0.2804 | 0.2728L] 0.3963 | 0.4764 | 5.9443
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Table C.5: IAE Result of Composition, Le

rature Deviation for the Process Stream

Note:

in stream 21, M21 is the methane cgng)sition in stream‘?}, Reb Level is the reboiler level, LTS Level is the low tempe-

rature separator level,

tower

E20 is the ethane composition inmream 20,

ane commsition in stream 20, E21 is the ethane composition

Stream | VI V2 V3 va | WV V7 Q-80 | Q-81 | Q-82 | Q-83 ‘?XE
E20 0.4271 0.2164 0.1463 0.1323 0 1209 0. 1174 0.0712 0.0770 0.2033 2.3508
M20 0.4258 0.2751 0.1909 0.1448 0.3264 i‘iQ “ 0.1426 0.0874 0.0934 0.2430 2.7447
E21 0.0782 1.5268 0.1621 0.9204 65 03 1.3960 1.3999 1.3409 15.3966
M21 3.0689 1.9817 3.5007 2.8025 1.86 2 392 2 0 .3397 2.4453 2.4297 2.2129 31.5079

Reb Level 0.7056 0.9470 0.1881 0.8228 2 2 ‘88- 2 6 1.7201 1.6767 1.1544 17.8449
LTS Level 0.4700 1.1791 0.4451 0.9852 0.31 ¥/ ) 3 8 1.1418 1.0024 0.9769 1.1572 10.6003
VLS Level 1.8245 0.8738 2.3668 1.1920 , .0 0. 219 26 0.2775 0.3464 0.6884 10.5549
Tray Temp B = i
1 0.5711 0.2977 0.0961 0.3353 0.3 0 0. 0343 0 8 .0940 0.0632 0.0412 0.1280 2.9075
2 0.4355 0.3691 0.1821 0.2868 0 3 1 9. 00286 * 402 006 0.0798 0.0523 0.1508 2.9934
3 0.4653 0.5297 0.1784 0.3143 0.361 0 8 %6&: {0} 0.2081 0.1153 0.0766 0.2564 3.5397
4 0.4500 0.5389 0.1985 0.3028 0.37 110 $ 6 0.2105 0.1120 0.0494 0.2689 3.5500
5 0.4014 0.5700 0.2818 0.2608 0.4208 L0795, = - 0. 0.2290 0.1048 0.0952 0.3200 3.7767
6 0.1810 0.6673 0.5849 0.4398 0.6011 0.0 ‘_;4;Jlf 0.8 0.3349 0.1098 0.6971 0.4828 5.3363
7 0.1405 0.7659 0.6875 0.5229 0.5988 0.11 [ 0.8088 0.3359 0.0700 0.7779 0.5629 5.8514
8 0.4824 1.0711 1.0208 0.8038 0.6358 0. 2 ! __37_:.-"' 5252 0.5869 0.6299 1.0403 0.8279 9.0622
9 1.4188 1.5967 1.7581 1.5937 44 1.0 142?4 2.1852 1.6061 1.4046 18.3057
10 2.5700 2.1662 2.6361 2.553 3.1951 2.6111 2.5274 33.7132
11 3.8840 2.4274 3.3757 3.5863 4.3350 3.9528 4.0703 53.9638

PRIAIATUUMINYAE

Vﬁ ﬁﬁ da \?ﬁrﬂ%ﬁw ﬁf,'}‘ﬂ ﬁmp is the tray temperature of demethanizer
Y
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