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This dissertation studies thermodynamic analysis of hydrogen production for
different fuel cells including polymer electrolyte membrane fuel cell (PEMFC) and solid
oxide fuel cell (SOFC). Firstly, hydrogen production from decomposition and steam
reforming processes fed by different primary fuels; i.e. light hydrocarbons (methane,
ethane, and propane) and alcohols (methanol, ethanol, and glycerol) was investigated and
comparison of reaction performances between both processes under energy self-sustained
operation by splitting feed or product gas stream to combust for heating the system was
then carried out. From the study, it was found that the system with splitting feed can give
higher hydrogen production, compared to that with splitting product stream, while the
latter can provide higher carbon yield but lower CO, emission than the former. Although
most of the steam reforming processes could gain higher hydrogen production than the
decomposition processes, the decomposition ones were more interesting in term of the
environmental concern. It was further revealed that the decomposition of light
hydrocarbons at high temperature is suitable for PEMFC and SOFC. However, the
decomposition of alcohols could be employed with SOFC. Among all processes, methane
decomposition was an attractive choice under the environmental concern. In addition,
biogas consisting of greenhouse gases i.e. methane and carbon dioxide was tested in the
decomposition process. Considering biogas with the CO,/CH, ratio of 40:60, it was
necessary to separate carbon dioxide before supplying to the decomposition unit in order
to achieve higher reaction performance. Nonetheless, the decomposition process fed by
biogas with CO, capture under thermally self-sustained condition was not compatible
with PEMFC due to the presence of carbon monoxide concentration higher than 10 ppm.
For SOFC, the decomposition process fed by biogas with splitting feed was operated at
1275 K to obtain the highest hydrogen and carbon monoxide production, while that with
splitting product stream was carried out at 1300 K to gain the highest carbon yield and the
lowest CO, emission from the burner.
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CHAPTER 1
INTRODUCTION

1.1 Rationale

Hydrogen is an important feedstock for various applications such as fuel cell,
hydrotreating hydrogenation, and production of ammonia or methanol [1]. One of the
promising hydrogen utilization is as a fuel for fuel cell, an electrical power generation
technology with high efficiency. In addition, fuel cell has been known as an
environmental friendly device due to low greenhouse gases emission. There are
several types of fuel cells that are commonly used, including polymeric electrolyte
membrane fuel cell (PEMFC) and solid oxide fuel cell (SOFC). Classifying the fuel
cell by the operating temperature, low temperature (PEMFC) and high temperature
types (SOFC) are suitable for fuel cell applications such as moving vehicles and
stationary power plants, respectively. Considering the possible fuel fed to the fuel
cell, it relies on the fuel cell category as summarized in Table 1.1. For PEMFC, the
hydrogen supplied is typically limited under condition of high purity of hydrogen with
considerably low concentration of carbon monoxide (CO). An acceptable value at
which the active sites on the anode of PEMFC can be tolerable and unharmed from
poisonous gaseous CO is around 10-50 ppm [2-4]. On the other hand, CO can be

performed as another fuel source in SOFC.

Numerous alternative methods to produce hydrogen have been carried out
such as steam reforming, partial oxidation, autothermal reforming, coal gasification,
electrolysis, or decomposition [5]. Among these methods, steam reforming is a
conventional process that is carried out in a number of industries due to high
capability of hydrogen production and energy efficiency [5]. However, it has been
revealed that the steam reforming process generates larger amount of greenhouse gas
such as carbon dioxide (CO,) compared to other processes [6]. Currently, the global

warming issue caused by greenhouse gases is enormously concerned. According to



the environmental concern, the decomposition of hydrocarbon has been recently
attracted a great attention in hydrogen production as it gives pure hydrogen without
any COy exhausts and yields valuable and marketable by-product, carbon, in different
forms, such as carbon nanofiber (CNF) [7-9] or carbon nanotube (CNT) [10-12],
depending on the type of catalyst used in the reaction. The CNF and CNT have been
widely used in electronic applications, gas storage materials, composite materials, and
catalyst supports [13-17], etc. However, the steam reforming as widely used in many
industries is typically processed by providing an excess of steam in order to prevent
carbon formation on the catalyst. Although higher hydrogen is yielded from the
condition of excess steam, higher CO, emission is gained. Conversely, the
decomposition is focused on obtaining the carbon as the valuable by-product. More
importantly, carbon capture by means of decomposition process is certainly beneficial

to surroundings as a result of an ability to suppress the CO, emission to atmosphere.

Table 1.1 Summary of major fuel constituent for different fuel cell types [2].

Fuel cell type
Gas species
PEMFC SOFC
H, Fuel Fuel
CO Poison (<50 ppm) Fuel
CH,4 Diluent Fuel
CO;, and H,O Diluent Diluent

The comparison between the decomposition and steam reforming processes
has been proposed by several researchers [18-21]. In case of using methane as a fuel,
it was obviously found that the decomposition requires significantly lower energy
input per mole of hydrogen produced (37.8 kJ mol”’ H,), compared to the steam
reforming (63.3 kJ mol! Hy). In addition, the amount of CO, emission of the latter
was greatly higher than that of the former (0.43 and 0.05 mol CO, mol™ Hy) [20]. As
reported by Steinberg [18], it was revealed that the decomposition of methane is more
effective than the steam reforming especially in term of the easiness of separating the

stable solid carbon from the decomposition process compared to sequestering CO,



produced as a reactive gas or low temperature liquid from the steam reforming.
Among hydrogen production from thermal and autocatalytic decomposition of
methane and the steam reforming with and without CO, capture and storage, the
autocatalytic decomposition exhibited the lowest total environmental impact and CO,
emissions. Although lower CO, emissions could be achieved by the steam reforming
with CO, capture and storage, its total environmental impact was higher than the

conventional one [19].

At the present, hydrocarbons, such as methane (CHjy), ethane (C,Hg), ethylene
(C,Hy), propane (Cs;Hg), butane (C4Hj) and alcohols, including methanol (CH;OH),
ethanol (C;HsOH) and glycerol (C;HgOs), have been generally employed in steam
reforming processes as primary fuels [22-26]. All these fuels give hydrogen-
containing products which are typically supplied as a fuel in SOFC. However, it could
be supplied to PEMFC after reducing the CO concentration via the secondary reactors
i.e. water gas shift or preferential oxidation units. However, those hydrocarbons and
alcohols can be also employed in the decomposition process. Related to the
decomposition system, methane has been the most preferable primary fuel in various
investigations [27-30]. Besides the use of pure methane as gaseous fuel, biogas has
been another interesting fuel source since it is available and being renewable energy
sources derived from biomass, which mainly composes of methane and high
concentration of carbon dioxide. Methane content in biogas varies in the range of 40-
65%, relying on the source of biogas and the fermentation process [31]. In addition,
both compositions of biogas have been known as the greenhouse gases. Hence, it is
useful for reducing the greenhouse gases to the environment in order to relieve the

global warming problem.

As considered the biogas as the primary fuel for the decomposition process,
methane and carbon dioxide would be preferably converted to hydrogen and carbon
monoxide via the dry reforming reaction. However, it is possible to form the carbon in
this system. Several researchers [7, 32-34] have experimented the decomposition
process fed by biogas for hydrogen or synthesis gas production. Under the study of

carbon prevention [35], the oxygen was supplied to reduce the carbon formation for



this process. However, nanostructured carbonaceous material such as carbon
nanofiber as a valuable carbon by-product with hydrogen-rich fuel gas or synthesis
gas could be obtained [7, 32]. Therefore, the decomposition process fed by biogas is
another promising alternative for producing hydrogen-rich gas accompanied with the
useful carbon by-product. According to the biogas decomposition process, since the
dilute methane with carbon dioxide, the concentration of hydrogen produced should
be reduced. Therefore, the increase in hydrogen purity can be achieved when carbon
dioxide is sequestered from biogas before feeding to the decomposition unit. There
are various types of CO, sequestration technologies as generally used, for instance,
absorption [36], adsorption [37], membrane technology [38], etc. Thus, the
decomposition process of biogas with CO, capture would be another issue for further

investigations.

However, the methane decomposition is not currently used in industrial
process due to the problem of separating the valuable carbon by-product from the
catalyst. Several researchers [11, 39] have attempted to resolve this problem, but there
is no practical way to handle. Since the CO, emission topic is importantly concerned,
the methane decomposition is possible to industrially operate in near future.
Therefore, the decomposition process should be paid attention and the development of

the system and catalyst is needed to further investigate.

In this research, the hydrogen production is focused on supplying to the
different fuel cell types. Firstly, thermodynamic study of the decomposition system
fed by hydrocarbons and alcohols as primary fuels is considered. In addition, it is
compared to the conventional steam reforming process in order to determine the
suitable system. Nevertheless, the decomposition process as this process gives high
hydrogen purity and is environmental friendly is mainly focused on. Methane and
methane-containing gases i.e. biogas are properly selected as primary fuels for the
decomposition process. The system configurations with CO, separation based on
thermodynamic analysis are proposed and the suitable operating mode is examined in

order to match the different fuel cells.



1.2 Objectives

To determine the suitable operation of hydrogen production for different fuel cell
grades and to investigate the capability of the methane decomposition from the
comparative study of the reaction performance based on thermodynamic
calculation between the decomposition process and the steam reforming process

fed by different primary fuels i.e. light hydrocarbons and alcohols.

To examine the appropriate system configuration of the decomposition process

fed by biogas to match each fuel cell type by using thermodynamic analysis.

1.3 Scope of Work

1.

Based on thermodynamic analysis, the effect of operating temperature on the
reaction performances in terms of the equilibrium conversion, the selectivity of
product (H,) and of by-products (CHs, CO, and CO,), processing by the
decomposition and steam reforming processes fed by different primary fuels i.e.
light hydrocarbons (methane, ethane, and propane) and alcohols (methanol,

ethanol, and glycerol) is investigated.

The major reaction performances obtained from the decomposition and steam
reforming systems fed by different primary fuels under the thermally self-
sustained operations such as hydrogen production, purity of hydrogen, mole

fraction of carbon monoxide in product stream, and carbon yield are considered.

The suitable operating mode and operating condition under energy self-sustained
condition of the decomposition and steam reforming systems fed by different
primary fuels to match each fuel cell type are determined, based on the criteria of

maximum hydrogen production or carbon capture and CO, emission.



4. The system configurations of the decomposition process fed by biogas equipped

5.

with CO, separation technologies are taken into account by thermodynamic

analysis.

Under thermally self-sustained operation, the appropriate operating condition of

the decomposition system fed by biogas for different fuel cell grades is selected.



CHAPTER 11
THEORY

Since this research focuses on hydrogen production for different fuel cells, the
basic principle of fuel cell is firstly mentioned in this chapter (Section 2.1). For the
hydrogen production technologies, the information of the decomposition and the
conventional steam reforming processes fed by different primary fuels such as light
hydrocarbons and alcohols, including the occurrence of the possible reactions is
provided in Section 2.2. Furthermore, the use of CO, capture technology with
hydrogen production process is described in Section 2.3 and the examples of CO,

separation methods such as absorption and membrane techniques are also presented.

2.1 Basic Principle of Fuel Cell

As known, fuel cells are energy conversion devices that galvanically convert
chemical energy to electrical energy. A fuel cell configuration is shown in Figure 2.1.
As seen in Figure 2.1, a fuel cell consists of an electrolyte sandwiched between two
electrodes; i.e. anode and cathode. Typically, fuel is fed to anode and an oxidant is fed
to cathode. The electrochemical reactions take place at both electrodes. Then, ionic-
electronic charges transport between those electrodes, leading to producing the
electricity. A fuel cell operates like a battery. However, a fuel cell can produce
electrical energy as long as fuel and oxidant are supplied, but the electrical energy

produced from battery decreases when those reactants are consumed.

At present, various types of fuel cells are currently used in many applications.
These types can be classified by several criteria such as electrolyte, operating
temperature, charge carrier, etc. Classification of fuel cells is by type of electrolyte as
follows:

1. Polymer electrolyte membrane fuel cell (PEMFC)

2. Direct methanol fuel cell (DMFC)



Alkaline fuel cell (AFC)
Phosphoric acid fuel cell (PAFC)
Molten carbonate fuel cell (MCFC)
6. Solid oxide fuel cell (SOFC)
Other details of all types of fuel cell are illustrated in Table 2.1.
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Figure 2.1 Schematic of an individual fuel cell [40].

From the different types of fuel cells as shown in Table 2.1, the operating
temperature increases with fuel cells from left to right, ranging from 80°C for PEMFC
to 1000°C for SOFC. The low temperature fuel cells (PEMFC, DMFC, AFC, and
PAFC) with aqueous electrolyte use hydrogen or methanol as fuel. For high
temperature fuel cells (MCFC and SOFC), natural gas can be used as a fuel because it
can be internally reformed to hydrogen and carbon monoxide and then can be further
oxidized to produce electrical energy and heat. The uses of low temperature fuel cells
as power sources are in small-scale applications such as cars and computer notebooks.
For high temperature fuel cells (MCFC and SOFC), they are promising technologies

to use as power generation such as stationary electric power plant.



Table 2.1 Types of fuel cells [40].

Type of fuel cell
Item
PEMFC DMFC AFC PAFC MCFC SOFC
Electrolyte Ion exchange Ion exchange Alkaline Phosphoric acid  Alkali Carbonate Stabilized
membrane membrane mixtures zirconia (ZrO,)
Operating Temp. (°C) 50-85 50-100 50-250 160-220 630-650 800-1000
Charge Carrier H H OH H CO5™ 0*
Electrolyte State Solid Solid Liquid Immobilized Immobilized Solid
Liquid Liquid
Corrosiveness None None High High High None
Fuel H, CH;OH H, H, Synthesis gas, Synthesis gas,
CH4 CH4
Cathode Catalyst Pt, Pt/Ru Pt, Pt/Ru Pt/Au, Pt, Ag  Pt/Cr/Co. Pt/Ni Li/NiO LaSrMnO;
Anode Catalyst Pt Pt Pt/Au, Pt, Ag Pt Ni, Ni/Cr Ni/ZrO,
Cogeneration Heat None None None Low quality High High
Size (MW) 0.25 0.30 Very small 11 2 1-2
Application Transport, small Buses, cars, Small power Power Power Power

Efficiency (%)

in aerospace

>60

small appliances

40-50

appliances

<40

40-45

generation, CHP  generation, CHP

50-60

generation, CHP
50-60
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2.2 Related Reactions of Decomposition and Steam

Reforming Processes

According to hydrogen production from the decomposition and the steam
reforming processes, hydrogen can be produced from various types of primary fuels.
In this research, the studied primary fuels are light hydrocarbons (C;-Cs) i.e. methane,
ethane, and propane, and alcohols i.e. methanol, ethanol, and glycerol. A number of
possible reactions would take place in both processes. However, main reactions can

be summarized as follows:

Decomposition.:

Methane cracking:

CH, = C(s) +2H, AH® = 74.9 kJ mol™! (2-1)

Ethane cracking:

C,Hg = 2C(s) + 3H, AH® = 83.9 kJ mol™! (2-2)

Propane cracking:

C3Hg = 3C(s) + 4H, AH® = 104.7 kJ mol™! (2-3)

Methanol decomposition:

CH;0H = CO +2H, AH® = 90.5 kJ mol™! (2-4)

Ethanol decomposition to CO:

C,H;0H = CO+CH, +H, AH® = 49.9 kJ mol™! (2-5)

Ethanol decomposition to CO;:

C,HsOH = 5CO, + 3CH, AH® = -73.8 kJ mol’! (2-6)



Glycerol decomposition:

C;HgO; = 3CO +4H,

Steam reforming:

Methane steam reforming (MSR):

CH, + H,0 = CO +3H,

Methane steam reforming (overall):

CH, +2H,0 = CO, +4H,

Ethane steam reforming (overall):

C,H, + 4H,0 = 2CO, + 7H,

Propane steam reforming (overall):

C3Hg + 6H,0 = 3CO, + 10H,

Methanol steam reforming (overall):

CH;OH + H,0 = CO, +3H,

Ethanol steam reforming (overall):

C,HsOH + 3H,0 = 2CO, + 6H,

Glycerol steam reforming (overall):

C3HgO; +3H,0 = 3CO, + 7H,

AH® = 246.3 k] mol’!

AH® = 206.2 kI mol™

AH’ = 165.0 kJ mol™

AH® = 264.2 kJ mol™!

AH® = 375.2 kJ mol™!

AH’ = 49.3 kI mol’!

AH = 173.8 kJ mol™

AH® = 122.9 kJ mol™!

11

(2-7)

(2-8)

(2-9)

(2-10)

(2-11)

(2-12)

(2-13)

(2-14)

As shown in the decomposition process, C;-C; hydrocarbons can be converted

to the desired gaseous hydrogen and solid carbon [reactions (2-1)-(2-3)], whereas

alcohols typically decompose to hydrogen and other gases such as CH4, CO and CO,
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[reactions (2-5)-(2-7)], which can lead to more carbon formation according to the

following reactions, as well as the methane cracking [reaction (2-1)].

Boudouard reaction:

2CO = C+CO, AH® = -172.5 kJ mol’! (2-15)

Reverse gasification of C to CO:

CO+H, 2 Hy0O+C AH = -131.3 kJ mol™ (2-16)

Reverse gasification of C to COx:

CO, +2H, 2 2H,0+C AH’ = -90.2 kJ mol™ (2-17)

In addition, side reactions as shown below need to be taken into account when

by-products appeared.

Water gas shift (WGS):

CO+H,0 = CO,+H, AH® = -41.2 kJ mol™ (2-18)
Dry reforming (DR):
CH, + CO, = 2CO +2H, AH® = 2473 kJ mol™! (2-19)

In case of steam reforming process, CO and CO, are major by-products which

can be possibly involved in the reactions (2-15)-(2-19).

However, in case of biogas as a primary fuel fed to the decomposition unit, the
highly endothermic dry reforming reaction [reaction (2-17)] is preferably occurred
since high CO, content presented in CH4 feeding gas. In addition, the reactions
(2-15)-(2-18) can be also occurred as a result of the intermediate CO generation and

the carbon can be possibly yielded.
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2.3 CO, Capture Systems

The main application of CO, capture is likely to be at large point sources:
fossil fuel power plants, fuel processing plants and other industrial plants, particularly

for the manufacture of iron, steel, cement and bulk chemicals.

There are four basic systems for capturing CO, from use of fossil fuels and/or

biomass:

1. Capture from industrial process streams
Post-combustion capture

Oxy-fuel combustion capture

Sl

Pre-combustion capture

These systems are shown in simplified form in Figure 2.2.

2.3.1 Capture from Industrial Process Streams

CO; has been captured from industrial process streams for 80 years [41],
although most of the CO; that is captured is vented to the atmosphere because there is
no incentive or requirement to store it. Current examples of CO; capture from process
streams are purification of natural gas and production of hydrogen-containing
synthesis gas for the manufacture of ammonia, alcohols and synthetic liquid fuels.
Most of the techniques employed for CO, capture in the examples mentioned are also
similar to those used in pre-combustion capture. Other industrial process streams
which are a source of CO; that is not captured include cement and steel production,
and fermentation processes for food and drink production. CO; could be captured
from these streams using techniques that are common to post-combustion capture,

oxy-fuel combustion capture and pre-combustion capture.
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Figure 2.2 CO; capture system [42].
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2.3.2 Post-Combustion Capture

Capture of CO,; from flue gases produced by combustion of fossil fuels and
biomass in air is referred to as post-combustion capture. Instead of being discharged
directly to the atmosphere, flue gas is passed through equipment which separates most
of the CO,. The CO, is fed to a storage reservoir and the remaining flue gas is
discharged to the atmosphere. A chemical sorbent process as described in Section
2.4.1 would normally be used for CO, separation. Other techniques are also being

considered but these are not at such an advanced stage of development.

2.3.3 Oxy-Fuel Combustion Capture

In oxy-fuel combustion, nearly pure oxygen is used for combustion instead of
air, resulting in flue gas that is mainly CO, and H,O. If fuel is burnt in pure oxygen,
the flame temperature is excessively high, but CO, and/or H,O-rich flue gas can be
recycled to the combustor to moderate this. Oxygen is usually produced by low
temperature (cryogenic) air separation and novel techniques to supply oxygen to the

fuel, such as membranes and chemical looping cycles are being developed.

2.3.4 Pre-Combustion Capture

Pre-combustion capture involves reacting a fuel with oxygen or air and/or
steam to give mainly a synthesis gas (syngas) or fuel gas composed of carbon
monoxide and hydrogen. The carbon monoxide is reacted with steam in a catalytic
reactor, called a shift converter, to give CO, and more hydrogen. CO; is then
separated, usually by a physical or chemical absorption process, resulting in a
hydrogen-rich fuel which can be used in many applications, such as boilers, furnaces,

gas turbines, engines and fuel cells.
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2.4 Types of CO, Capture Technologies

CO; capture systems use many of the known technologies for gas separation
which are integrated into the basic systems. A summary of these separation methods

is given below.

2.4.1 Absorption

Even though there are several methods to sequester the gaseous CO,, the
chemical absorption process is the most commonly used in refineries, petrochemical
plants, natural gas processing plants and other industries. In order to remove CO,, the
aqueous solutions of various amines such as alkanolamines are mostly used.
Typically, there are several different alkanolamines which can be divided into three

groups as follows:

(1) Primary amines such as monoethanolamine (MEA) and diglycolamine (DGA)
(2) Secondary amines such as diethanolamine (DEA) and di-isopropylamine (DIPA)
(3) Tertiary amines such as triethanolamine (TEA) and methyl-diethanolamine

(MDEA)

The different amines can refer to the difference in their absorption equilibrium in the

separation process.

In general, the amine absorption process or it is called the amine gas treating
process comprises of an absorber unit and a regenerator unit as illustrated in Figure
2.3. Firstly, the gas stream with CO,; enters at the bottom of the absorber whereas the
liquid amine solution is fed at the top. The CO;-rich gas and the liquid amine solution
flow up and down, respectively, and both reactants are subsequently contacted. The
gaseous CO, from the gas stream is then absorbed by the amine solvent and it flows
out at the bottom whereas the remaining gas leaves at the top. The amine solution

containing the gaseous CQO; is then entered the regeneration unit in order to separate


http://en.wikipedia.org/wiki/Oil_refinery�
http://en.wikipedia.org/wiki/Petrochemical�
http://en.wikipedia.org/wiki/Natural_gas_processing�
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CO, from the reusable amine solution by using condition of high temperature and low

pressure.
CO,

Sorbent + Sorbent
CO, make-up

Sorbent <

CO; Capture
Regeneration <-----
Sorbent
Gas with
o, Spent

Sorbent

Figure 2.3 System configuration of CO; separation by absorption.

For example of the CO, absorption process by using MEA as amine, the

related chemical reactions are listed as the following equations.

2H,0 = H;0" + OH (2-20)
CO, + 2H,0 = H;0" + HCO; (2-21)
HCO; + H,0 = H;0" + COY (2-22)
2MEA" + CO, = MEAH" + MEACOO (2-23)
MEAH™ + H,0 = MEA + H;0" (2-24)
MEACOO™ + H,0 = MEA + HCO; (2-25)

The amines among various alkanolamines that has been the most generally
used in industrial plants are MEA, DEA, and MDEA. However, MEA is the mostly
used amine for CO, absorption process among the primary amines due to the
availability and low cost. Since MEA has the lowest molecular weight, the highest

theoretical CO, absorption capacity is provided. In addition, MEA has the highest
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vapour pressure among alkanolamines; hence, high reusable solvent can be obtained
from the regeneration step. However, in order to operate the CO, absorption process,
the amine concentration is an important parameter. For instance, the MEA
concentration used in the commercial process up to 30 wt.% has been successfully
employed to remove 80%-90% of the CO, from the feed stream [43]. Currently, the
amine gas treating has been attracted a great attention to remove CO; from the flue
gases emitted by fossil fuel power plants. In addition, this CO, absorption process is
one of the commonly used processes for removing the excess CO, in the final

hydrogen purification step from the steam reforming processes of hydrocarbons.

2.4.2 Membrane Separation

The membrane is a layer of material that allows selective permeation of a
certain gas. There are several types of membranes that can indicate the type of
permeate gas. Membranes can be typically divided into three types i.e. inorganic,
polymeric and biological membranes. These three types of membranes are classified
by their structure and functionality. Various membrane configurations such as hollow
fiber arranged in shell-and-tube and flat sheet packed in spiral-wound module are
usually used in gas separation system. The membrane technology has been widely
used in many applications such as hydrogen recovery from purge gases in ammonia
synthesis, refinery and natural gas dehydration, sour gas removal from natural gas,
and nitrogen production from air. The membrane technology has advantages over
other CO, separation technologies such as no requirement of separating agent or
solvent, leading to eliminating the regeneration unit. Since this membrane technology
is compact, relatively inexpensive and simple to use, it is an interesting technique for

employing in separation process.

At present, several commercial polymer membranes that are mostly derived
from cellulose acetate, polysulfone, and polyimide are available for CO, separation.
The separation of CO, from CH4/CO, mixtures by membrane technology is mostly

found. In order to separate CO, from those mixtures, it depends on the pressure


http://en.wikipedia.org/wiki/Ceramic_membrane�
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difference across membrane; therefore, the supplied pressure is required for the feed
gas. However, the use of membrane system has to importantly consider the energy

requirement for gas compression.



CHAPTER 111
LITERATURE REVIEWS

In this chapter, hydrogen production processes, especially the conventional
steam reforming and the decomposition ones, are focused on and reviewed in Section
3.1. Their application for different fuel cells is also mentioned in this section. The
related topics about methane decomposition process i.e. the catalysts used, the carbon
generated, and the proposed mechanism are gathered in Sections 3.2-3.4. As
considered biogas being a studied primary fuel for the decomposition system, the
methods of biogas treatment by removing CO, with various techniques are proposed

in Section 3.5.

3.1 Hydrogen Production Processes and Their Application
for Fuel Cell

According to hydrogen production processes, there are various methods that
have been disclosed in order to produce hydrogen such as steam reforming, partial
oxidation, autothermal reforming, coal gasification, electrolysis, decomposition, etc.
In Table 3.1, the energy efficiency of each hydrogen production technology is
presented. It can be defined as the energy value of the hydrogen produced divided by
the energy input required to produce the hydrogen. It could be recommended that the
steam methane reforming process is an attractive choice as a result of providing the
highest energy efficiency among several techniques for hydrogen production.
However, the steam methane reforming and methane partial oxidation processes that
give high value of energy efficiency currently produced large amount of carbon
dioxide [6]. Therefore, the methane decomposition method as one of hydrogen
production processes has been more interesting instead of the conventional one in

terms of low carbon dioxide emission from the process.
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Table 3.1 List of hydrogen production technologies [5].

Production technology Energy efficiency (%)

Steam methane reforming 83
Partial oxidation of methane 70-80
Autothermal reforming 71-74

Coal gasification 63
Direct biomass gasification 40-50
Electrolysis (nuclear fission-powered) 45-55
Photocatalytic water splitting 10-14

For this research, the methane decomposition system is focused on. However,
the conventional steam reforming process also needed to study and compare with in
terms of reaction performances in order to investigate an appropriate process for
hydrogen production. In addition, aim for different fuel cell types are also taken into
account. Therefore, the introduction of the studied hydrogen production processes; i.e.
steam reforming and decomposition systems is firstly mentioned in the following

sections.

3.1.1 Steam Reforming

The steam reforming has been disclosed that this process provides high
quantities of hydrogen produced per mole of reactant, leading to being widely used in
industrial process. However, it required a lot of external heat due to the highly
endothermic of the steam reforming reaction. Heat vaporization of water is a major
factor related to high amount of required heat. Typically, natural gas can be
simultaneously reacted via the steam reforming and WGS at 773 K by using Ni-based
catalyst [44]. However, various fuels such as methane, ethane, methanol, ethanol, etc.
can be processed by the steam reforming [22-26]. It was found that the coke
deposition on the catalyst surface is generated under the steam reforming, resulting in

the reduction the catalytic activity. The coke deposited is encapsulated the catalyst
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surface and its pore. In order to overcome this major problem, the excess of steam has
to be fed to the steam reforming reactor. The minimum ratio of steam to carbon atom
of primary fuel is required for resolving the coke formation. It was revealed that the
minimum ratio for the steam reforming of methane is around 1.4. In addition, air
added to the reactant feed can also reduce the coke formation and energy consumption
[45]. Moreover, Ni-based catalyst accompanied with additive such as ceria was
possible to diminish the coke deposition [46]. In some cases, the study of adding the
alkaline earth oxides such as MgO, CaO, and SrO into Ni-based catalyst was revealed

that it can also inhibit the coke generation [47].

Regarding the use of steam reforming for fuel cell applications, it can be
certainly used with SOFC since hydrogen and carbon monoxide produced from this
process can be supplied as a feedstock for this kind of fuel cell. However, it is
necessary to reduce the carbon monoxide concentration for PEMFC case via the

secondary unit such as shift reactor and preferential oxidation reactor [2].

Currently, there is a significant disadvantage over the steam reforming process
that is high quantities of CO, emission. Therefore, several researchers [5, 48] has been
attempted to investigate another possible hydrogen production method in order to
replace the steam reforming process. The decomposition is an alternative choice as

reviewed in the next section.

3.1.2 Decomposition

The decomposition process has been known to be one of hydrogen production
methods for decades. Compared to currently used steam reforming process in many
industries, the decomposition obviously provides less quantities of hydrogen
generated in case of the similar carbon atom in primary fuel. However, several
researchers [5, 48] have been progressively interested in the decomposition system
due to its capability of suppressing the greenhouse gas such as CO,. In addition, the

comparative study of various hydrogen production methods in term of total net cost
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indicated that the decomposition process is economically selected [48]. Therefore,
there are several attempts to develop this process for becoming another industrial
hydrogen production system and subsequently diminishing the use of steam reforming
system in industrial scale. Another topic that help gain more attraction is the co-
generation of hydrogen product and the valuable carbon by-product. This form of
carbon is different from coke that covers on the catalyst surface. The development of
the co-generation system by the decomposition process in order to achieve higher
hydrogen production with better carbon grade has been greatly investigated. However,
the yields of product and by-products are dependent on the type of catalyst used in the
decomposition reaction. Hence, in order to enhance the catalytic performances, the
catalyst improvement has to be carried out as further mentioned in the next section.
Nonetheless, the carbon sequestration from the decomposition process is a challenge
topic because the carbon cannot easily separate from the catalyst surface. As reported
in the previous researches [20, 21], the fluidized bed reactor has been employed in the
decomposition process in order to promote the separation of the carbon produced
while the reaction is processed. The presence of attrition phenomena from this reactor
type is possible to remove the carbon on the external surface of catalysts. However,
this method still cannot completely perform in some cases such as carbon nanotubes
(CNT) deposited on the catalyst surface [11]. Therefore, this problem cannot clearly
resolve yet, caused the uncertainty of the use of the decomposition process in
industrial scale of hydrogen production. However, the decomposition process should

preferably be carried out in the near future as a result of being a green technology.

As considered the decomposition process, the methane decomposition has
been one of the interesting process for hydrogen production. However, methane-
containing gas mixture such as biogas has been another option for being the primary
fuel for the decomposition process. Moreover, the thermodynamic study of
decomposition system fed by biogas was roughly investigated [35]. The hydrogen-
rich gas product or synthesis gas with the valuable carbon by-product such as carbon
nanofiber and carbon nanotube has been studied and being under investigations by
several researchers [7, 32]. Nevertheless, there was no research for considering this

process in order to equipped with fuel cell. However, the decomposition of
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hydrocarbons, especially methane, has been accepted for PEMFC application due to
the hydrogen production without COy emissions. In addition, it can be also employed
with SOFC. Regarding the hydrogen production processed by biogas, it was found
that the hydrogen production methods such as steam reforming, partial oxidation,
autothermal reforming, dry reforming and dry oxidation reforming of biogas are not
compatible with PEMFC [49]. However, it could be used with SOFC under some
constraints. In this work, the decomposition process fed by biogas for fuel cell

applications is concerned and further investigated in Section 5.2.2.

3.2 Catalysts Used in Methane Decomposition

The decomposition of methane typically generates the hydrogen product with
by-products of solid carbon. Without the catalyst used, the methane decomposition
reaction can be thermally carried out at around 1473-1573 K. However, the catalysts
have been developed to employ in the decomposition reaction in order to improve the
reaction performances. The operating temperature of the methane decomposition can
be reduced by using the catalyst within the reactor. According to the study of catalyst
development for decades, it has been found that the catalyst can be mainly divided
into two types i.e. the metal-based catalyst and the carbon catalyst. Moreover, the
metal-based catalyst can be operated in the methane decomposition at lower

temperature, compared to the carbon catalyst.

Regarding the metal-based catalyst, the monometallic and bimetallic catalysts
have been applied to the methane decomposition reaction. Transition metals such as
Ni, Fe, Co, Pd, Pt, Cr, Ru, and Mo were tested in the decomposition reaction. The
different forms of carbon generated can be appeared, relying on the operating
temperature. At low operating temperature (773-973 K), the carbon filament can be
achieved by using Ni-based catalyst. Fe-based catalyst preferably operated at higher
temperature (923-1223 K) and the carbon filament can be also generated. In addition,
graphitic turbostratic type of carbon can be obtained at high operating temperature

(923-1323 K), catalyzed by Ni, Co, Fe, Pd, Pt, Cr, Ru, and Mo-based catalysts. The
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support materials such as Al,O3, Si0,, Ti0O,, ZrO,, and MgO were possible to use in
the methane decomposition reaction. However, Ni-based catalyst has been mostly
used to carry out in the decomposition reaction due to achieving high catalytic
performances and providing long operational lifetime of the catalyst. The hydrogen
purity of around 80% can be obtained by using the commercial Ni-based catalyst with
65 wt.% metal loading at temperature of 973 K. The Ni supported on Al,O3 has been
investigated by comparing to that supported on other supports [50-52]. It was found
that Ni/ALbO; catalysts exhibit higher in catalytic activity and the stability of the
methane decomposition, compared to Ni/SiO, catalysts. In case of using other
monometallic catalysts such as Co-, Fe-, and Cu-based catalysts, lower carbon
deposited was achieved, compared to Ni-based catalysts [8, 39, 53]. The carbon
filament can be obtained by using the Ni-based catalyst at the moderate temperature
(773-973 K). Several steps of carbon filament formation have been proposed [54]

based on the deactivation of metal catalysts as listed in the following steps:

1) the methane decomposition reaction at the gas-metal interface
i1) the dissolution of carbon into the metal

i11) the diffusion of carbon through the metal particle

iv) the precipitation of carbon at the metal-support interface

v) the detachment of the metal particle from the support

vi) the carbon filament formation with the metal particle at its tip.

It was possibly indicated that the step of the diffusion of carbon through the
metal particle is the rate-determining step. For the deactivation of the catalysts [55],
the encapsulated carbon was formed on the catalyst surface. It can be presumably
proposed that the catalyst deactivation occurred when the rate of carbon diffusion
through the metal particle was slower than that of the carbon formation at the metal
sites. After the carbon builds up at the catalyst surface, the catalyst was finally

encapsulated, resulting in the deactivation of catalyst.

Besides the monometallic catalysts, the bimetallic catalysts were also

investigated such as Ni-, Cu-, Fe-, and Pd-based bimetallic catalysts. These catalysts
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are possible to obtain higher hydrogen production, compared to the use of the
monometallic catalysts. For example, Ni-Cu/Al,O3 catalysts showed higher catalytic
performance and longer periods of time, compared to Ni/Al,Os3 catalysts [56]. The
investigation of various Ni-containing catalysts such as Ni/Mn, Ni/Fe, Ni/Co, and
Ni/Cu was carried out [10]. It was revealed that Ni/Mn shows high hydrogen
production with carbon by-product in the form of carbon nanotube. Moreover, the
multi-walled carbon nanotube can be achieved by using Mo-Fe/Al,O; catalysts [30].
By using the Pd-based bimetallic catalysts, hydrogen purity higher than 94% and the

carbon nanofiber were obtained at the operating temperature of 973-1123 K [29].

As considered the carbon catalysts, the activated carbon (AC) and carbon
black (CB) are mostly used in the decomposition of methane. As reported from
several researches [57-61], the carbon catalysts can provide the advantage over the

metal-based catalysts such as

1) low cost

2) high temperature resistance

3) diminishing the CO, emission from the process

4) no need for the separation of carbon formation from the carbon catalysts

5) yielding the valuable carbon by-product.

From the research of Serrano et al. [62], it should be noted that the most active
catalyst at short reaction times was AC, but a fast deactivation was occurred whereas
CB provided high reaction rates at both short and long reaction times. The reduction
in the catalyst deactivation can be obtained by increasing the surface area and pore
volume [63]. In addition, the pore-size distribution is a key factor in indicating the

long-term behavior of the catalyst.

However, the metal supported on the carbon catalyst such as Ni/AC has been
studied by Bai et al. [64]. It was found that the Ni/AC shows higher catalytic activity,
compared to the AC. In addition, the acceptable stability was achieved at 923 K.
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3.3 Proposed Mechanism and Kinetic of Methane

Decomposition

The kinetic model of the methane decomposition has been started to
investigate since 1965 [65]. Until now, several proposed kinetic model of this reaction
has been discovered [51, 58, 65-76]. It can be mainly divided into three categories: 1)
the detailed mechanistic model, 2) the generated mathematic model, and 3) the global
rate model. As considered the mechanism of methane decomposition in detail, the
mechanism of this reaction was firstly expressed under the assumption of non-
dissociative methane in the adsorption step [68-72]. This mechanism is presented step

by step as listed below.

CH4 + I (Vacant site) = CHa(ad) (3-1)
CHs(ad) = CHj(ad) + H(ad) (3-2)
CHj(ad) = CHjy(ad) + H(ad) (3-3)
CHy(ad) = CH(ad)+ H(ad) (3-4)
CH (ad) = C(ad)+ H(ad) (3-5)
C(ad) = C(dissolved) (3-6)
2H(ad) = H,+2I (3-7)

The differences in the developed models were proposed by different rate-
determining step. The reaction (3-1), (3-2), or (3-3) was often used as the rate-limiting
step. The Ni-based catalysts were typically used for developing the kinetic model, but
the first model generated by Grabke [68] was tested by iron as the catalyst. These
models were mostly developed in the temperature range of ca. 773-873 K. Grabke
[68] and Bernando et al. [69] expressed the kinetic model in term of partial pressure
of H, and CH4 whereas Demicheli et al. [70], Snoeck et al. [71], and Kuvshinov et al.
[72] incorporated the mechanism of carbon formation as shown in the following

equations into their models.
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Diffusion in Ni phase: C(dissolved) = C(nickel rear) (3-8)
Precipitation from Ni phase: C(nickel rear) =& C(Carbon filamentous) (3-9)
Formation of encapsulating carbon: C(ad) < C(encapsulating) (3-10)

In addition, the carbon formation rate was performed, including the
determination of maximum carbon deposited. Even though the kinetic model
assuming non-dissociative adsorption of methane was often used, another model
based on dissociative methane in adsorption step was also generated [73-76]. These

mechanisms were illustrated as follows:

CH4 + I (Vacant site) = CHjs(ad) + H(ad) (3-11)
CHj(ad) = CHjy(ad) + H(ad) (3-3)
CHy(ad) = CH(ad)+ H(ad) (3-4)
CH (ad) = C(ad)+ H(ad) (3-5)
C(ad) = C(dissolved) (3-6)
2H(ad) = H,+2I (3-7)

Alstrup and Tavares [73] model was fitted with the experimental data by
applying the reaction (3-11) or (3-3) as the rate-determining step. Zavarukhin and
Kuvshinov [74] used the reaction (3-11) and it was found that the specific carbon
content on the catalyst at 823 K from the model and the experimental data exhibits the

difference in value below 10%.

Considering the generated mathematic model, there is no need to define the
reaction mechanisms for this model. However, it can predict the total carbon
formation on the catalyst from the kinetic parameters in nucleation and filament
growth steps. As reported in Villacampa et al. [51], the predicted data from the

developed model was in a good agreement with the experimental data.

According to the simplest model, the global rate equation was presented. From
the research of Fukada et al. [66], the first order of methane decomposition reaction

was proposed for using Ni/SiO; as catalyst. The activation energy was 29.5 kJ mol™.
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In case of using carbon catalysts, the reaction order was found to be 0.5 with the
apparent activation energy of 160-201 kJ mol™ and 205-236 kJ mol™ for activated

carbon or carbon black catalysts, respectively [58].

3.4 Carbon Generated from Decomposition Process

As mentioned previously (Section 3.2), relying on the operating conditions of
the methane decomposition system, carbon can be produced in various structures:
amorphous, turbostratic, and carbon fibers. The wide difference in the prices of
different carbon modifications provided the importance of the carbon type produced
in the methane decomposition process in terms of the reduction in cost of hydrogen
production. For the useful carbon types, that are carbon nanofiber and carbon
nanotube, several applications such as electronic applications, gas storage materials,

composite materials, and catalyst supports can be conducted [13-17].

As a result of high catalytic activity, Ni catalyst has been the promising
alternative for producing carbon nanofiber at moderate temperature (500-700°C) from
the methane decomposition process [64]. In case of Fe-based catalyst, high efficiency
at higher temperature range could be gained. Moreover, the formation of carbon
nanotube would be also achieved by adding the second metal such as Co and Ni.
From the study of binary metallic catalysts, the generation of muti-walled carbon
nanotubes could be obtained [30]. With the presence of carbon dioxide indicating as
the biogas feed, the nanostructured carbon material could be exhibited, accompanied

with gaseous product of hydrogen-rich gas or synthesis gas [7, 32].

3.5 Biogas Treatment Methods

The biogas treatment in term of CO, removal from gas streams has been of
great interest, especially in large thermal power plants, due to its greenhouse effect

[77]. Table 3.2 compares the different existing technologies. In this work, among
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several CO, separation technologies, the CO, removal from gas streams of CO,
capture type was also concerned in case of hydrogen production processed by biogas.
Regarding various CO, separation techniques, it can be summarized in the following

sections.

3.5.1 Absorption

It refers to the process by which one substance, such as a solid or liquid, takes
up another substance, such as a liquid or gas, through minute pores or spaces between
its molecules. The absorption capacity of the absorber depends on the equilibrium
concentrations between gaseous phase and the liquid phase. For diluted
concentrations in many gases and in a wide interval of concentrations, the equilibrium
relation is given by Henry's law, which quantifies the gas absorption capacity in the
fluid [78]. A gas absorbing unit should ensure complete contact between the gas and

the solvent, in such a way that diffusion occurs at the inter-phase.

3.5.2 Adsorption

It refers to the process by which molecules of a substance, such as a gas or a
liquid, collect on the surface of a solid. It differs from absorption, in which a fluid
permeates or is dissolved by a liquid or solid [79]. It could be physical or chemical. In
physical adsorption process, gas molecule adhere to the surface of the solid adsorbent
as a result of the molecules attraction force (Van der Waals Forces). Chemical
adsorption involves a chemical reaction. Usually, adsorbents are 12 pm to 120 um
high porosity solid grains, inert to the treated fluid. The most used adsorbents for CO,

are activated charcoal, silica gel, zeolites and synthetic resins.
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3.5.3 Condensation

It is the process of converting a gas into a liquid by reducing temperature
and/or increasing pressure. Condensation occurs when partial pressure of the
substance in the gas is lower than the vapor pressure of the pure substance at a given

temperature.

3.5.4 Membranes

A membrane is a layer of material which serves as a selective barrier between
two phases and remains impermeable to specific particles, molecules, or substances
when exposed to the action of a driving force. The driving force is the pressure
difference between both sides of the membrane. Gas permeability through a
membrane is a function of the solubility and diffusivity of the gas into the material of
the membrane. Membranes are expensive and their separation efficiencies are low

[80].

Presently, the CO, emission generated by various processes, for example, the
steam reforming affects the surroundings as this problem is called the global
warming. Therefore, it is necessary to integrate the CO, separation system with the
processes that release the greenhouse gas. There are several kinds of CO;
sequestration units such as amine absorption, pressure swing adsorption, membrane,
and carbonate looping [81]. Under the investigation of the adsorption method, it is not
selected to use in the conventional process due to the limitation of its capacity and

poor selectivity [82]. Therefore, other CO, separation methods are focused on.



Table 3.2 Alternatives to remove CO, from gas streams [83].

Method Option/Alternative

Advantages

Disadvantages

Absorption with water

Absorption with polyethylene glycol

Chemical absorption with amines

High efficiency (>97% CH,), Simultaneous
removal of H,S when H,S< 300 cm’/m’ ,
Capacity is adjustable by changing pressure
or temperature, Low CHy losses (<2%),
Tolerant to impurities

High efficiency (>97% CHa), Simultaneous
removal of organic S components, H,S, NHs,
HCN and H;0, Energetic more favorable than

water, Regenerative, Low CH4 losses

High efficiency (>99% CH,), Cheap
operation, Regenerative, More CO, dissolved
per unit of volume (compared to water), Very

low CHy losses (<0.1%)

Expensive investment and operation,
Clogging due to bacterial growth, Possible
foaming, Low flexibility toward variation of

input gas

Expensive investment and operation,
Difficult operation, Incomplete regeneration
when stripping/vacuum (boiling required),
Reduced operation when dilution of glycol
with water

Expensive investment, Heat required for
regeneration, Corrosion, Decomposition and
poisoning of the amines by O, or other
chemicals, Precipitation of salts, possible

foaming

[43



Advantages

Disadvantages

Method Option/Alternative
PSA/VSA  Carbon molecular sieves
Zeolites Molecular
sieves
Alumina silicates
Membrane  Gas/gas
technology  Gas/liquid

Cryogenic separation

Biological removal

Highly efficient (95-98% CHy,), H,S is

removed, Low energy use: high pressure,

Compact technique, also for small capacities,

Tolerant to impurities

H;,S and H,O are removed, Simple

construction, Simple operation, High

reliability, Small gas flows treated without

proportional increase of costs

e (as/gas: removal efficiency: <92% CHg4
(1 step) or >96% CHa, H,O is removed

e Gas/liquid: removal efficiency: >96%
CHy, cheap investment and operation,
Pure CO, can be obtained

90-98% CHjy4 can be reached, CO, and CHy4 in

high purity, Low extra energy cost to reach

liquid biomethane (LBM)

Removal of H,S and CO,, Enrichment of

CH4, No unwanted end products

Expensive investment and operation,
Extensive process control needed, CH4

losses when malfunctioning of valves

Low membrane selectivity: compromise
between purity of CH4 and amount of
upgraded biogas, Multiple steps required
(modular system) to reach high purity, CHy4

losses

Extensive investment and operation, CO,

can remain in the CHy

Addition of H,, Experimental- not at large

scale

153
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According to the membrane method, polymer membrane is a promising type
for separating CO,. It was found that the best polyimide membranes attain a CO,/N,
selectivity of 30%. In term of energy consumption, the use of membrane consumes
the energy around 0.04-0.07 kWh per CO, removal in case of using a coal-derived
fuel. The CO shift reactor equipped with the membrane unit can possibly exhibit less

energy losses due to the unnecessary syngas processing step [84].

As considered another CO, separation technique, the CO, removal processed
by the carbonation of CaO to CaCOjs is called the carbonate looping. This method is
an attractive technique because the installation of this process in the syngas
production can provide the increase in the reactant partial pressure and shift forward

the WGS [85].

Chemical absorption technology is selected to be the capture unit in this work.
The CO; separation efficiency can be gained in the range of 85-96% [42]. However,
the optimum value of 90% is preferred to operate this technique [86, 87]. CO; is
captured by using a chemical absorbent such as amine solution. Thermal energy is
consumed to operate this capture in the absorber at temperature range of 320-340 K

and to regenerate the chemical absorbent in the stripper around 400 K [88, 89].

Considering the amine absorption method, the possible chemical solvents such
as monoetanolamine (MEA), diethanolamine (DEA), and methyl-diethanolamine
(MDEA) are typically used to absorb CO,. MEA is the most used absorbent in this
system [90]. MEA is mostly used at the 30% concentration [91] and consumed at the
rate of 1.5-3.1 kg ton” CO, removed [87, 91-95]. With the 30%wt of MEA solution,
CO, is initially absorbed at the absorber unit [91] with the operating condition;
temperature of 323 K and atmospheric pressure [96]. After that, CO; is absorbed until
the MEA solution saturated. MEA solution is fed to regenerate at the stripper for
reuse in the absorber. Temperature of this stripper unit is 393 K [96] and the thermal

energy is required around 4 GlJinermal ton™! CO; removed [87, 93-95, 97, 98].
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The information provided for determining heat requirement of CO, capture
employed in Section 5.2.2 for the systems as displayed in Figures 5.28 and 5.30 is

listed below.

- The absorber temperature of 323 K
- CO;, capture efficiency of 90%
- Heat consumption of CO, capture by means of MEA absorption of 4 GJ ton™ CO,



CHAPTER 1V
SIMULATION

In this work, hydrogen production from decomposition and steam reforming
processes is investigated by thermodynamic approach. Therefore, the topics related to
the thermodynamic analysis are gathered in this chapter. Firstly, the equilibrium
constants for all related reactions occurred in each system are presented in Section
4.1. Moreover, the thermodynamic study by means of Gibbs free energy minimization
method is selected to employ in this work in order to consider the carbon formation in

the process. Its technique with a proper equation of state is proposed in Section 4.2.

4.1 Equilibrium Constants for Related Reactions

In this research, the reaction performances from the decomposition and steam
reforming processes such as the equilibrium conversion, the selectivity of hydrogen
and by-products, hydrogen production, hydrogen purity, CO fraction, and carbon
yield are firstly determined by using thermodynamic calculation. The direction of
each reaction depends upon equilibrium constant (Kq), which is a function of reaction
temperature. The equilibrium constants of the related reactions as mentioned in
Section 2.2 calculated by Aspen Plus program can be collected and further displayed
in Figure 4.1.

4.2 Gibbs Free Energy Minimization Method

As mentioned previously (Section 2.2), the solid carbon can be certainly
generated by the decomposition of hydrocarbon. The carbon activity (ac) has been
widely used as the thermodynamic indicator of carbon formation as addressed in a

number of the previous researches [99-101]. Nonetheless, its value merely predicts
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the carbon formation without providing the amount of carbon formed. For instance,

the carbon activity of methane cracking can be expressed by the following equation:

KlpCH4

2
Py,

dccn, = (4-1)

where K is the equilibrium constant of methane decomposition and Pcw, and Py, is

partial pressure of CH4 and H,, respectively. The criterion of carbon formation is
considered at the carbon activity value equal to 1. The carbon formation is observed
when carbon activity is more than 1 whereas the equilibrium state is occurred when
carbon activity is equal to 1 and the carbon unfavorably forms when carbon activity is
less than 1. However, some researchers [102-105] determined the carbon formation
by means of Gibbs free energy minimization, which is a function that indicates the
tendency of the reaction at equilibrium state. The Gibbs free energy minimization
method is commonly utilized to determine the equilibrium composition at desired

temperature and pressure.

The composition of any reacting system is the equilibrium of the composition
which can be calculated by Gibbs free energy equation [106]. Gibbs free energy
reaction values would predict the chance for a reaction to occur by the minimization
of total Gibbs free energy method. At the steady state, pressure and temperature of the

system are constant, so the equations are given as follows:

N
4G = z i dn, (4-2)
i=1

(4-3)

i
xI
=
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Figure 4.1 The equilibrium constants of reactions occurred in the decomposition and

the steam reforming processes fed by (a) light hydrocarbons and (b) alcohols.
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The total Gibbs function can be written as follows:

min(GY= Z .G + RTZ ngln J% (4-4)
For reaction equilibrium in gas phase:
Ji=o,P (4-5)
f0= po (4-6)
G? is set to zero for each chemical element in its standard state:
AG’= AGy (4-7)

From these equations, N is the total number of components in the system; #; is
the variable that minimizes the value of Gibbs free energy. It can be solved two ways
including 1) the stoichiometric thermodynamic approach which is determined by a set
of stoichiometrically independent reactions, then typically chosen arbitrarily from a
set of possible reactions, and 2) a non-stoichiometric thermodynamic approach value
is set up by the direct minimization of the Gibbs free energy for a given set of species
[106]. The advantages of non-stoichiometric thermodynamic approach included 1) a
selection of the possible set of reactions in that system is not necessary 2) no
divergence occurs during the consumption, and 3) an accurate estimation of the initial
equilibrium composition is not necessary [107]. This research would be calculated by
a non-stoichiometric thermodynamic approach. Lagrange’s undetermined multiplier

method was expressed as:

éy.P
AGY+ RTin ¢'If =y Z p— (4-8)
k
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N ~
y.P
Z n; (AGZJr RTIn ¢}f —+ Z Akaik> =0, (4-9)
k

i=1

From the constraints of elemental balances:

N

Z n; al'szk. (4-10)

i=1

where a;;, is the number of atoms of element & in component i, 4, is the total number

of atoms of element & in the reaction mixture, and N is the total number of elements.

When solid carbon (graphite) is considered in the system, Gibbs energy of

carbon is usually considered [108]:

Gow= Gew= e =Gy, =0 (4-11)
However, for a temperature-steady process:

dGes= VedP (4-12)

Ve is the mole volume of solid carbon, and it can be regarded as a constant
because it is less affected by temperature and pressure then, equation (4-12) can be
expressed as equation (4-13):

Gew (TP)- Ge)(T,P")=Ve(P-P) (4-13)

where GC(S)(T ,PO) is assumed to be zero and V. =4.58%10" m3 mol™. Equation

(4-13) is further expressed as equation (4-14).

Geo) (T,P)=4.58x10°°(P-P") (4-14)
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The minimization function of Gibbs energy as following equation (4-15) is
obtained by substituting equation (4-4) by equation (4-8) for gaseous species and by

equation (4-14) for solid species.

-~

N-1

0 oy, _
D m|AGE RTIn=E 5 gy |+ neGego (.P) =0 (4-15)
i=1 k

The fugacity coefficient (Zl. of each component in the gas mixture can be

calculated according to the Peng-Robinson equation of state; that is

RT a(T)

P= - 4-16
V-b V(V+b)+b(V-b) (4-16)
a()=a(T,) a(T,, w) (4-17)
R*T?
a (T.) = 0.45724 5 (4-18)
o (Tow)=[1 +x(1- 129" (4-19)
71 4-20
r- Tc ( - )
Kk =0.37464 + 1.542260 - 0.269920> (4-21)
RT,
b=0.07780 7 (4-22)
In polynomial form:
aP
A= (4-23)
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g- 2 4-24
4 4-25

Accordingly, the fugacity coefficient (Zl. can be calculated from the following

equation:

Ing,=-—(Z-1)-In(Z-B)-

b; Zijjaji bi> <Z+ (1+V2)B
b_ In

A
2\/§BX< a bn) \z+(12)B

) (4-26)
The mixture parameters used above in equation (4-26) are defined by the

mixture rules

am= Z Z Yy i (4-27)
J

i

bu= ) v (4-28)
i

ai=(aa)""(1-;) (4-29)

The processes of simulation were operated by Aspen Plus software. It is a
software program designed to build a process model and then simulate the model
without tedious calculations for conceptual design, optimization, and performance
monitoring. It can be also used for a wide variety of chemical engineering tasks. This
program was used for all calculations consisting of material balances, energy
balances, net of energy equals zero, and minimization of total Gibbs free energy for
studying the effects of variables at each condition of the system. The RGibbs model

was chosen in this analysis in order to minimize Gibbs free energy.



43

In this work, the calculation of the equilibrium values at different reaction
temperatures is determined by Gibbs free energy minimization. The vapor-solid
phases with Peng-Robinson equation of state were used in this simulation. This
equation of state has been known to use in the refinery and natural gas processing
industries. The Peng-Robinson equation of state could provide the results similar to
the Soave-Redlich-Kwong equation of state [109]. As considered the possible solid
carbon generated by hydrogen production, the solid carbon is assumed to be graphite
in every reaction that generated the carbon. No reaction is necessary to state in the
Gibbs free energy minimization module but the possible products converted from the
related primary fuel and process have to be input in the calculation, which can be

found elsewhere [22, 104, 110-112].

For both hydrocarbon cracking processes and the steam reforming of
hydrocarbons yields Ha, carbon, and low hydrocarbons but additional CO and CO,
can be obtained from the steam reforming processes as by-products. On the other
hand, the use of methanol in both processes can reasonably gain dimethyl ether
(CH3;0CH3), formaldehyde (HCHO), CH4, H,, CO, CO,, H,O and carbon. In case of
using ethanol as a fuel source, acetaldehyde (CH3;CHO), acetone (CH3;COCH;),
diethyl ether (C,HsOC,Hs), C,Hs, CoH4, CHa4, H,, CO, CO,, H,O and carbon would
be produced. Further, the decomposition and steam reforming of glycerol can
presumably produce acetaldehyde, acrolein (C;H40), acetone, methanol, ethanol,
acetic acid (CH;COOH), Cs;Hg, C,Hg, C,H4, CHy, H,, CO, CO,, H,O and carbon.
Each reactant used in the decomposition and steam reforming was fed to their systems
at 298 K. Regarding the steam reforming system, the appropriate mole of feeding
water was calculated according to its stoichiometric coefficient of overall steam
reforming reaction, which consequently gives the maximum mole of hydrogen
produced. In addition, the reaction temperatures were studied in the range of 400-
1600 K at pressure of 1 bar. According to the simulation in this work, RGibbs reactor
was employed in decomposition and steam reforming units. It was also applied in
order to consider the carbon formation at the SOFC inlet with the SOFC temperature

in the range of 900-1300 K for investigating the range of possible uses.



CHAPTER V
RESULTS AND DISCUSSION

In this chapter, the simulation results of hydrogen production systems are
presented and further discussed in details. This can be mainly divided into two
sections including comparison of reaction performances between steam reforming and
decomposition processes with different primary fuels (Section 5.1) and study of
decomposition system fed by biogas (Section 5.2). According to the first section, the
characteristics of the steam reforming and decomposition systems are firstly presented
as a function of the operating temperature for different primary fuels such as light
hydrocarbons and alcohols. In addition, the systems under thermally self-sustained
condition, which are the systems with no external heat source, are carried out to be
fair comparison of reaction performances between both systems. Lastly, the
appropriate primary fuel of hydrogen production for low and high temperature fuel
cells is selected. Methane decomposition system has been one of the interesting
alternatives for hydrogen production. However, the methane-containing gas mixture
such as biogas is another promising choice to employ in the decomposition system as
investigated in the second section. Moreover, the influence of CO,/CHj4 ratio on the
reaction performances is further taken into account. Finally, the suitable operating
condition of the decomposition system which is compatible with different types of

fuel cells is determined.
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5.1 Comparison of Reaction Performances between Steam
Reforming and Decomposition Processes with Different

Primary Fuels

In this section, the thermodynamic analyses of the steam reforming and
decomposition systems were determined by means of Gibbs free energy minimization
method as mentioned in Section 4.2. These systems were fed by different primary
fuels such as light hydrocarbons (methane, ethane and propane) and alcohols
(methanol, ethanol and glycerol). From this point forward, the decomposition (D) and
steam reforming (SR) systems of primary fuel i were denoted as D-i and SR-i,

respectively.

Each reactant used in the decomposition and steam reforming was fed to their
systems at 298 K. A basis of 1 mole feed of each primary fuel was assumed for all
systems. For the steam reforming system, the appropriate mole of feeding water was
calculated according to its stoichiometric coefficient of overall steam reforming
reaction, which consequently gives the maximum mole of hydrogen produced. The
reaction temperatures were studied in the range of 400-1600 K at pressure of 1 bar.
The related reactions for both systems fed by different primary fuels are listed in
Section 2.2. In addition, the possible products for each process that have to be input in

the simulator and the necessary assumptions were gathered in Section 4.2.

In a comparative study of the reaction performances on the steam reforming
and decomposition processes, the simulation results in terms of the equilibrium
conversion, selectivity of hydrogen and by-products, hydrogen yield, carbon yield,

and hydrogen purity are calculated by equations summarized in Table 5.1.
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Table 5.1 Expressions of the equilibrium conversion (Xi’e), hydrogen and by-product
selectivities (SHz’i and S i), carbon yield (Y C,i), and hydrogen purity from different
primary fuels i (C,H;O,).

Expression (X 100)

Variable
Decomposition Steam reforming
N in~i out
X, (%) -
N in
nHz,Out nHz,Out
Si‘lz,i(%) bi bi n
7 (ni,in'ni,out) 7 (ni,in'ni,out) (nHQO,in'nHzo,out)
nj,out
S i(% a;
j’l( ) Z(”i,in'ni,out)
K
nl—lz,out nHz,out
(0
K‘Iz,l( /0) _l X ) _l X 4 .
2 ni,ln 2 ni,m nHZO,m
)% (0/) nC,formed
C,i\70
a;XN; i
. nHz,Out
H; Purity (%) —2"’1' t
i"Yi ouf

b; is number of H atom in primary fuel i

niin and n; o, are mole of primary fuel i at inlet and outlet of the system

Jj 1s by-product species
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5.1.1 Effect of Operating Temperature on Reaction Performances

In this part, reaction performances are proposed in terms of the equilibrium
conversion of each primary fuel, the selectivity of the product, hydrogen, and of by-
products, CH4, CO, and CO,, and carbon yield as a function of temperature for
different primary fuels, processing by the decomposition and the steam reforming for
comparison purposes. Starting with the equilibrium conversion for each primary fuel
(Figure 5.1), it was found that the equilibrium conversion of methane from either D-
CH,4 or SR-CHy is increased with increasing reaction temperature. Since the methane
cracking and the methane steam reforming are endothermic reactions, the increase in
temperature resulted in enhancing the value of the equilibrium constant, leading to
higher methane consumption and product generation. Therefore, the equilibrium
methane conversion was subsequently lifted up until the value close to 100% at ca.
1500 K for D-CHy. It should be noted that the equilibrium conversion of methane
shows the similar simulation results and is in good agreement with the results reported
by Ogihara et al. [29]. Moreover, the equilibrium compositions from SR-CH,4 of this
work were also validated with those of Seo ef al. [113]. It is worthy to note that
although lower equilibrium constant of SR-CHy4 is observed at low temperature
comparing to D-CHy [Figure 4.1(a)], higher equilibrium conversion is achieved. This
was because of WGS, which could shift forward the main reaction of methane steam
reforming and further enhance the equilibrium conversion. At high temperature,
higher in the equilibrium constant resulted in providing higher equilibrium conversion
from SR-CHj. Therefore, not only the equilibrium constant, but also the occurrence of
side reaction, WGS, could play an important role in obtaining high conversion when
compared to D-CHy4. On the other hand, other light hydrocarbons and alcohols were
entirely consumed over temperature range of the study and gave 100% conversion.
Such complete conversion was observed for light hydrocarbons and alcohols in both

cracking and steam reforming systems.
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Figure 5.1 The equilibrium conversion of each primary fuel obtained from the

decomposition and the steam reforming processes.

In Figure 5.2(a) is shown percent selectivity of hydrogen at different
temperatures. When the primary fuel was methane, it was observed as expected that
D-CH4 and SR-CHy4 give 100% selectivity of hydrogen regardless of temperature.
This result was because no other products containing H atom are formed for both
systems. For other primary fuels, including light hydrocarbons and alcohols, at low
temperature, low hydrogen selectivity was observed as methane was generated as a
by-product. The hydrogen selectivity increased when temperature was raised due to

the by-product, methane, reacted via methane cracking or methane steam reforming.
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Figure 5.2 The selectivities of product (a) H, and by-products of (b) CHy, (c) CO and

(d) CO, obtained from the decomposition and the steam reforming processes.
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It is noted that the hydrogen selectivity from the steam reforming of other
hydrocarbon feeds is higher than those obtained from the decomposition process. It
was reasonably suggested that the steam reforming accompanied with WGS can
produce more hydrogen, whereas the decomposition generally obtains high solid
carbon and consequently reduces the hydrogen production via the reverse methane
cracking [reverse of reaction (2-1)]. It is also noted that no significant difference in
hydrogen selectivity of steam reforming is observed whereas those of the
decomposition of light hydrocarbons are higher than alcohols. As seen in reactions (2-
2) and (2-3), light hydrocarbon cracking typically generates hydrogen and solid
carbon. The hydrogen produced could be further consumed in reverse methane
cracking leading to less hydrogen remained. However, CO, CH4, CO; and carbon, by-
products, can be occurred in the decomposition of alcohol as shown in reactions (2-4)-
(2-7). These by-products can be reacted with hydrogen by various side reactions such
as reverse methane cracking, methanation [reverse of reaction (2-8)], and reverse
gasification. As a result, hydrogen remained from decomposition of alcohol was less
than those remained from decomposition of light hydrocarbon, leading to less
hydrogen selectivity. In addition, D-C3HgO; gave the lowest hydrogen selectivity
among all systems studied. This phenomenon can be explained as glycerol could be
thermally cracked into high ratio of CO/H; [reaction (2-7)] comparing to ethanol and
methanol. This high CO/H, ratio can enhance either methanation by reverse of
reaction (2-8) or reverse gasification of C to CO [reaction (2-16)], leading to high

water content.

For the by-products selectivity, based on C atom balance, the possible by-
products such as CH4, CO, CO,, and solid carbon were taken into account. The
methane selectivity [Figure 5.2(b)] was high at low temperature and gradually
decreased until approaching to zero at temperature approximately 1500 K. By
considering the equilibrium constant, methane was easily formed at low temperature
by reverse methane cracking or methanation and was decomposed or reformed with

steam at higher temperature.
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In Figure 5.2(c) is presented the selectivity of CO as a function of temperature.
It was observed that CO selectivity increases when temperature is elevated. At low
temperature, CO could be entirely consumed via the related reactions, including
WGS, Boudouard reaction and reverse gasification. At high temperature, the reverse
of those reactions evidently occurred, resulting in higher concentration of CO and CO
selectivity. In addition, as a result of WGS and Boudouard reaction, CO, generation
gradually increased at low temperature until around 800-900 K and then declined at
higher temperature by the reverse of those reactions as displayed in Figure 5.2(d) in

term of CO; selectivity.

Regarding the solid product in term of carbon yield (Figure 5.3), at low
temperature, the solid carbon could be obviously formed with help of the related CO
reactions. In case of no CO produced in the system, carbon formation could obtain
from light hydrocarbon cracking and it still tended to increase at higher temperature.
According to the decomposition reactions, the sequence of carbon yield value from D-
light hydrocarbon was in the order of D-C;Hg > D-C,Hg > D-CH4. However, D-
alcohol exhibited higher carbon yield at low temperature compared to D-light
hydrocarbon as higher CO was formed and high ratio of CO/H, was observed,
resulting in the production of carbon according to the Boudouard reaction. The
highest CO intermediate generation was achieved from D-C;HgOs;, resulting in
obtaining the highest carbon formation. At a certain value of C and H atoms in
primary fuel, carbon obtained from D-alcohols was higher than those obtained from
D-light hydrocarbon depending on the routes of carbon formation. As considered the
equilibrium constant, Boudouard reaction occurred in D-alcohols was preferred to
form carbon rather than D-light hydrocarbon. Although CO was also occurred from
the steam reforming process, it showed lower carbon yield than the decomposition
one. Due to high amount of water acting as a diluent in the steam reforming system, it
could reduce the concentration of CO intermediate, leading to suppressing the carbon
formation. In addition, it was found that SR-alcohols could obtain higher carbon
formation compared to SR-light hydrocarbons. It was reasonably pointed out that the

O atom in alcohol can play an important role in forming a number of CO that further
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obtains high carbon deposition. Like D-C3;HgOs, glycerol still provided the highest

carbon yield among the steam reforming systems.

Considering the processes at high temperature, 100% of carbon yield could be
achieved in case of light hydrocarbon fuel because the decomposition reaction of light
hydrocarbon was completed. For the systems with the presence of CO, and H,O, no
carbon was observed at high temperature because it could react via the reverse of
reactions (2-15)-(2-17). However, it was found that high carbon is produced from D-
C,Hs0OH at high temperature. This was presumably due to methane produced as a

major by-product and it was further decomposed to carbon at high temperature.
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Figure 5.3 The percentage of carbon yield obtained from the decomposition and the

steam reforming processes.

Based on C atom balance, the selectivities of by-products (CH4, CO and CO,)
and carbon yield were related to one another. At low temperature, gaseous methane
and solid carbon were generated from D-C,Hg and D-CsHs. The CHy4 selectivity from

D-C;Hg was less than from D-C,Hg whereas the former gave higher carbon formation.
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Among D-alcohols, glycerol was decomposed to gain highest carbon and CO,
selectivity. This was due to high CO/H, ratio enhances Boudouard reactions rather
than methanation. For SR-CH4, no carbon was occurred over the range of temperature
studied and CO selectivity was around zero at low temperature due to shifting CO by
WGS to produce CO; gaining high CO; selectivity (around 100%). Considering SR-
C,Hg, SR-C3Hg and SR-alcohols, it showed the similar trend as D-alcohols that these
systems mainly produced CH4, CO, CO, and carbon as by-products. Excluding SR-
CH,, SR-alcohols could gain higher CO, selectivity than those of SR-light
hydrocarbon. The alcohol with higher O atom in steam reforming system resulted in a
lower amount of CO but higher CO, formation. The CO, selectivities of D-alcohols
were less than SR-alcohols systems because larger amount of CO; produced by WGS
from steam reforming process compared to Boudouard reaction from decomposition
process. In these systems, CO was an important intermediate to convert into carbon,
CO,, and CHy selectivity. Moreover, SR-CH3;OH exhibited the same profiles of by-
products selectivities as those profiles from SR-C,HsOH. It was revealed that the
ratios of CO/H, from both processes are equal, causing no difference in carbon, CO,,

and CH4 production.

At high temperature, complete reaction of light hydrocarbon decomposition
was occurred and no methane was remained. Considering D-alcohols, CO selectivity
relied on reaction approach of each alcohol as summarized in reactions (2-4), (2-7)

and (5-1).

Ethanol decomposition:

C,H;0H = C+CO +3H, AH® = 124.8 kJ mol™! (5-1)

It was noticed that CO selectivities from D-CH3;OH and D-C;HgOs almost
reaches 100% whereas the value from D-C,HsOH approaches ca. 50%. This behavior
was due to ethanol could decompose into by-products, carbon and CO equally in D-
C,Hs0OH whereas only CO was formed in D-CH3;0OH and D-C3;HgO;. For CH4 and
CO,, the selectivity values were around zero because both by-products could be

entirely consumed to other products. Methane was typically decomposed into carbon
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and hydrogen, while CO, was generally consumed to form CO by RWGS [reverse
water gas shift, reverse of reaction (2-18)] and Boudouard reaction at high
temperature. In case of steam reforming, no carbon and CHy selectivity were observed
for all primary fuels. The CO, selectivity was dependent on ratio of CO/H,.
Regarding CO, selectivity, SR-CH; and SR-C;HsOs; showed the lowest and the

highest values, respectively, and the opposite tendency was found in CO selectivity.

5.1.2 Energy Self-Sustained Systems

Owing to the endothermic reaction of the steam reforming and decomposition
systems, it requires the external heat source to operate these systems. However, the
systems under thermally self-sustained condition should be carried out to be fair
comparison of reaction performances between the decomposition and the steam
reforming. To operate these systems under energy self-sustained condition as shown
the system configurations in Figure 5.4, it could be achieved from the aid of the
combustion of a portion of primary fuel [Figure 5.4(a)] or product stream [Figure
5.4(b)]. As considered these operations, a portion of primary fuel or product stream
was introduced to a burner to generate heat (Q,) for supplying to the reactor until the
heat requirement of reactor (Q;) is reached, resulting in zero net heat of the system
(Onet= O+ O = 0). The complete combustion in the burner and the exhausted gases
from the burner at exit temperature of 373 K were assumed. For the heat generation at
the burner, it could be determined from the difference in enthalpy or heat of formation

between its outlet and inlet as presented in the equation below.

QC = Zi ni,outl—[i,out' Zi ni,inl—[i,in (5'2)

In addition, the determination of feed fraction to reactor (fy) and gas product

fraction (gq) under energy self-sustained operation was proposed in APPENDIX B.
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Figure 5.4 The system configurations under energy self-sustained operation of the
decomposition and the steam reforming in case of (a) splitting primary fuel and (b)

splitting gas product stream.
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In order to study the decomposition and steam reforming under thermally self-
sustained condition, it was firstly necessary to concentrate on the heat requirement of
each system as illustrated in Figure 5.5. Typically, the main reactions of
decomposition and steam reforming were endothermic reaction. It was apparently
revealed that the steam reforming systems are higher endothermic reaction. Since the
requirement of water for steam reforming system, heat of vaporization should be
taken into account. Higher water supplied to the system caused higher in heat of
system as obviously seen in SR-C;Hg. Therefore, heat requirement of the steam
reforming system mainly relied on the amount of water fed into the system. Regarding
the decomposition system, heat requirement of D-C;HgOs; was the highest at high
temperature among all decomposition processes due to largely high enthalpy of
glycerol compared to those of other primary fuels. However, it was found that the
system can operate under exothermic reaction at low temperature because the possible
exothermic side reactions such as reverse methane cracking, methanation, Boudouard
reaction, and reverse gasification can take place even the endothermic of main

reaction is involved.

Under the energy self-sustained condition, the systems of hydrogen production
could be performed as illustrated the operation modes in Figures 5.4 (a) and (b). In
order to control the net heat of each system, the change in feed fraction to the burner
(1-fp or 1-fsr) or gas product fraction to the burner (1-gp or 1-gsg) was observed that
depends upon the reaction temperature. Owing to the heat of reaction as shown in
Figure 5.5, the values of feed and product fraction as shown in Figures 5.6 and 5.7,
respectively, tended to decrease when the system was conducted at higher operating
temperature. The fp values of every primary fuel was greater than the fsgr because of
greatly higher in heat requirement for steam reforming. Due to no heat required for
exothermic system at low temperature, it was not necessary to separate the primary
fuel to the burner; hence, fp of each primary fuel was equal to 1. In addition, the
tendency of gas product fraction profiles was also found to be similar to that of feed
fraction to reactor ones. It could be presumed that the thermally self-sustained
operations affect not only feed fraction of each primary fuel to the reactor or product

fraction, but also the reaction performances.
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The major reaction performances obtained from the systems under the
thermally self-sustained operations such as hydrogen production, purity of hydrogen,
mole fraction of CO in product stream and carbon yield were also investigated in this
work. The simulation results are illustrated in Figures 5.8-5.12. It was revealed that
the differences in hydrogen production (Figure 5.8), hydrogen yield (Figure 5.9) and
carbon yield (Figure 5.12) can be reasonably appeared between splitting feed and gas
product but the hydrogen purity and CO fraction in both cases are similar (Figures
5.10 and 5.11). As seen in Figure 5.8, it is clearly indicated that high hydrogen
produced can be obtained from splitting feed for each primary fuel. The SR-C;Hg
gave the highest hydrogen production at temperature ca. 1050 K. Below this
temperature, WGS played an important role in increasing the hydrogen generation.
However, RWGS could be easily taken place at high temperature, hence more
hydrogen was consumed by this reaction. Therefore, the hydrogen produced was

decreased beyond the maximum point. Similar profiles of hydrogen production were
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found in the steam reforming fed by other primary fuels. The decrement in hydrogen
production profiles corresponded to lower in stoichiometric coefficient of hydrogen in
their overall steam reforming of primary fuels. Nonetheless, SR-C,Hs and SR-
Cs;HgO;3; should be achieved the similar maximum mole of hydrogen of 7, the
hydrogen produced of the former showed higher profile than the latter. It was
probably suggested that higher concentration of CO, in the latter causes higher
hydrogen reduction by consuming via RWGS. As considered the decomposition
systems, the tendency of hydrogen production related to their reaction approaches
[reactions (2-1)-(2-4), (2-7), and (5-1)] at high temperature. At similar C and H atoms
in primary fuel such as CH4 and CH3;OH etc., it should be gained the mole of
hydrogen produced identically at high temperature but D-light hydrocarbon produced
hydrogen higher than D-alcohol over the temperature range studied. Hydrogen was
obtained from thermal cracking and could further consumed by reverse methane
cracking in D-light hydrocarbon but lower amount of hydrogen remained in D-alcohol
due to higher hydrogen consumption by the reaction of CO by-product such as
methanation, reverse gasification and reverse methane cracking. Therefore, CO was a
major factor affected lesser hydrogen production for D-alcohol. However, the feed
fraction to reactor also influenced hydrogen production. It was apparently revealed
that D-light hydrocarbon exhibit significantly higher fp value compared to D-alcohol.
In case of splitting gas product, it was found that the hydrogen produced was less than
the case of splitting feed for all D- and SR-reactant feed. In addition, the difference in
hydrogen production was more pronounced from the system fed by primary fuel with
containing higher C atom. The decrement in hydrogen produced was observed and it
further decreased at high temperature because of the reduction in gas product fraction
(Figure 5.7). However, concerning primary fuels with the same C and H atoms, the
hydrogen gained did not follow the tendency of splitting feed case, especially at high
temperature. The hydrogen produced from D-alcohol was higher than that from D-
light hydrocarbon due to higher gp In case of the steam reforming, the profiles of
splitting feed were similar to that of splitting gas product, of which SR-light
hydrocarbons gave higher H, yield than that of SR-alcohols for similar C and H

atoms.
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Figure 5.8 The amount of H; produced obtained from the decomposition and the
steam reforming processes under energy self-sustained condition in case of (a)

splitting primary fuel and (b) splitting gas product stream.
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According to hydrogen yield in case of splitting primary fuel as shown in
Figure 5.9(a), it was found that the decomposition can obtain hydrogen yield higher
than the steam reforming as obviously seen at high temperature. The sequence of
hydrogen yield values corresponded to the feed fraction to reactor values. In addition,
the decrease in hydrogen yield was likely affected by the increase in ratio of amount
of hydrogen consumed by side reactions to amount of H atom in feed. The side
reactions in D-alcohols mostly related to CO by-product reactions that were more
significant than those in D-light hydrocarbons, resulting in less hydrogen yield.
Regarding the steam reforming systems at high temperature, RWGS played an
important role in lowering the hydrogen yield. Moreover, SR-light hydrocarbon
exhibited higher hydrogen yield than SR-alcohol in consequence of lower value of
hydrogen consumption per H atom in feed via RWGS. The hydrogen yield profiles in
Figure 5.9(b) were lower compared to the splitting feed case. As apparently seen at
high temperature, the decomposition systems gave hydrogen yield more than the
steam reforming ones. Like the result of hydrogen production, among the
decomposition processes, D-alcohol exhibited higher hydrogen yield, compared to D-
light hydrocarbon. However, the hydrogen yield was certainly dependent on the gas
product fraction. Concerning the steam reforming systems, the hydrogen yield
presumably relied on the hydrogen consumed by RWGS per H atom in feed. The
highest hydrogen yield from SR-CH3OH among the steam reforming processes could
be achieved by having the highest gas product fraction. In addition, the hydrogen
yields from D-CH3;OH and D-C;HsgOs in case of splitting gas product stream were not

different from those in case of splitting feed.
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Figure 5.9 The percentage of H; yield obtained from the decomposition and the steam

reforming processes under energy self-sustained condition in case of (a) splitting

primary fuel and (b) splitting gas product stream.
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For purity of hydrogen, the results are displayed in Figure 5.10. Owing to the
absence of any gaseous by-products in the decomposition of light hydrocarbon, the
purified hydrogen (100%) could be achieved at high temperature. Since requirement
of water in steam reforming, the steam reforming of each primary fuel could obtain
less hydrogen purity than the decomposition one. Various by-products were formed in
D-alcohol compared to D-light hydrocarbon, leading to lower hydrogen purity.
Among D-alcohols, the highest purity of hydrogen could be gained from D-C,HsOH.
Furthermore, the hydrogen purity from decomposition of each primary fuel related to
concentration of hydrogen in product stream based on the complete reaction of each
system at high temperature. It was disclosed that the hydrogen purity from D-C;HgO;
was less than SR-light hydrocarbon. Generally, amount of by-products of CO and
CO, greatly occurred from D-CsHgO3 and SR-light hydrocarbon. However, glycerol
might be decomposed into higher concentration of by-products due to containing high

O atom in this primary fuel.

In Figure 5.11 is demonstrated the mole fraction of CO as a function of
temperature. The decomposition of alcohol showed high level of CO concentration
and the highest CO fraction was obtained from D-C3;HgOs. It was indicated that the
fraction of CO from all systems followed the ratio of CO/H; in each reaction
approach. In case of D-alcohols, CO fraction increased with increasing temperature
until the value is constant at temperature around 1200 K, whereas the CO fraction
keep increasing as a function of temperature over the range of study in the steam
reforming process (both alcohols and light hydrocarbons). This was probably due to
the occurrence of RWGS in the steam reforming systems at high temperature. In the
steam reforming, SR-alcohol gave higher CO concentration than SR-light
hydrocarbon. This result was probably due to lower hydrogen content obtained in case
of SR-alcohol as depicted in Figure 5.10. At high temperature, CO and H,O fractions
were similar accompanied with less portion of CO,. Therefore, the fractions of H, and
CO reasonably related to each other. Among the steam reforming processes, it was
found that SR-C3HgOj3 exhibits the highest CO fraction since the highest CO produced

and the lowest H, content.
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Figure 5.11 The CO fraction obtained from the decomposition and the steam

reforming processes under energy self-sustained condition.
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Lastly, the carbon yields of all systems are illustrated in Figure 5.12. The
profiles in case of splitting gas product stream were displayed in Figure 5.3 and
already discussed in previous section (where f;, or fsg equal to 1). Compared between
splitting feed and splitting gas product stream, the carbon yields in case of splitting
feed were found to be lower than those of splitting gas product as particularly seen in
the decomposition processes at high temperature. For instance, the maximum carbon
yield values of D-light hydrocarbon reduced from 100% to around 80%. The decrease
in the carbon yield obtained from each system resulted from the change in feed
fraction value. Moreover, the value of carbon yield tended to gradually decrease at
high temperature as a result of the reduction in fp values. In the case of the steam
reforming processes, splitting feed gave slightly lower carbon yield than that of

splitting gas product.
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Figure 5.12 The percentage of carbon yield obtained from the decomposition and the
steam reforming processes under energy self-sustained condition (solid line — case of

splitting primary fuel, dotted line — case of splitting gas product stream).
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However, the steam reforming as widely used in many industries was typically
processed by using an excess of steam to prevent carbon formation on the catalyst.
The requirement of steam in order to avoid the presence of coke should be higher than
the minimum ratio of steam to carbon atom of primary fuel (S/C). The results from
this work were revealed that those minimum ratios are 1.6, 2.1, 2.5, 2.0, 2.5, and 2.6
for the steam reforming of methane, ethane, propane, methanol, ethanol, and glycerol,
respectively. It was clearly seen that the value of S/C for SR-CHy (S/C = 2) is in the
range of no carbon formation whereas those values for the steam reforming of other
primary fuels are lower than the boundary of minimum ratio, resulting in forming the
carbon especially at low temperature. In the case of SR-C,Hg and SR-C;Hg at low
temperature, these primary fuels preferred to be converted to lighter hydrocarbon, Hy,
and carbon rather than were reacted via the steam reforming reaction as a result of
higher value of the equilibrium constant. However, methane was then produced by the
reverse of methane cracking. The methane steam reforming accompanied with WGS
was occurred to produce CO and CO, as by-products. In addition, CO was an
intermediate by-product to generate carbon via Boudouard reaction and reverse
gasification of C to CO. For SR-alcohols, alcohols could be converted to H, and CO
via both cracking and steam reforming reactions. Higher CO intermediate presented at
low temperature, compared to SR- light hydrocarbon systems, could be further
reacted by WGS, methanation, Boudouard reaction, and reverse gasification of C to
CO and was eventually formed the carbon. With the excess of steam in the range of
no carbon formation, the combination of the steam reforming reaction and WGS was
mainly performed in the steam reforming of all primary fuels and the related reactions

of carbon formation could be suppressed.

Regarding the steam reforming systems with the excess of steam that was
lower and higher than the minimum ratio of steam to carbon atom of primary fuel,
higher steam fed to the reactor generally caused higher heat requirement of the
system. In order to provide more heat, higher amount of fuel had to be supplied to the
burner; hence, the feed fraction to reactor and gas product fraction were decreased
when S/C increased. Although the increase in hydrogen production in term of mole of

hydrogen produced for the systems with spitting feed or gas product was observed at
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higher value of S/C, mole fractions of H, and CO were found to be lower due to
higher content of water. In addition, the reduction in carbon yield was found at higher
S/C and the disappearance of carbon could be noticed when S/C was higher than the

minimum value as mentioned above.

5.1.3 Selection of Suitable Primary Fuel of Hydrogen Production for
Fuel Cell

The appropriate system for different fuel cell grades is dependent on the
limitation of each fuel cell type. For low temperature fuel cell (PEMFC), CO
concentration was restricted to be lower than 10 ppm. However, CO was useful in
case of high temperature fuel cell (SOFC) because it could be used as another fuel
besides hydrogen. In general, hydrogen purity and hydrogen production were firstly
considered in this determination. Nevertheless, the carbon capture in term of carbon
yield was also taken into account. Under the environmental concern, the solid carbon

by-product, acting as energy storage, could reasonably reduce the CO, emission.

Regarding PEMFC based on the CO limitation, the system had to be operated
at low temperature to minimize the CO concentration, as shown in Figure 5.11 but the
hydrogen production and hydrogen purity were very low. However, the absence of
CO was appeared in D-light hydrocarbon processes. Therefore, D-light hydrocarbon
systems at high temperature were the promising choices. It was revealed that the
systems in case of splitting feed exhibit higher in hydrogen production but lower in
carbon yield compared to the systems in case of splitting gas product. Based on
maximum hydrogen production, the suitable process among D-light hydrocarbon
processes was D-C3;Hg with splitting feed that should be operated at ca. 1275 K. This
process could gain the hydrogen purity up to 99% with impurity of methane and the
carbon yield around 87%. Considering the carbon capture and CO; emission, D-light
hydrocarbon in case of splitting gas product was preferred to produce the feedstock
for PEMFC even obtaining lower hydrogen production, compared to that in case of

splitting feed. The CO, emission from the burner was generated from oxidation of
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carbon-containing reactant such as light hydrocarbons and alcohols from primary
fuels, and by-products i.e. CHy and CO from the reactor. However, for D-light
hydrocarbon at high temperature, lower CO, emission from the burner was found in
case of splitting gas product. It was revealed that methane by-product in case of
splitting gas product is fed to the burner lower than light hydrocarbon (on carbon
atom basis) in case of splitting primary fuel. In addition, the decomposition of light
hydrocarbon systems with splitting gas product should be carried out at ca. 1100 K to
obtain the maximum value of hydrogen production. At this temperature, 97% of
hydrogen purity with methane as impurity and 97% of carbon yield could be obtained.
Among D-light hydrocarbons, ethane and propane could achieve higher hydrogen
production, compared to methane. However, ethane and propane has been widely
used for producing higher product value, but methane is available and often used as
heating source. Hence, methane was possibly suggested to be employed in the
decomposition process for supplying to PEMFC. Nonetheless, the product stream
from D-alcohol and the steam reforming systems could also be fed to PEMFC after

reducing the CO concentration by water gas shift and preferential oxidation reactors.

For high temperature fuel cell such as SOFC, no limitation of CO fraction
was involved. In this case, H, and CO can be used as fuel source, whereas CHy, CO,,
and H,O were diluent. Therefore, D-light hydrocarbon with high hydrogen purity and
D-alcohol with major products of H, and CO were preferred to match SOFC. Like the
PEMFC case, since the criteria of carbon capture and CO, emission were concerned,
the decomposition processes in case of splitting gas product were reasonably selected.
For D-light hydrocarbons, it should be operated at ca. 1100 K as mentioned above. In
the case of D-alcohol, the operating temperature of this system should be around 1175
K to achieve the highest hydrogen production, D-C,HsOH could obtain the highest
values of the ratio of H,/CO, hydrogen purity, and carbon yield. The hydrogen purity
of 74% and CO 24% content were obtained from this system with 2% impurity of
CH4, CO; and H,O. Moreover, in case of splitting gas product, D-alcohol gave higher
CO, emission from the burner than D-light hydrocarbon as a result of higher CO
generation. However, D-CH;OH and D-C;HgO3 with lower ratio of H,/CO were also

possible to carry out at operating temperature of ca. 1225 K. Under the criteria of the
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highest hydrogen production, D-Cs;Hg in case of splitting primary fuel was preferable
among the decomposition systems. Compared to the decomposition systems, the
product stream from the steam reforming systems could be also applied to SOFC but
lower power density of fuel cell would be achieved, relying on the criteria.
Nevertheless, hydrogen production from the steam reforming process could be
improved by additionally conventional processes such as shift reactor and preferential

oxidation reactor.

Practically, the steam reforming gives higher hydrogen production than the
decomposition, but the former is more complicate. The vaporizer should be equipped
with the steam reforming reactor to heat up the water supply to the system. Moreover,
it is necessary to operate with larger volume of reactor due to additional water. For
example, SR-C3;Hg gives the highest mole of hydrogen produced but it requires larger
amount of water 6 times of propane. In addition, higher cost should be appeared due
to more complexity of the process. For the decomposition process, no vaporizer is
required and the reactor is smaller compared to the steam reforming even obtaining
lower hydrogen production. Furthermore, the steam reforming requires other reactors
to reduce the CO concentration and to enhance the hydrogen production for applying
to fuel cell whereas it is not necessary for the decomposition system at high
temperature. Moreover, no carbon capture is observed from the steam reforming at
high temperature but it is apparently obtained via the decomposition. In conclusion,
the decomposition process was preferable to be compatible with various kinds of fuel

cells such as PEMFC and SOFC.
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5.2 Study of Decomposition System Fed by Biogas

According to the previous section, it was disclosed that the decomposition
system is the promising choice under the environmental criteria, although less
hydrogen production is obtained comparing to the steam reforming systems. When
considering the issues on carbon capture and CO, emission, methane decomposition
was found to be an attractive process, therefore, it was very useful to further

investigate this system in details.

Generally, methane can be gained from various sources such as natural gas
and fermentation process. However, the interesting methane source is currently
obtained from biogas generated by the fermentation process. Hence, biogas as the
methane-containing gas mixture that mainly composes of methane and high
concentration of carbon dioxide has been another alternative in order to employ in the
decomposition process since it is available and being renewable energy source. In
addition, biogas as a primary fuel can be apparently utilized because both methane
and carbon dioxide representing as greenhouse gases can be diminished. From the
previous report [29], methane content in biogas varies in the range of 40-65%, relying

on the source of biogas and the fermentation process.

Pointing out the use of methane-containing gas mixture as a primary fuel, it
was revealed that the advantage of the system fed by this kind of feedstock is the
enhancement of equilibrium methane conversion as illustrated in Figure 5.13. In this
system, methane mixed with nitrogen was fed to the decomposition unit with the

study of various mole fraction of methane (yCH4). It can be confident that only

methane cracking is occurred without any side reactions. It was evidently indicated
from this figure that the dilution of methane with nitrogen can help improving the
equilibrium conversion. From this result, even nitrogen did not react within the
methane decomposition system, it could possibly affect the equilibrium content
because the nitrogen concentration was included in the calculation of the equilibrium

constant. This resulted in the lowered concentration of the reaction product and
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eventually the increased equilibrium conversion. Therefore, using biogas as a primary
fuel in the decomposition system should also provide higher equilibrium conversion
accompanied with the occurrence of many side reactions. The possible reactions

related to this system are previously mentioned in Section 2.2.
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Figure 5.13 The equilibrium conversion of methane obtained from the decomposition

process fed by CH4/N, mixture with various mole fraction of methane (yCH4).

In this research, the investigation of biogas or CH4/CO, mixture being a
primary fuel for the decomposition process was carried out. The biogas was firstly
assumed to be the mixture at CO,/CHy ratio of 40:60. The reaction products
determined by thermodynamic approach are presented in Figure 5.14. Starting with
methane and carbon dioxide at 0.6 and 0.4 kmol/s, methane and carbon dioxide are
consumed by ca. 57% and 85%, respectively, at the temperature of 400 K. At low
temperature, methane and carbon dioxide were consumed by dry reforming reaction
to produce carbon monoxide and hydrogen. These products could be further reacted
by the side reactions such as Boudoard reaction and reverse gasification of carbon to

carbon monoxide or carbon dioxide to form water and the solid carbon as obviously
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seen from the highest product generation at low temperature. Although methane was
mostly reacted by methane decomposition and dry reforming, it could be generated by
carbon monoxide and carbon dioxide methanation. Therefore, methane slightly
increased at low temperature due to favorable methanation. The increase in carbon
dioxide content was observed at low temperature as well. It inclined to higher content
at higher temperature because carbon dioxide was mainly produced from Boudouard
reaction. The water gas shift reaction also gave the generation of carbon dioxide but it
provided less quantity compared to Boudouard reaction. For the gaseous products of
carbon monoxide and hydrogen, the similar trend of product distribution was
demonstrated. Carbon monoxide primarily achieved from dry reforming, but it was
possibly consumed by Boudouard reaction, reverse gasification of carbon to carbon
monoxide, water gas shift reaction and carbon monoxide methanation at low
temperature. At high temperature, it was mostly introduced by dry reforming and
higher content could be also gained from carbon and steam gasification of carbon to
carbon monoxide, reverse of water gas shift reaction and steam methane reforming.
For the hydrogen production, it was mainly introduced by dry reforming and methane
decomposition, leading to higher concentration at higher temperature. Considering the
solid carbon formation, Boudouard reaction, reverse gasification of carbon to carbon
monoxide or carbon dioxide, and methane decomposition were taken into account for
forming carbon at low temperature and then the reduction in carbon content was
displayed at higher temperature. At high temperature, even carbon formation was
higher due to the endothermic methane decomposition, the carbon could be
progressively converted by the reverse of Boudouard reaction and gasification of
carbon to carbon monoxide or carbon dioxide, resulting in lower in the carbon
content. The product distribution at high temperature consisted of carbon monoxide,
hydrogen and carbon while methane, carbon dioxide and water were entirely
consumed. It could be noticed that the product contents at high temperature can be
indicated the associated reactions, which are dry reforming and methane

decomposition.
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Figure 5.14 Product distribution profiles obtained from the decomposition process
fed by CH4/CO, mixture with CO,/CHj, ratio of 40:60 (0.67) at 1 bar

(total feed molar flow rate of 1 kmol/s).

Regarding the study of the decomposition fed by biogas in this section, it was
examined in terms of the reaction performances such as the equilibrium conversion of
methane (Xcy, o), hydrogen purity, hydrogen yield and carbon yield. These terms can

be determined as defined in the following equations.

. mole of CH, at inlet - mole of CH, at outlet
Y o(%) - [ mole of CH, at inlet <100 (5-3)

H, Yield (%) = mole of H, at outlet ] <100 5.4
2 e “ " |2xmole of CHy, at inlet S

. mole of H, at outlet
H, Purity (%) = [ ] %100 (5-5)

mole of all gases at outlet
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C Yield (%) _ [mole of C formed <100 56
1€ ° ~ |mole of C at inlet (5-6)

5.2.1 Effect of CO,/CH, ratio on Reaction Performances

As mentioned above, the characteristics of the decomposition system fed by
CH4/CO, mixture with the certain CO,/CHy4 ratio were investigated. In addition, the
influence of several CO,/CH4 ratios in the range of 0.00001-1 on the reaction
performances are thoroughly discussed in this section. For the studied CO,/CHy4
ratios, their values consist of 0.001:99.999 (0.00001), 1:99 (0.01), 5:95 (0.05), 10:90
(0.11), 20:80 (0.25), 30:70 (0.43), 40:60 (0.67), and 50:50 (1.00).

Firstly, the gaseous product and by-products such as H,, CH4, CO, CO,, and
H,O are presented in term of mole percent as shown in Figure 5.15. It was found that
the gaseous product profiles as a function of the operating temperature at different
CO,/CHj, ratios show the difference in quantity of each product, but the tendency for
these profiles is similar to those presented in Figure 5.14. Firstly, considering the
hydrogen production [Figure 5.15(a)], it was obviously seen its reduction at high
temperature when CO,/CHy ratio increased. This was because the addition of carbon
dioxide into the decomposition system resulted in higher by-product of carbon
monoxide occurred via dry reforming as indicated in Figure 5.15(b). Moreover, it was
revealed that the production in percent of hydrogen accompanied with carbon
monoxide is around 100% at high temperature for all studied CO,/CHy4 ratios. It could
be reasonably explained that the overall reactions for this system at high temperature

are dry reforming accompanied with methane cracking.

For other gaseous products (CH4, CO,, and H,0), it was apparently found that
the changes of these production particularly occur at low temperature range while
those values are zero at high operating temperature. Pointing out the methane profiles
[Figure 5.15(c)], those profiles represented as the methane decomposition one, that is

methane content decreased with increasing operating temperature, for very low
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CO,/CHy4 ratio cases (0.00001 and 0.01). Like methane profile in Figure 5.14, there

was a peak at low temperature for higher CO,/CH, ratio cases as a result of
methanation.
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Figure 5.15 The percentage of gaseous products of (a) Hy, (b) CO, (¢) CHg, (d) CO,,
and (e) H,O obtained from the decomposition process fed by CH4/CO, mixture with

various CO,/CHj4 ratios at 1 bar (total feed molar flow rate of 1 kmol/s).

Regarding carbon dioxide and water profiles as illustrated in Figures 5.15 (d)
and (e), respectively, the increase in CO,/CHy4 ratio caused higher in the production
values. Additionally, water content produced at low temperature was surely more than
carbon dioxide content in the product stream. It could be described that less carbon
dioxide, acting as a reactant, is appeared due to its consumption via dry reforming
while higher water content is generated as a by-product from several reactions such as
methanation from carbon monoxide and carbon dioxide, and reverse gasification of

carbon to carbon monoxide and carbon dioxide even it is partly consumed by water
gas shift.

Furthermore, the main by-products such as hydrogen and carbon monoxide
generated from the decomposition process fed by CH4/CO, mixture are presented in

term of CO/H; product ratio as illustrated in Figure 5.16. According to the moles of
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hydrogen and carbon monoxide in percent from Figures 5.15 (a) and (b), respectively,
Figure 5.16 then shows that the CO/H, product ratio increases with increasing
CH4/CO, feed ratio. It was apparently revealed that the product ratio of CO/H,
exhibits the similar value of CO,/CH4 feed ratio at high temperature (> 1300 K).
Therefore, at this temperature range, the carbon dioxide content in the feed stream
could be known since the desired carbon monoxide concentration was set. From these
results, the synthesis gas, that is gases consisting of hydrogen and carbon monoxide at
CO/H; ratio of 1, could be achieved from the decomposition process fed by CH4/CO,
mixture at CO,/CHy ratio of 1. This product is another alternative source that can be
employed in various well-known industries such as Fischer-Tropsch synthesis of

liquid fuels and methanol production [31, 114].
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Figure 5.16 The CO/H, product ratio obtained from the decomposition process fed by
CH4/CO, mixture with various CO,/CHy ratios.

In order to study the reaction performance, the equilibrium conversion of
methane is firstly exhibited in Figure 5.17. It was clearly seen that 74% methane

conversion can be reached with feeding 50% of carbon dioxide at the temperature of
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400 K. It was probably due to high carbon dioxide content affecting the dry reforming
to shift forward gaining better equilibrium conversion. At CO,/CH, ratios higher than
0.43, the methane conversion was reduced until temperature of 600 K and it was then
increased. The decrease in the methane conversion at low temperature resulted from
carbon monoxide or carbon dioxide methanation, which produced more methane
concentration. At higher temperatures, the enhancement of the equilibrium conversion
of methane was obviously presented, depending on the mainly endothermic reaction

and it finally approached to 100% at ca. 1500 K.
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Figure 5.17 The equilibrium methane conversion obtained from the decomposition

process fed by CH4/CO; mixture with various CO,/CHyj ratios.

According to the hydrogen yield as shown in Figure 5.18, it was found that
even higher methane conversion is achieved with higher carbon dioxide presented at
low temperature (400-600 K), the hydrogen yield as well as the hydrogen purity
(Figure 5.19) are barely different. The apparently difference in hydrogen yield was
observed in the temperature range of 700-1100 K. In this range, hydrogen could be

generated from the source of methane and water as seen the product distribution in



81

Figure 5.14. Less CO,/CH4 ratio exhibited higher hydrogen yield. It could be
indicated that methane was more pronounced than water in order to convert to
hydrogen product. Moreover, the slight difference was introduced with the maximum
value of the difference in hydrogen yield of ca. 7% at 900 K. Without water produced
at high temperature, methane was totally reformed to hydrogen, affecting no
difference in hydrogen yield. As mentioned earlier, only hydrogen and carbon
monoxide as the gaseous product were appeared at high temperature with the CO/H,
product ratio presented in Figure 5.16. Therefore, higher in hydrogen yield at lower
CO,/CHy ratio resulted in higher in hydrogen purity as seen in Figure 5.19. In
addition, the maximum value of hydrogen purity in the case of CO,/CH,4 ratio of 1.00

was limited at ca. 50%.
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Figure 5.18 The percentage of H; yield obtained from the decomposition process fed
by CH4/CO, mixture with various CO,/CHy ratios.
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Figure 5.19 The percentage of H; purity obtained from the decomposition process

fed by CH4/CO;, mixture with various CO,/CHj4 ratios.

At very low CO,/CHy ratio (0.00001), the carbon yield profile (Figure 5.20)
could be represented as that from the decomposition process fed by 100% of methane.
When adding the amount of carbon dioxide, carbon yield increased over the
temperature range of 400-800 K since the presence of carbon dioxide in methane
could generate various products i.e., carbon monoxide, hydrogen, water, and carbon,
causing higher accumulation of carbon formation. At high CO,/CHy ratio (> 0.25),
lower in carbon yielded at low temperature could be explained as mentioned in Figure
5.14. At temperatures higher than 900 K, the opposite trend was observed, that is
higher carbon dioxide concentration affected lower in carbon yield. It was due to dry
reforming mainly occurred at high carbon dioxide content. Considering the carbon
formation, it was mostly generated by methane cracking. In addition, steam or carbon
dioxide gasification of carbon could largely occur at high temperature, resulting in
less carbon remained in the system. From the overall reactions at high temperature,

the dry reforming accompanied with methane cracking was proposed. Higher



83

CO,/CHy ratios influenced higher methane conversion from the dry reforming,

leading to less carbon formation from cracking of the remaining methane.
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Figure 5.20 The percentage of carbon yield obtained from the decomposition process

fed by CH4/CO; mixture with various CO,/CHj4 ratios.

As considered the reaction performance as shown in Figures 5.17-5.20, higher
in CO,/CHy4 ratio at high temperature could give the similar value of the equilibrium
conversion of methane and hydrogen yield approaching 100%, but hydrogen purity

and carbon yield was found to be lower.
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5.2.2 Compatibility of Decomposition System with Fuel Cells

This section focuses on determining ranges of operating condition of
decomposition system which offers gaseous products suitable for different fuel cells
including PEMFC and SOFC. For the case of PEMFC, carbon monoxide
concentration of 10 ppm was allowed [3, 4]. This criteria was set to investigate the
reaction performances as illustrated by the results shown in Figures 5.21 and 5.22.
These figures indicate the reaction performances such as the equilibrium conversion
of methane, hydrogen yield, carbon yield, and hydrogen purity in percent obtained
from the decomposition process fed by biogas with various CO,/CH, ratios under the
restriction of carbon monoxide content in the product stream. It was clearly seen that
the required CO,/CH4 ratio decreases with increasing the operating temperature
(Figure 5.21). This could be explained from the relation as mentioned in the previous
section that carbon monoxide fraction increases with increasing temperature at a
certain CO,/CHy4 ratio, while the decrease in CO,/CHjy ratio results in the reduction in
carbon monoxide content at a certain temperature. Therefore, when the CO,/CHj4 ratio
reduced, it was necessary to raise the operating temperature in order to keep the
constant value of carbon monoxide fraction. The range of possible uses providing
carbon monoxide concentration less than 10 ppm was presented in the region below

the boundary profile as shown in Figure 5.21.

As considered the reaction performances, there were no results presented at
the temperature below 500 K since carbon monoxide content from the process was
less than 10 ppm for all studied CO,/CHy ratios. From Figure 5.22, the methane
conversion and carbon yield at low temperature were high and then swiftly reduced
when the operating temperature was increased. This trend corresponded to the results
from Figures 5.17 and 5.20 at high CO,/CH4 ratio. In addition, the increase in
temperature and the reduction in CO,/CH4 ratio affected higher in reaction
performances until the value approached to 100% as shown in Figures 5.17-5.20.
Moreover, it was found that the equilibrium conversion of methane, hydrogen yield,
and carbon yield are similar at temperature higher than 650 K. This behavior was like

the case of the decomposition process fed by pure methane. Thus, low carbon dioxide
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content in the feed stream at those temperatures with CO,/CHy4 ratio in the order of
0.001 could not influence the reaction performances. At high temperature, the value
of CO,/CH, ratio of 10° was achieved. Like the results in Figure 5.16, it was further
revealed that the carbon dioxide content in the feed stream has to be around 10 ppm in
order to obtain the carbon monoxide concentration of 10 ppm in the product stream.
In conclusion, high reaction performances could be gained from very low CO,/CHy
ratio case. Hence, it was necessary to separate carbon dioxide before feeding to the
decomposition unit when the desired feedstock was biogas with high CO,/CHy ratio
such as 40:60 (0.67).
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Figure 5.21 The boundary profile of the required CO,/CHj4 ratio obtained from the
decomposition process fed by CH4/CO, mixture under the limitation of CO

concentration of 10 ppm.
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Figure 5.22 The boundary profiles of the reaction performances related to the
required CO,/CHy4 ratio obtained from the decomposition process fed by CH4/CO,

mixture under the limitation of CO concentration of 10 ppm.

In Figure 5.23, the decomposition reactor equipped with SOFC was studied.
For this kind of fuel cell, the condition of no carbon formation at the SOFC inlet was
necessary to take into account. According to this requirement, the equilibrium state at
the inlet of SOFC was assumed. Moreover, the equilibrium compositions of product
gases and solid carbon could be estimated by means of Gibbs free energy
minimization method with the studied operating temperature of SOFC (Tsorc) in the
range of 900-1300 K. From Figures 5.23(a)-(e), the carbon formation at the SOFC
inlet was expressed as the function of decomposition temperature and CO,/CH4 ratio
with the operating temperature of SOFC of 900, 1000, 1100, 1200, and 1300 K,

respectively.
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Figure 5.23 Carbon formation generated at the SOFC temperature of (a) 900 K, (b)
1000 K, (c) 1100 K, (d) 1200 K, and (e) 1300 K obtained from the decomposition
process fed by CH4/CO, mixture with various CO,/CHyj ratios.

As seen in this figure, it could be noticed that, at high CO,/CH,4 ratio, no
carbon formation is observed when the operating temperature of SOFC is higher than
the decomposition temperature (7:<Tsorc), whereas carbon is generated in case of the
decomposition temperature higher than the operating temperature of SOFC (7:>Tsorc)
and higher carbon formation is presented as a result of lower operating temperature of
SOFC. Regarding the first case (7;<Tsorc), high water content was generated at low
reaction temperature as shown in Figure 5.15(e). It could help prevent the carbon
formation at the SOFC inlet for high SOFC temperature case. At high decomposition

temperature, the products composing of high concentrations of carbon monoxide and
hydrogen fed to SOFC with lower temperature compared to the decomposition one
(T>Tsorc) might result in the occurrence of carbon via Boudouard reaction and
reverse gasification of carbon to carbon monoxide [reactions (2-15) and (2-16)].

Furthermore, higher in the difference between the operating temperature of

89



90

decomposition unit and SOFC exhibited higher carbon content appeared at the SOFC

inlet.

At low value of CO,/CHy ratio, the opposite trend from high CO,/CHy ratio
case was apparently disclosed. The carbon formation was occurred in case of
T:<Tsorc because high amount of the unconverted methane at low decomposition
temperature fed to SOFC with higher operating temperature reasonably caused the
generation of carbon from methane cracking. More carbon was gained when SOFC
was operated at higher temperature, compared to the decomposition temperature as
displayed in Figures 5.23(a)-(e). This was obviously due to the endothermic reaction
of methane cracking. In case of 7:>Tsorc, there was no carbon formation since
hydrogen with low amounts of by-products (CH4, CO, and CO,) as the product from

the decomposition unit was fed to SOFC.

According to the results from Figure 5.23, it could be concluded the preferable
operating condition of the decomposition process without carbon formation at the
SOFC inlet as summarized in Table 5.2. From this table, the operating temperature of
SOFC was considered in the range of 900-1300 K. However, SOFC is typically
carried out at very high operating temperature of 1200-1300 K. With lower operating
temperature (900-1100 K), it is suitable for intermediate-temperature SOFC (IT-
SOFC) which is a useful application and being the promising topic for current
investigations and developments by several researchers [115, 116]. It was revealed
that broader operating windows for IT-SOFC are achieved compared to SOFC ones.
Regarding the desired operations, the decomposition unit was necessary to operate at
lower temperature compared to the SOFC temperature at high CO,/CHj4 ratio, whereas
the opposite trend was occurred at low CO,/CH4 ratio. However, the different
operating conditions was appeared in case of CO,/CHy ratio of 0.25 since the carbon
could be generated from reaction of methane for 7:<Tsorc case and from reactions of
carbon monoxide for T:>Tsorc case. At this ratio, it was the transition state between
the effect of methane or carbon monoxide on the carbon formation considering at the

SOFC inlet.



Table 5.2 The operating temperature of decomposition unit under the condition of no carbon formation at the SOFC inlet.

Decomposition temperature (K)

Tsorc (K) CO,/CHy ratio (-)
0.00001 0.01 0.05 0.11 0.25 0.43 0.67 1.00

900 900-1600 900-925 800-900 400-900

1000 1000-1600 875-1000 400-1000
850-1100

1100 1100-1600 400-1100
1325-1600
850-1150

1200 1200-1600 400-1200
1200-1600
850-1100

1300 1300-1600 400-1300
1300-1600

16
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The study of reaction performances for the range of operation are shown in
Figures 5.24-5.27. The operating temperature of SOFC was studied in the range of
900-1300 K. From these figures, each line of a certain value of CO,/CH4 ratio
represents the reaction performances for all range of T7sopc. Therefore, the
decomposition and CO,/CHy4 ratio for each Tsorc can be firstly obtained from Table
5.2 and eventually indicated the value of reaction performance (Figures 5.24-5.27).
For the equilibrium conversion of methane and carbon yield (Figures 5.24 and 5.25),
it could be referred to those values from Figures 5.17 and 5.20, respectively. The
maximum value of methane conversion for high CO,/CH4 ratio was limited by Tsorc
(maximum at 1300 K). However, its value could be gained at the decomposition
temperature of 1600 K for low CO,/CHy ratio. In addition, the carbon yield could be
maximized when CO,/CH; ratio was low at high operating temperature of

decomposition unit.
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Figure 5.24 The equilibrium methane conversion obtained from the decomposition
process fed by CH4/CO, mixture with various CO,/CHj4 ratios accompanied with

SOFC (Tsorc = 900-1300 K).
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Figure 5.25 The percentage of carbon yield obtained from the decomposition process
fed by CH4/CO, mixture with various CO,/CH,4 ratios accompanied with SOFC
(Tsorc = 900-1300 K).
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Figure 5.26 The percentage of H, and CO obtained from the decomposition process
fed by CH4/CO; mixture with various CO,/CHy4 ratios accompanied with SOFC
(Tsorc = 900-1300 K).
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Figure 5.27 The CO, reduction obtained from the decomposition process fed by
CH4/CO; mixture with various CO,/CHjy ratios accompanied with SOFC
(Tsorc = 900-1300 K).

Since hydrogen and carbon monoxide could be used as a fuel source for
SOFC, the concentration of both gases was another variable to take into account as
shown in Figure 5.26. It was found that higher amount of fuel source in percent is
achieved at lower CO,/CHy ratio. This was probably due to higher in the generation of
by-products in case of higher CO,/CHj4 ratio. Considering the CO; reduction (Figure
5.27), it could be determined from the amount of CO, reduced, compared to the
amount of CO; at the inlet of decomposition process. It was found that the CO,
reduction increases with decreasing the CO,/CHy ratio. The tendency of these profiles

was related to the results from Figure 5.15(d).

Generally, biogas composes of methane and carbon dioxide with high
CO,/CHj4 ratio such as 40:60 (0.67). Therefore, according to the results from Figures

5.24-5.27, it was necessary to reduce the amount of carbon dioxide until the value of
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CO,/CHy ratio was less than 0.25 when high value of reaction performances was
desired. In other words, it required at least ca. 63% of CO, capture from biogas with

CO,/CHy4 ratio of 40:60 for the decomposition process.

As considered biogas with CO,/CH4 ratio of 40:60 as a primary fuel in this
work, the CO, separation unit before feeding to the decomposition reactor was needed
as shown the system configuration in Figure 5.28. Among several options of CO,
capture unit, MEA absorption is an attractive choice as described in Section 3.5. The
percentage of CO, removal was typically set at 90% [86, 87]. Thus, CO,/CH4 product
ratio obtained from the CO; capture unit was about 0.067. For this ratio indicating in
the range of 0.05-0.11 (Table 5.2), the operating temperature of decomposition reactor

had to be higher than the SOFC temperature.

CO,
—>
CH4/CO, CO, Capture D Products
>
298 K (323K, 01) (T:, O T (K)

Figure 5.28 System configuration of the decomposition process with CO; capture.

However, the product from the CO; capture providing CO,/CH4 ratio of 0.067
fed to the decomposition unit could not be suitable for PEMFC because the carbon
monoxide concentration of 10 ppm could not be achieved. In addition, it could be also
confirmed from the results in Figure 5.22. Hence, from this point, it was focused on

investigation of the system configuration for SOFC application.

Several reaction performances for this case are gathered in Figure 5.29. The
operating temperature of decomposition reactor was displayed in the range of 900-
1600 K, which corresponded to the operation without carbon formation at the SOFC
inlet for the SOFC temperature range of 900-1300 K. It was clearly seen that most

reaction performances reach the maximum value of 100% at high operating
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temperature, except for the carbon yield that was maximized at ca. 88%. According to
these results, it could be not found the optimum value. Therefore, it was further
studied the decomposition process under energy self-sustained condition (Qpet = 0) as
illustrated in Figure 5.30. Regarding these system configurations, total heat of the

system can be determined as follows:

Qnet = Ql + Q2 + Qr + Qc (4'2)

Moreover, the comparison of the reaction performances between the systems
with splitting feed and splitting product was concerned. Splitting feed or product
stream to the burner was designed in order to provide heat for the system. In this case,
the decomposition and CO, capture units certainly required heat to operate this

process as a result of mainly endothermic reactions occurred in both units.
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Figure 5.29 The reaction performances obtained from the decomposition process with
CO; capture fed by CH4/CO; mixture accompanied with SOFC (CH4/CO; ratio of
40:60 and Tsorc = 900-1300 K).
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Figure 5.30 The system configurations under energy self-sustained operation obtained from the decomposition process with CO; capture
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The heat requirement of CO, removal (Q;) was referred to the calculation as
expressed in Section 3.5. Pointing out the decomposition process under thermally
self-sustained condition, it was obviously presented that fq and gy decrease with
increasing the operating temperature (Figure 5.31) due to the endothermic system. In
addition, fy4 exhibited higher than g4 because heat combustion of methane-containing

primary fuel was higher than that of hydrogen-containing product.

0.8 §
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Figure 5.31 The feed fraction or gas product fraction under energy self-sustained
operation obtained from the decomposition process with CO, capture fed by CH4/CO,
mixture with CH4/CO; ratio of 40:60 accompanied with SOFC for Tsopc = 900-1300
K (solid line — case of splitting primary fuel, dashed line — case of splitting gas

product stream).

As shown in Figure 5.32, it represents the reaction performances of the system
with splitting feed or splitting product gas stream. For overall range of Tsorc (900-
1300 K), insignificant difference in reaction performances was observed. This was
because heat generation at the SOFC inlet (Q3) was a small portion of the overall heat

of the system, resulting in no effect to the reaction performances. From this figure, it
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was found that hydrogen and carbon monoxide concentration is similar for both cases
while CO, reduction is insignificantly different. These reaction performances still
approached to 100% at high operating temperature. Considering another reaction
performance, higher hydrogen yield in case of splitting primary fuel was gained,
compared to that in case of splitting gas product stream. The maximum hydrogen
yield of 70.7% was obtained at temperature of 1275 K. For the carbon yield profiles,
the system with splitting gas product gave higher value than that with splitting feed,
providing the maximum value of 87.3% at 1600 K. Referred to the hydrogen yield
and carbon yield profiles in Figure 5.29, the appearance of a peak was observed in
Figure 5.32 and their values tended to decrease at higher temperatures since the feed
fraction to reactor and gas product fraction reduced along with the increased operating

temperature.
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Figure 5.32 The reaction performances under energy self-sustained operation
obtained from the decomposition process with CO; capture fed by CH4/CO, mixture
with CH4/CO; ratio of 40:60 accompanied with SOFC for Tsorc = 900-1300 K (solid

line — case of splitting primary fuel, dashed line — case of splitting gas product

stream).
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Regarding the reaction performance in term of the amount of fuel for SOFC
(H, and CO) as shown in Figure 5.33, the optimum operation was carried out at 1275
K for the system with splitting primary fuel. Higher difference between the system
with splitting feed and product at higher temperature since the tendency of the

reduction in feed fraction and gas product fraction was observed (Figure 5.31).
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Figure 5.33 The H; and CO production and CO; emission from the burner under
energy self-sustained operation obtained from the decomposition process with CO,
capture fed by CH4/CO, mixture with CH4/CO, ratio of 40:60 accompanied with
SOFC for Tsorc = 900-1300 K (solid line — case of splitting primary fuel, dashed line

— case of splitting gas product stream).

Under the criteria of hydrogen and carbon monoxide production and hydrogen
yield, the maximum value could be achieved from the system with splitting feed at the
operating temperature of 1275 K (Figure 5.33), exhibiting hydrogen yield of 70.7%
and carbon yield of 61.9%. At this operation, it was suitable for processing with

SOFC at the SOFC temperature range of 900-1200 K.
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In order to take into account the environmental concern in term of CO;
emission, the system in case of splitting feed gave higher CO, emission from the
burner, compared to splitting gas product stream case (Figure 5.33). For this reaction
performance, the amount of CO, exhaust from the process was not necessary to
include in CO; emission term due to very low quantity of CO, presented in the
product stream compared to the CO, emission from the burner. The system with
splitting product gas stream provided the lowest CO; emission from the burner at the
temperature of 1300 K. At the minimum CO, emission, the hydrogen yield of 46.8%
and carbon yield of 86.5% was obtained. In addition, the SOFC could be operated for
all studied temperature range (900-1300 K). Thus, this operation could give high
carbon capture in term of carbon yield with low level of CO, emission, but the

hydrogen and carbon monoxide production was low.

In this work, CO, capture was considered to reduce the carbon dioxide content
before processing to the decomposition reactor. It could obviously affect the reaction
performances. However, in case of separating carbon dioxide after the decomposition
unit (data not shown), it was found that insignificant effect is observed in terms of the
reaction performances and the range of operations, but it is useful in a part of the
reduction in CO, emission. Therefore, the post-combustion capture for removing

carbon dioxide after the SOFC application was not examined.

Therefore, for the aim of high production of fuel for SOFC, the system with
splitting primary fuel at the decomposition temperature of 1275 K and the SOFC
temperature of 900-1200 K was selected, while the appropriate system in term of
environmental concern as totally carbon capture was the system with splitting gas
product at the decomposition temperature of 1300 K and the SOFC temperature of
900-1300 K. Nevertheless, it was disclosed that even at low operating temperature of
SOFC for IT-SOFC, the process provides no difference in reaction performances
compared to high SOFC temperature. Moreover, IT-SOFC has been more interesting
application than SOFC based on the economic factor. Hence, the decomposition

process had an ability to operate with IT-SOFC.
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Several hydrogen production methods from biogas for fuel cell application
have been proposed and researched as reported previously [49]. The steam reforming,
partial oxidation reforming, autothermal reforming, dry reforming, and dry oxidation
reforming can be processed by biogas. It was reported that biogas reforming is not
suitable for PEMFC as presented the similar result in this work. However, the range

of possible uses for SOFC application was determined in this research.

In conclusion, this work can provide a guideline for choosing the appropriate
operations for the decomposition process. However, the decision for selecting the
proper system for hydrogen production from the decomposition process needed more
gathered information such as more realistic process by applying the kinetic model into
the decomposition unit, consideration of the reaction performances and efficiency

from the fuel cell application, and the economic analysis.



CHAPTER VI
CONCLUSIONS AND RECOMMENDATIONS

6.1 Conclusions

In this work, the study of hydrogen production for different fuel cells was
investigated. It could be concluded into two sections i.e. comparative study of
reaction performances between decomposition and steam reforming processes, and
investigation of decomposition process fed by biogas. In addition, it can be proposed

as the following summarization below.

6.1.1 Comparative Study of Reaction Performances between

Decomposition and Steam Reforming Processes

The thermodynamic analyses of hydrogen production by the decomposition
and the steam reforming under energy self-sustained condition were investigated.
Several primary fuels such as light hydrocarbons (methane, ethane, and propane) and
alcohols (methanol, ethanol, and glycerol) were considered. This section can be

summarized as follows:

o The optimum value of hydrogen production for the steam reforming processes
was obtained as a result of the occurrence of reverse water gas shift reaction at
high temperature.

o The optimum value of hydrogen production for the decomposition processes
was gained due to the reduction in feed fraction and gas product fraction.

o The process with splitting primary fuel gave higher hydrogen production than
that with splitting gas product stream.

o Higher in carbon yield but lower in CO, emission from the burner were

achieved in case of splitting product, compared to splitting feed case.
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Most of the steam reforming processes gave high hydrogen production;
however, SR-CsHg with splitting feed at 1050 K provided the highest
hydrogen production.

D-light hydrocarbons exhibited the highest carbon yield at high temperature.
Among D-alcohols, the highest carbon yield was obtained from D-C,HsOH at
high temperature.

No carbon formation was observed at high temperature for the steam

reforming processes.

Aim for PEMFC:

The suitable process was D-light hydrocarbon.
D-alcohols and SR-all primary fuels could not employ with this fuel cell since
high reaction performance could be obtained from the process with CO

concentration higher than 10 ppm.

Under the criteria of the highest hydrogen production:

o

D-C;Hg with splitting feed operated at 1275 K was selected.

Under the criteria of environmental concern (carbon capture and CO, emission):

(@)

D-CHy4 with splitting product at 1100 K was preferred.

Aim for SOFC:

o

The products from D-light hydrocarbons and D-alcohols could be supplied to
this fuel cell.

The steam reforming processes could also equipped with this fuel cell.
However, less hydrogen and carbon monoxide concentrations were achieved

might lead to producing lower power density from SOFC.

Under the criteria of the highest hydrogen production:

O

D-C;Hg with splitting feed operated at 1275 K was selected.

Under the criteria of environmental concern (carbon capture and CO, emission):

o

o

D-CH4 with splitting product at 1100 K was preferred.

D-C,HsOH with splitting product at 1175 K providing high H,/CO product
ratio and carbon yield could be used. However, D-CH3;0H and D-C;HgO; at
1225 K giving lower H,/CO ratio could be also used.
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6.1.2 Investigation of Decomposition Process Fed by Biogas

From this section, it focuses on the decomposition process fed by biogas.

Therefore, the conclusion can be drawn as listed below.

o Methane in methane-containing gas mixture such as CH4/N, mixture could
improve the equilibrium conversion of methane by reducing the methane
content in feed stream.

o The CO/H; product ratio could be estimated from the CO,/CHj, feed ratio.

o At low temperature, the equilibrium methane conversion and carbon yield
increased with increasing CO,/CHy ratio, while the former showed slightly
different but the latter exhibited the opposite trend at high temperature.

Aim for PEMFC:

o It needed to separate CO, before supplying to the decomposition unit in order

to gain CO concentration below 10 ppm with high reaction performances.
Aim for SOFC:
o The operating temperature of SOFC (Tsorc) was considered in the range of

900-1300 K

Under the criteria of no carbon formation at the SOFC inlet:

(@)

At high CO,/CHy ratio (0.67-1.00), the decomposition unit could be operated
in case of T; < Tsorc.

At low CO,/CHy4 ratio (0.00001-0.11), the decomposition unit could be
operated in case of 7} > Tsoc.

At the CO,/CHy4 ratio of 0.25 acting as a transition state, it could be carried out
in both ranges

Since the reaction performances were limited at Tsorc, it was necessary to
separate CO, before feeding to the decomposition reactor until the CO,/CHy

ratio less than 0.25.
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For the decomposition process fed by biogas with CO,; capture:
o The reaction performances were maximized at 1600 K. There was no optimum
point for this case.
Under the energy self-sustained operation:
o The insignificant difference in reaction performances was observed for 7Tsorc

in the range of 900-1300 K.

Aim for PEMFC:

o It could not be compatible with this fuel cell.

Aim for SOFC:

Under the criteria of the highest hydrogen and carbon monoxide production:

o The process with splitting feed at 1275 K could be operated with SOFC in the
SOFC temperature range of 900-1200 K.

Under the criteria of environmental concern (carbon capture and CO, emission):

o The process with splitting product at 1300 K could be operated with SOFC in
the SOFC temperature range of 900-1300 K

For this case, IT-SOFC was preferred to operate with the decomposition process.

6.2 Recommendations for Future Works

In order to achieve more reasonable selection of an appropriate process for

different fuel cells, the following future works are suggested.

o In this work, thermodynamic analysis of hydrogen production was
investigated without considering the catalyst used, the selective reactions
occurred for each kind of catalyst, the reaction rate of the related reactions in
the system, and other forms of carbon production such as carbon nanofiber
and carbon nanotube. Therefore, this information was necessary to take into
account in the calculation in order to precisely validate with the available

experiment results.
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For example, the simulation results obtained from hydrogen production
via the decomposition of biogas with CO,/CH4 ratio of 1 at atmospheric
pressure were validated with the experiment results from Khalesi et al. [117]
and Jablonski et al. [118] in term of methane conversion with
Sroslag,Nig3Alp7026 and Pt/Na(0.3 wt.%)-Al,O3; as the catalyst used,

respectively. In addition, this comparison is presented in Figure 6.1.
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Figure 6.1 The simulation results (line) and experiment results of Khalesi et al. [117]
(black circle) and Jablonski et al. [118] (white circle) obtained from the
decomposition process fed by CH4/CO, mixture with CO,/CH4 ratio of 1 at

atmospheric pressure.

Even methane conversion increased with increasing the operating
temperature for all systems in Figure 6.1, the different catalysts could provide
the difference in methane conversion. It was revealed that the equilibrium
conversion values from the simulation results are close to the published
experimental results from Khalesi et al. [117]. However, at the reaction

temperature higher than 923 K, the methane conversion from the experimental
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results exhibited higher value, compared to the equilibrium conversion. It was
presumably due to the effect of coke formation at high temperature. Moreover,
graphitic carbon was assumed in the simulation without considering the
deactivation rate of catalyst, while the different carbon forms could be

generated in the experiment.

Hence, in order to validate with the experimental results from the
different catalysts used, it was necessary to apply the kinetic model. However,
the reaction rates should be obtained from the selected catalyst. In addition,

the properties of other carbon forms including the deactivation rate of catalyst

should be addressed.

In case of liquid alcohol fed to the decomposition reactor, it was considered as
it was entirely vaporized and then fed to the system. However, the carrier gas
such as nitrogen might be required in the practical process. Therefore, the
primary fuel mixed with inert gas should be additionally employed and further

compared the reaction performances.

In this work, only hydrogen production was studied. For comparing the
obtained electricity between the decomposition process equipped with fuel cell
and the conventional process, it was necessary to apply the fuel cell operation
in the calculation. Moreover, the characteristics of and the reaction taken place
in the fuel cell should be included in order to determine the overall reaction

performances and the overall efficiency.

In case of carbon-containing gas mixture for SOFC, the carbon formation
should be corrected by considering the related reactions inside the SOFC for

achieving the proper range of possible uses.

More CO, capture methods such as adsorption by calcium looping cycle,

pressure swing adsorption, and membrane separation with various CO; capture
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efficiency should be considered in order to compare the reaction performances

among all processes.

o Wider range of CO,/CHy4 ratio should be studied for the process with CO,

capture under energy self-sustained operation.

o The economic analysis should be applied.
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APPENDIX A
THERMODYNAMIC DATA OF SELECTED
COMPONENT

In order to determine heat of reaction or heat of the system, the
thermodynamic data from Aspen Plus such as heat of formation of various
components at the studied operating temperature are applied as listed in the following

table.

Table A.1 Heat of formation (H(f)) of selected component at 1 bar for the temperature
in the range of 400-1600 K.

Temperature Heat of formation (kJ mol™)

(K) CHy(g) COy) COxe) HO( Hag)
298 -74.5 -110.5 -393.6 -241.9 0

400 -70.7 -107.6 -389.5 -238.4 3.0
500 -66.3 -104.6 -385.2 -234.9 5.9
600 -61.3 -101.6 -380.6 -231.3 8.8
700 -55.8 -98.5 -375.7 -227.6 11.8
800 -49.7 -95.4 -370.7 -223.8 14.7
900 -43.1 -92.1 -365.5 -219.9 17.7
1000 -36.1 -88.8 -360.2 -215.8 20.7
1100 -28.6 -85.5 -354.7 -211.6 23.7
1200 -20.7 -82.1 -349.1 -207.3 26.8
1300 -12.5 -78.7 -343.4 -202.9 29.9
1400 -4.0 -75.2 -337.6 -198.3 33.1
1500 4.8 -71.7 -331.8 -193.7 36.3

1600 13.8 -68.1 -325.9 -188.9 39.5
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APPENDIX B
CALCULATION OF FEED FRACTION AND GAS
PRODUCT FRACTION

Referred to the system presented in Figure 5.4, feed fraction to reactor (f4) and
gas product fraction (gq) were needed to determine in case of the system operated
under energy self-sustained condition. For this operation, net heat of the system (Opet)

are shown in the equation below.

Qnet = Qr + Qc = 0 (B'l)

faOro + AH (1-13) =0 and  O:o+ AH(1-gq) =0 (B-2)
AH 0,0+ AH.

Thus, fa = 0 AlHl and g4 = ’OATZZ (B-3)

where O is heat of reaction at the decomposition unit in case of the system without
splitting feed or gas product stream
AH, is heat generation at the burner, considering each mole of gas at the burner
inlet equal to that from the inlet of decomposition process
AH, is heat generation at the burner, considering each mole of gas at the burner

inlet equal to that from the outlet of decomposition unit

Like the calculation above, the decomposition process with CO, capture under
energy self-sustained operation as shown the system configurations in Figure 5.30

could be determined by the similar way as follows:

Il
e

Qnet = Ql + Q2 + Qr + Qc (B'4)

O + AH5(fa) + faOro + AHy(1-f)) = 0 (B-5)
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Q) T AHy)

Ja = S AT ATL (B-6)

Qr,O +AH3 - AHy

where Q; is heat consumption by CO; capture as expressed in Section 3.5
AHj; is heat generation/consumption at the SOFC inlet, considering each mole
of gas at the SOFC inlet equal to that from the outlet of decomposition
unit in case of without splitting feed
AH, 1s heat generation at the burner, considering each mole of gas at the burner

inlet equal to that from the outlet of CO, capture unit

In case of gas product fraction, equation (B-4) could be expressed as the

following equation.

O1 + AHs(gq) + Oro + AHe(1-gq) =0 (B-7)
_ Q1 + Qr,0+ AH6
g = T (B-8)

where AHs is heat generation/consumption at the SOFC inlet, considering each mole
of gas at the SOFC inlet equal to that from the outlet of decomposition

unit in case of without splitting product
AHg 1s heat generation at the burner, considering each mole of gas at the burner

inlet equal to that from the outlet of decomposition unit
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